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Abstract 

The vast reserves of Victorian brown coal (VBC), over 400 years at the current rate of 

consumption, is predominantly used for power generation with over 80% of Victoria’s 

electricity generated from the combustion of this fuel. This results in the emission of vast 

amounts of greenhouse gases such as CO2. Hence, it is important to investigate carbon 

dioxide capture and storage technologies for use in power stations employing fossil fuels.   

Chemical Looping Combustion (CLC) is an emerging CO2 capture technology which is 

capable of inherently capturing CO2. In CLC, the Oxygen Carrier (OC) provides the oxygen 

for the combustion of the fuel hence eliminating dilution with N2 from air. Once the oxygen 

in the OC is depleted, it is regenerated through oxidation in air and is then sent back to react 

with another batch of fuel. The vast majority of research in the field of CLC has been 

focussed on gaseous fuels such as natural gas and syngas due to the simplicity of such a 

process. In recent times, there has been a shift towards the use of solid fuels due to their 

abundance, widespread availability and lower cost. As such, there are a number of gaps in the 

field of CLC employing solid fuels; additionally, the only information relating to CLC of 

VBC is limited to experiments using small scale laboratory equipment. This thesis serves to 

fill some of the gaps in the field of VBC-fuelled CLC.  

The first study investigated the effect of inherent coal minerals on the performance of a CLC 

system; a high ash Canadian lignite was also used as part of this comparative study. The 

results highlighted that the low ash VBC was more suitable for use as a fuel in CLC as it was 

highly reactive and its low ash content led to a smaller amount of ash deposition on the OC.  

The second study involved using synchrotron radiation to perform in-situ X-ray Diffraction 

studies of a VBC-fuelled CLC process to understand both the changes that the OC undergoes 

as part of the redox reaction as well as carbon deposition on the OC. The results showed that 

the reduction of Fe2O3 beyond Fe3O4 was not favourable over long periods of time when 

using CO2 as the gasification agent as it led to carbon deposition on the OC.  

The third study is a first-of-its-kind investigation, where the reduction kinetics of an Fe-based 

OC was determined in the presence of a char derived from VBC. The Shrinking Core Model 

(SCM) and the Modified Volume Reaction Model (MVRM) were used to model the 

reduction of the OC. The results showed that both models were capable of predicting the 

reduction of Fe2O3 in the presence of a solid fuel. The calculations also verified that the rate 

limiting step in CLC was that of char gasification.  
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The fourth study investigated the effect of the reactor configuration on the performance of the 

CLC system as such a comparison has never been attempted. A fluidized bed reactor, an 

atmospheric fixed bed reactor and a pressurized fixed bed reactor operated at 5 bar were used. 

The amount of the fuel and the OC together with the flow rates of the gases were kept 

constant so that the results from the different setups could be compared accurately. It was 

found that using the fluidized bed reactor allowed for the fastest gasification of the fuel due to 

better contact between the gasification agent and fuel. Although the CO2 yield and carbon 

conversion in the fluidized bed reactor was lower compared to the other two fixed bed 

reactors, it is expected that the use of a circulating fluidized bed (CFB) reactor with cyclones, 

a carbon stripper and a taller expanded freeboard would improve these two parameters.  

The fifth study involved fabricating and trialling 18 synthetic OCs in which NiO, CuO and 

Mn2O3 were supported on Fe2O3. This was done as most studies in literature utilize an inert 

support that is not able to take part in the redox reaction; as such a greater quantity of the OC 

is needed to provide the necessary oxygen. The results highlight that impregnated OCs were 

more reactive relative to their physically mixed counterparts. The use of high levels of CuO 

should be avoided as it led to the defluidization of the bed. Although NiO performed well, it 

may not be suitable for use due to its toxicity. Taking numerous considerations into account, 

the use of Mn2O3 was recommended as it led to a synergistic effect with Fe2O3.  

The sixth and final study of this thesis utilized a 10 kWth alternating fluidized bed reactor to 

trial the performance of VBC in a large scale reactor. A number of studies on the effects of 

temperature, fuel type, OC particle size range and long term operation on the performance of 

the CLC system were done. The NOx emissions were quantified and a carbon balance was 

also performed. The NOx emissions were found to average around 25 ppm over the course of 

the reduction reaction. Based on the carbon balance, 6.8% of the introduced carbon was 

unaccounted for due to the low capture efficiency of the cyclones. The optimum parameters 

were found to be 900°C for the temperature, 150-350 µm for the OC particle size range and 

VBC for the fuel. The average carbon conversion and CO2 yield over 35 reduction reactions 

was found to be 86% and 81% respectively for the conditions optimized for this reactor setup.  

These studies show that the use of Fe-based OCs is highly promising with VBC. The main 

recommendation from this thesis is the use of VBC in a CFB reactor as this is expected to 

significantly improve the carbon conversion and CO2 yield.  
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Chapter 1 Introduction 

Climate change is a real global problem and is caused by a multitude of factors, one of which 

is greenhouse gas emissions from the combustion of fossil fuels. As such, solutions are 

needed to prevent catastrophic and irreversible changes to the environment. Since CO2 

represents the largest anthropogenic greenhouse gas emissions and that the largest point-

source of CO2 emissions is the combustion of fossil fuels, these emissions have to be 

curtailed. While the obvious solution is to phase-out the use of carbon intensive fossil fuels, 

this will not be possible in the near future as alternative power generation technologies have 

not matured and are still very costly. Additionally, power generation from options such as 

wind, solar, nuclear and renewables are promising but complete reliance on these for power 

generation will not be a reality for the coming decades. Also, fossil fuels are comparatively 

cheaper and relatively abundant across the globe. Therefore, if fossil fuels are to be used for 

power generation, ways to capture the generated CO2 and store it away from the atmosphere 

is necessary.  

This chapter will provide an introduction to carbon dioxide capture and storage followed 

by potential solutions, including Chemical Looping Combustion, as well as an introduction 

to the fuel of interest, Victorian brown coal.  

1.1 Carbon Dioxide Capture and Storage  

The concept of carbon dioxide capture and storage involves separating CO2 and storing it in 

reservoirs away from the atmosphere. This is a promising concept to prevent the release of 

excessive anthropogenic CO2 into the atmosphere, which would then inhibit its contribution 

to the greenhouse effect. Ideally, this allows fossil fuels to be used without adversely 

affecting the climate. The steps which are involved include sequestration, transportation and 

storage of CO2. This is currently being trialled in various parts of the world due to its efficacy 

in reducing the impact on climate change while decelerating the increase in atmospheric CO2.  

1.1.1 CO2 Capture 

The primary aim of CO2 capture is to obtain high purity CO2 so that additional separation 

steps further downstream are not necessary before transportation and storage. Three main 

routes have been proposed to capture the generated CO2 from power stations utilizing fossil 

fuels and this can be found in Figure 1-1. The three categories are post-combustion capture, 

pre-combustion capture and oxyfuel combustion. These are described below: 
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Post-combustion: 

The generated CO2 is separated from the flue gas and captured after the combustion process. 

Post-combustion capture systems can be retrofitted to currently available power stations 

without requiring much alteration to the design. Examples of this technology include 

absorption, adsorption and membranes.   

Pre-combustion:  

The carbon that is present in the fuel is separated prior to combustion. This is done either via 

steam reforming or partial oxidation of the fuel to generate syngas containing CO and H2. 

The water-gas shift reaction is then employed to convert the CO to CO2 while reducing the 

steam to H2. Once the CO2 has been separated, the H2 can then be used as a carbon-free fuel. 

Oxyfuel combustion:  

In this process, oxygen is mixed with steam and CO2 instead of air. This gas mixture is then 

introduced into the reactor to combust the fuel. In this method, N2 is not present at the inlet 

and is thus absent in the flue gas. Hence, the gas at the outlet consists mostly of CO2 and 

steam, of which the latter can be condensed out. The oxygen is typically obtained using a 

cryogenic Air Separation Unit (ASU), which is a costly operation.  

Coal
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CO2 Compression
 & Storage
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Pre-combustion

Oxyfuel

 

Figure 1-1 Possible routes for CO2 capture  

1.1.2 Cost of Carbon Dioxide Capture and Storage 

It is estimated that the cost of capture would be the largest contributor to the overall cost of 

carbon dioxide capture and storage. While the pathways mentioned above provide the means 

for capturing the generated CO2, they incur a significant cost and energy penalty. 
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Additionally, most of the technologies are not entirely suitable for retrofitting to existing 

power stations. The implementation of these current technologies would result in an 

efficiency penalty of around 5-16% for a pulverized coal fired power station [1], depending 

on the type of system employed and this is not favourable from an economic standpoint. 

Additionally, the estimated cost of CO2 capture is around $30-90 per tonne [2]. The 

Intergovernmental Panel on Climate Change (IPCC) has estimated that this would increase 

the cost of electricity generation by around 43-91% relative to a pulverized coal fired power 

station without CO2 capture [2]. Comparatively, the cost of transportation would be around 

$11 per tonne [3], while the cost for geological storage is expected to be in the range of $0.6-

8.3 per tonne of CO2 stored [2]. What this shows is that the capture of CO2 is the most costly 

process and alternatives are required to significantly reduce this value to make carbon dioxide 

capture and storage more economically viable. 

Therefore, to make carbon dioxide capture and storage more appealing, technologies that can 

significantly reduce the cost of CO2 capture are needed. It is worthwhile mentioning that 

adsorption technologies would probably only be capable of capturing around 90% of the 

generated CO2. While oxyfuel combustion can theoretically yield nearly 100% CO2 capture, 

it requires pure O2, the separation of which from air is a costly and energy intensive process. 

Hence, in addition to being cost effective, carbon dioxide capture and storage technologies 

should also be capable of obtaining near complete CO2 capture to make the subsequent 

downstream processing easier and cheaper. Such a requirement can be met by expanding on 

the oxyfuel combustion system wherein no N2 is introduced into the reactor, making the CO2 

capture step inherent to the system. A new technology has been envisioned that satisfies both 

the aforementioned criteria and is called Chemical Looping Combustion (CLC), which this 

thesis is based upon.  

1.2 Basics of Chemical Looping Combustion (CLC) 

CLC is an alternative CO2 capture technology with N2 not being present in the reactor 

containing the fuel to allow for inherent CO2 capture. This is achieved using an Oxygen 

Carrier (OC) to provide the required oxygen for the combustion of the fuel. Circulating 

fluidized bed (CFB) reactors are typically employed to facilitate this and a schematic can be 

found in Figure 1-2 below. The OC is typically a transition element-based metal oxide. The 

basic principle is that the OC provides the oxygen to combust the fuel in the Fuel Reactor 

(FR). The outlet gas consists primarily of CO2 and H2O, without N2 present. Hence, inherent 
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CO2 separation is achieved upon condensation of the steam, yielding an almost pure stream 

of CO2. Depending on the type of the coal, S- or N- containing gases may also be emitted 

together with CO and H2 from incomplete combustion of the fuel. Once the oxygen in the OC 

is depleted, it then enters the Air Reactor (AR) to be oxidized. The flue gas from the AR 

consists of oxygen depleted air which can be safely vented. The oxidized OC is then 

reintroduced into the FR to combust more fuel. The path of travel of the OC between the two 

reactors forms a loop, hence the term CLC. Since the OC is alternatively reduced in the FR 

and oxidized in the AR, the cyclic behaviour is termed reduction-oxidation or redox for short.  

MxOy

MxOy-1

Air 
Reactor

Fuel 
Reactor

Air Fuel

N2 + trace O2 CO2 + H2O

Gasification Agent 
(CO2/H2O)

 

Figure 1-2 Schematic representation of the CLC system 

The following equations represent the reactions which occur in the FR and AR respectively 

whereby MexOy signifies the OC in its oxidized state while the OC in its reduced state is 

denoted by MexOy-1 and CnH2m represents the carbonaceous fuel.  

(2𝑛 + 𝑚)𝑀𝑒𝑥𝑂𝑦 + 𝐶𝑛𝐻2𝑚  → (2𝑛 + 𝑚)𝑀𝑒𝑥𝑂𝑦−1 + 𝑛𝐶𝑂2 + 𝑚𝐻2𝑂   1.1 

𝑀𝑒𝑥𝑂𝑦−1 +  1

2
𝑂2  →  𝑀𝑒𝑥𝑂𝑦     1.2 
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Combining these two equations yields the following: 

𝐶𝑛𝐻2𝑚 + (𝑛 +  1

2
𝑚)𝑂2  → 𝑛𝐶𝑂2 + 𝑚𝐻2𝑂    1.3 

The above equation is actually the fuel combustion equation. What this tells us is that the 

amount of energy evolved using the CLC process is exactly the same as that in conventional 

combustion.  

1.2.1 Background 

The concept behind CLC was first presented by Lewis and Gilliland in 1954 as a method for 

producing CO2 [4]. Four decades later, in 1994, this concept was expanded upon by Ishida et 

al. [5] as a means for capturing CO2 while incurring a lower exergy loss and they coined the 

term CLC. After that, Lyngfelt et al. [6] proposed a design for gas-fuelled CLC based on the 

CFB technology. This system was chosen to enable the circulation of the OC between the two 

reactors and is shown in Figure 1-3 below. The OC would transfer the oxygen from air to the 

fuel for combustion. Once the oxygen in the OC has been depleted, it would then be sent to 

the AR where it would be regenerated by the oxygen present in air. This OC would then be 

transported back to the FR to begin the next combustion reaction. The configuration for the 

AR necessitated it to act as a riser to provide the driving force for circulation, which is why a 

high velocity fluidized bed was chosen. The FR was designed to be a bubbling fluidized bed 

to provide sufficient residence time for the fuel in the reactor so that it has sufficient time to 

react with the OC particles. 

 

Figure 1-3 CLC process as envisioned by Lyngfelt et al. [6] 
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1.2.2 Types of CLC  

Since different types of fuels are used for power generation, a few variants of CLC have been 

proposed that are specific to the desired outcome and fuel used. The most widely researched 

form of CLC is for gaseous fuels as it is the simplest to operate; this is basically what 

Lyngfelt et al. [6] proposed. This has been expanded in recent times to include solid fuels and 

two forms have been proposed. The first is called syngas-fuelled CLC (Syngas-CLC) and 

involves the fuel first being gasified to generate syngas. This is done using oxygen to provide 

the necessary energy for the endothermic reaction as well as to ensure that nitrogen is not 

present to dilute the CO2 stream. Such a configuration would require the use of an ASU, 

similar to that in oxyfuel combustion and is unfavourable due to the incurred cost and energy 

penalties. Therefore, the direct use of solid fuels in the FR was proposed and this variant is 

termed in-situ gasification CLC (iG-CLC). Such a configuration would be able to function 

without the requiring pure oxygen, which is beneficial. Additionally, since solid fuels such as 

coal and petroleum coke are much cheaper and more abundant than gaseous fuels, there is a 

strong incentive to use solid fuels in CLC. In an iG-CLC system, the solid fuel is introduced 

into the FR, which is fluidized by gases such as CO2 and H2O. These two gases also act as 

gasification agents and convert the solid fuel into gaseous constituents within the FR. These 

combustible gases then go on to react with the OC, similar to the aforementioned CLC 

systems. The next system is called Chemical Looping with Oxygen Uncoupling (CLOU) and 

this operates in a different process, using OCs having select characteristics. OCs for CLOU 

must be able to release oxygen in an oxygen-deficient environment such as that in the FR. 

The released oxygen reacts with the solid fuel to combust it without necessitating it being 

first gasified. The differences between the three systems are shown in Figure 1-4. In 

principle, CLC is a highly efficient technology that does not incur significant costs relative to 

other CO2 capture technologies such as absorption. The issue with CLC is that it has a lower 

technological maturity compared to other carbon dioxide capture and storage options, which 

results in a lower confidence level in the technology. Therefore, more research has to be 

undertaken to study this technology in greater detail to assess its viability. 
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Figure 1-4 Main processes in the FR for the three different options proposed for solid fuel 

combustion in CLC [7] 

1.3 Fuel 

The available fuel types vary from country to country depending on natural reserves. Some 

countries have large reserves of coal while others have access to great amounts of natural gas. 

Figure 1-5 shows the types of fuel used for electricity generation around the globe in 2012. It 

can be seen that fossil fuels account for 68% of the generated electricity with the balance 

being made up of nuclear, hydro as well as ‘Other’. The ‘Other’ category includes electricity 

generated using geothermal, solar, wind and heat energy. Of the fossil fuels that were used, 

around 60% was coal/peat. The reason for this is that coal and peat are more abundant, 

widespread and cheaper compared to the other options.  

 

Figure 1-5 2012 Electricity generation by fuel [8]; ‘Other’ includes geothermal, solar, wind 

and heat 
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1.3.1 Victorian Brown Coal (VBC) 

Victorian brown coal is a type of young coal with large reserves in Australia. The 

characteristics of brown coals are between that of peat and sub-bituminous coal. Brown coals 

generally have a higher moisture content, volatile matter and reactivity relative to other coals. 

At the current rate of consumption, it is expected that the brown coal reserves in Victoria 

would last for over four centuries [9]. The main source of energy in Victoria is derived from 

the combustion of brown coal and it is expected that this will continue to serve as a cheap 

source of fuel for the foreseeable future. While around 40% of global electricity is generated 

from coal, this figure is around 85-90% in Victoria due to the low cost and availability of 

VBC. Presently, VBC is used in conventional pulverized coal-fired power stations, which 

generate vast amounts of CO2.  

VBCs differ in composition depending on the location of the mine, as shown in Table 1-1. 

The moisture content on an as received basis is between 60-65%. On a dry basis, VBCs 

contain approximately 50% volatile matter and have an ash content of about 2% [10]. Since 

VBC has undergone a low degree of coalification, it contains low amounts of carbon (~65%) 

and high levels of oxygen (~20%). These coals typically have low amounts of nitrogen and 

sulphur present as well. The main difference between these brown coals lies in their ash 

composition. Typically, ash of Yallourn coal has high amounts of iron, while ash of Morwell 

coal has high levels of calcium and the ash of Loy Yang coal is rich in silicon and aluminium.  

Various carbon dioxide capture and storage technologies are presently being researched to 

capture the CO2 from the combustion of VBC at a reasonable cost due to the harmful 

environmental effects that greenhouse gases pose to the environment. Very little work has 

been done to date with respect to understanding the use of VBC in the CLC process. Thus, 

the applicability of the CLC process to VBC needs to be investigated further. 
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Table 1-1 Composition of three major VBCs 

Components Yallourn Morwell Loy Yang 

HHV, MJ/kg 24.5 – 26.1 24.8 – 25.4 25.7 – 26.4 

Moisture, % ar ~65 ~60 ~60 

Proximate Analysis (% db) 

Ash 1.9 - 2.4 1.7 – 3.0 1.1 –  2.8 

Volatile Matter 48.0 – 50.5 48.3 – 51.4 49.0 – 50.6 

Fixed Carbon 47.0 – 49.1 46.9 – 49.2 47.9 – 49.5 

Ultimate Analysis (% db, ash free) 

C  64.9 - 66.6 64.9 – 69.3 66.1 – 69.6 

H 4.0 - 4.6 4.4 – 5.1 4.6 – 5.2 

N 0.4 - 0.5 0.4 – 0.6 0.6 – 0.7 

S 0.2 – 0.3 0.2 – 0.4 0.3 – 0.4 

O ~22.5 ~22.2 ~22.7 

Na ~0.1 ~0.1 0.1 – 0.2 

Cl ~0.1 ~0.1 ~0.1 

Ash Composition (%) 

SiO2 5.3 – 15.0 2.28 – 12.8 4.8 –  41.6 

Al2O3 3.0 – 5.0 3.44 – 12.4 5.4 –  26.7 

Fe2O3 34.1 – 40.4 10.5 – 30.2 2.03 – 10.9 

TiO2 0.1 – 0.44 0.20 – 10.4 0.26 – 1.1 

K2O 0.3 – 1.0 0.2 – 0.4 0.2 – 0.5 

MgO 14.2 – 17.2 11.7 - 17.2 5.1 – 15.3 

Na2O 4.8 – 6.0 3.6 – 5.1 2.6 – 13.5 

CaO 6.3 – 8.3 14.1 –  35.6 3.2 – 28.9 

SO3 13.7 – 17.0 20.8 – 23.0 8.08 – 22.1 

 ar: as received; db: dry basis; HHV: Higher Heating Value 

The next chapter will provide a review of literature in the field of CLC, with a particular 

focus on CLC of solid fuels. 
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Chapter 2 Literature Review 

Since the conceptualization of CLC in the mid-nineties, it has now developed to 

investigations on pilot scale units and still has significant room for improvement. This 

chapter will detail the advancements in the field of CLC, including the OC selection criteria.  

This chapter will provide a review of the information in literature on OC selection, in-situ 

gasification CLC including design considerations, modelling of OC reduction kinetics as 

well as economics. This chapter will end with the objectives and structure of this thesis, 

followed by a list of publications arising from this thesis.  

2.1 Oxygen Carriers (OC) 

The OC plays a very important role in the CLC process. Typically, the OCs which have been 

researched in the past decade are transition element metals from groups 7-11; examples 

include oxides of Fe, Mn, Cu and Ni. Such materials have the capability of being reduced and 

oxidized easily by giving off and accepting oxygen into their lattice structure. The selection 

of a good OC is paramount to the success of the CLC process and as such needs to fulfil 

certain criteria which are listed below: 

 High reactivity in both reduction and oxidation cycles 

 High oxygen carrying capacity to minimize the solids inventory in the reactors  

 Ability to completely combust the fuel to obtain maximum fuel combustion efficiency 

 Resistance to attrition to reduce OC loss via elutriation 

 High mechanical strength to withstand cyclic frictional stress due to the high particle 

circulation rates 

 Resistance to agglomeration to avoid defluidization of the bed 

 Resistance to sintering, which may lead to deactivation of the OC 

 Ability to withstand a certain degree of contamination by the reactants or products 

while retaining its reactivity 

 Negligible carbon deposition on the OC to maximize the carbon capture efficiency 

 Environmentally benign 

 Acceptable disposal 

 Inexpensive 
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The following subsections will describe each of these aspects in detail to determine the most 

suitable metal oxide for use as an OC. 

2.1.1 Reactivity 

High reactivity is one of the most important criteria of an OC as it dictates the time required 

to completely combust a given amount of fuel.  Based on the commonly used OCs, pure NiO 

has low reactivity due to its lack of porosity. It is for this reason that numerous studies have 

been undertaken on the preparation of highly reactive Ni-based OCs by using a support 

material to increase its dispersion [1, 2]. Cu-based OCs are extremely proficient at converting 

the fuel at low temperatures. Fe-based materials have sufficient reactivity with CO and H2 but 

are not proficient at converting CH4. On the other hand, Mn-based samples typically have 

poor reactivity, even when syngas is used as the fuel. This shows that the pure form of the 

metal oxide generally has poor reactivity and is typically used in combination with a porous 

inert support. This leads to the fabrication of synthetic OCs having enhanced surface area, 

mechanical strength and attrition resistance. It is worthwhile mentioning that the method used 

for the preparation of a synthetic OC has an impact on the properties of the final product. The 

distribution of the metal oxide over the surface of the support as well as potential interactions 

between the two materials will have an effect on the reactivity of the OC. Several methods 

exist in literature for the production of synthetic OCs and these can be broken down into three 

distinct types. The first type is when the metal oxide and support are in a solid state and the 

final product is generated via mechanical mixing, freeze granulation or spray drying. The 

second method involves using a solution containing both the desired metal and support 

material. This solution is then converted into a solid by using techniques such as co-

precipitation, dissolution, sol-gel or solution combustion. The last method involves 

depositing the metal that is in a liquid state onto the surface of a solid support through 

impregnation. The downside to all of the aforementioned methods is that such a combination 

would generally increase the cost of the OC and a larger amount of bed material would be 

required to provide the same amount of the active metal oxide. Also, from a practical 

viewpoint, the use of synthetic OCs in large scale applications is not favourable as these OCs 

are costly and could reduce the economics of the process. 
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2.1.2 Oxygen Carrying Capacity 

The oxygen carrying capacity of an OC measures the maximum amount of oxygen that the 

OC can release and this is dependent on the oxidation states between which it alternates. 

Whilst this value can be measured experimentally, the theoretical limits can be defined by 

Equation (1.1), where Ro represents the oxygen carrying capacity between its various 

oxidation states, while mo and mr represent the mass of the fully oxidized and reduced OCs 

respectively. 

𝑅𝑜 =  
𝑚𝑜− 𝑚𝑟

𝑚𝑜
     2.1 

The oxygen carrying capacity of some the most commonly used oxygen carriers are shown in 

Figure 2-1 below: 
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Figure 2-1 Oxygen carrying capacity of common oxygen carriers 

Based on the above figure, it can be seen that both Fe2O3 and Mn2O3 have the highest oxygen 

carrying capacity followed by NiO and CuO. While these OCs can be theoretically reduced to 

their lowest oxidation stages, thermodynamics would dictate if these oxidation stages are able 

to fully convert the fuel.   
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2.1.3 Extent of Fuel Combustion  

Thermodynamic analysis can be used to predict the efficiency of an OC to convert 

combustible gases such as CO and H2, which are the most prevalent gases in a CLC system. 

As mentioned, the reactivity of the OC is of paramount importance and it must show an 

affinity towards the conversion of the combustible gases into CO2 and H2O. Such an analysis 

has been performed by Jerndal et al. [3] for various redox systems and this has been compiled 

by Adanez et al. [4]; this compilation can be found in Figure 2-2. The abscissa shows the 

reaction temperature while the ordinate shows the equilibrium constant, Keq, for the reaction 

between the fuel, CO and H2, and the different OC redox pairs. The larger the Keq value, the 

higher the conversion of the reactant, which is the reducing gas in this case. A redox system 

having a Keq value higher than 1e
+3

 corresponds to a conversion of the reducing gas in excess 

of 99.9%. This means that less than 0.1% of the gas is unconverted, which is acceptable. The 

only OC pairs that fulfil this criterion are CuO-Cu, Mn3O4-MnO and Fe2O3-Fe3O4. If the Keq 

is further dropped, the NiO-Ni system becomes a potential candidate with around 99.5% 

conversion for H2 and 98.5% for CO in the temperature range of 900-1000°C, which is the 

typical operating temperature of a CLC system. It can be seen that in terms of reactivity, Fe-, 

Mn-, Cu- and Ni-based metal oxides are suitable for use as OCs.  

 

Figure 2-2 Equilibrium constants for the reduction reaction between both H2 and CO with 

different OC pairs [4] 
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2.1.4 Attrition and Mechanical Strength 

The resistance to attrition and high mechanical strength are related characteristics. These 

reduce the breakage rate of the OC particles as well as allow it to withstand the frictional 

stresses arising from circulating the particle between the FR and AR. High mechanical 

strength and attrition resistance of the OC would lead to a reduction in elutriation losses. 

Various studies [5-7] have found that the use of either an inert support or a natural ore results 

in mechanically stronger and attrition resistant OCs. Materials such as Al2O3 [5, 8, 9], TiO2 

[10, 11], MgO [6, 7, 12] and ZrO2 [13-15] have been widely researched and the findings 

suggest that these materials are indeed capable of increasing the durability of the OC. Ores 

such as iron ore [16, 17], manganese ore [18, 19] and ilmenite [20-22], a titanium-iron oxide, 

have been used and proven to be reactive while having acceptable mechanical strength. 

Adanez et al. [4] consolidated and tabulated the attrition data of a few OCs from different 

sources and this is shown in Table 2-1 below. Since a vast difference is observed between the 

Fe- and Ni-based samples, a simple comparison between the two was performed. Taking the 

best lifetime value for NiO gives 40,000 hours while iron ore has a lifetime of 1,600 hours. 

The cost of the metal oxides is roughly $15/kg for NiO and $0.15/kg for iron ore [4]. The 

most important parameter from an economic viewpoint is the cost of the OC over its lifetime. 

Taking this ratio gives $0.00038/hr for NiO and $0.000094/hr for iron ore. This means that 

iron ore is at least four times more economical compared to the NiO-based OC as this cost 

does not include the cost of Al2O3 and the cost associated with the preparation of the 

NiO/Al2O3 OC. The other way of considering it would be to just use pure NiO, but a pure 

metal oxide would have a lifetime much lesser than 40,000 hours due to having a lower 

mechanical strength. Therefore, attrition or the lifetime of the OC is not as important as the 

cost over its lifetime.  
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Table 2-1 Projected lifetime of OCs based on attrition data [4] 

 

2.1.5 Sintering and Agglomeration 

The resistance to sintering and agglomeration are two important characteristics of an OC. 

Materials having a low melting point are more susceptible to agglomeration, which leads to 

the formation of larger particles. Additionally, the interaction with ash from solid fuels or the 

support material, in the case of synthetic OCs, can also cause this through the formation of 

low melting point compounds termed eutectics and this will be discussed in the following 

subsection. A small degree of agglomeration can cause disturbances in the solids circulation 

as well as channelling of gases through the bed and this reduces the contact between the fuel 

and the OCs; excessive agglomeration can lead to bed defluidization, which must be avoided 

at all costs. Among the typically used metal oxides, CuO has the lowest melting point when it 

is reduced to Cu as it has a melting point of 1085°C. Even though this is higher than the 

temperatures at which the CLC system is typically operated at, metal oxides often soften at 

temperatures lower than their melting point and this can lead to agglomeration. The 

agglomeration tendency of Cu has been documented to occur at temperatures as low as 950°C 

but was absent when the temperature was reduced to 800°C [23]. The operation at such a low 

temperature would lead to a reduction in the turbine efficiency and hence the energetic 

efficiency of the system. To circumvent this, the use of inert supports has been proposed. 

Some studies were performed by Gayan et al. [24] in a 500Wth CFB reactor and they found 

Carrier Capacity 

(kWth) 

Operation 

time (h) 

Temperature (°C) Attrition 

rate 

(%/h) 

Lifetime 

(h) 
Fuel 

Reactor 

Air 

Reactor 

NiO/Al2O3 10 100 ~900 1000 0.0023 40000 

NiO/NiAl2O4 + 

MgAl2O4 

10 1016 ~940 1000 0.003 33000 

NiO/NiAl2O4 10 160 ~940 1000 0.022 4500 

NiO/α-Al2O3 0.5 70 880 950 0.01 10000 

CuO /γ-Al2O3 10 100 800 800 0.04 2400 

CuO/ γ -Al2O3 0.5 60 800 900 0.09 1100 

CuO/NiO-Al2O3 0.5 67 900 950 0.04 2700 

Iron ore 1 10 950 1010 0.0625 1600 
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that the use of supports such as α-Al2O3, γ-Al2O3, MgAl2O4 and NiAl2O4 were capable of 

preventing the Cu-based OC from agglomerating. Hence, if CuO was to be used as an OC, it 

should be supported to increase its thermal stability. On the other hand, Ni-, Fe- and Mn-

based OCs were found to be resistant to agglomeration at temperatures of interest in CLC. 

2.1.6 Oxygen Carrier Contamination 

Contamination of the OC by the reactants or products is inevitable in CLC and can be caused 

by both gases and solids, such as the ash from the solid fuel. Of the gaseous contaminants, 

sulphur compounds are of particular interest. The presence of sulphur compounds in the 

exhaust of the FR would warrant additional clean-up as it affects the compression, transport 

and storage of the CO2. With respect to the OC, the sulphur present in the fuel may react with 

it, which could lead to a decrease in reactivity through the formation of unreactive metal 

sulphides. Additionally, certain metal sulphides have a low melting point which could lead to 

agglomeration and subsequent bed defluidization. To investigate this potential issue, Tian et 

al. [25] performed experiments in a thermogravimetric analyzer (TGA) using Fe-, Ni-, Mn- 

and Cu-based OCs. They found that the reactivity of all the OCs decreased with time with 

NiO experiencing the highest decrease while Mn2O3 had the least reduction in reactivity. 

Garcìa-Labiano et al. [26] performed experiments in a 500 Wth CLC using NiO and found 

that Ni3S2 was formed under all the operating conditions tested. This led to a decrease in the 

reactivity with time, signalled by the decrease in CO2 concentration at the outlet with an 

accompanied increase in H2S. Upon oxidation of the OC, it was found that the Ni3S2 

decomposed to SO2 and NiO. They recommended the implementation of a desulfurization 

step for high sulphur fuels when using NiO. Using a Cu-based OC, Forero et al. [27] found 

that the formation of copper sulphides was absent except when the OC to fuel ratio was less 

than 1.5. This shows that OCs containing Cu, Fe and Mn are resistant to interaction with 

sulphur compounds typically found in fuels while Ni-based samples could be deactivated 

upon contact with such compounds. With respect to interaction with ash, Keller et al. [28] 

investigated the potential interactions between Cu-, Mn-, Fe-, Ni- and ilmenite-based OCs 

with the ash from thermal treatment of the minerals commonly found in coal. They 

performed experimental and thermodynamic simulations and found that the Cu- and Mn-

based samples were most susceptible to interaction with minerals while the Ni- and Fe-based 

OCs were more resistant to such interactions; they found that ilmenite was the best candidate 

with respect to this criterion. Therefore, if a mineral-rich fuel is to be used, ilmenite is the 

preferred metal oxide followed by Ni- and Fe-based OCs.  
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2.1.7 Environmental Impact and Waste Disposal 

The next characteristic is that the OC should be environmentally benign and this is tied to the 

OC having an acceptable disposal. Of the four most commonly used metal oxides in an OC, 

Ni poses significant environmental and health issues. This is due to the fact that compounds 

containing nickel have carcinogenic properties and that Ni is toxic. Additionally, the use of 

Cu can be challenging, as inhaling it can lead to irritation while ingesting it could cause 

irreversible damages to the body. On the other hand, Fe- and Mn-based materials are non-

toxic and are most suitable for use in a CLC system. In an iG-CLC system, the OCs will 

experience attrition and would be elutriated and captured by the cyclones, which would also 

capture the fly ash from solid fuels. Therefore, if NiO is used as an OC, it would need to be 

separated from the fly ash and disposed of in a responsible manner.  

2.1.8 Carbon Deposition 

Deposition of carbon on the OC is unfavourable as the deposited carbon can enter the AR 

before being combusted by air. This causes the CO2 capture efficiency to reduce and should 

be avoided where possible. Additionally, the deposited carbon could react with some metal 

oxides, leading to its deactivation. This phenomenon is highly correlated with the amount of 

available oxygen for the combustion of the fuel, with an observed acceleration in the rate of 

carbon deposition with a reduction in the available oxygen. Cho et al. [29] used a batch 

fluidized bed reactor and found that when more than 80% of the available oxygen in a Ni-

based OC had been consumed, the deposition of carbon became more prominent. Using a 

similar configuration, de Diego et al. [8] found that when more than 75% of the available 

oxygen had been consumed from a copper-based OC, carbon deposition was prevalent. Such 

an observation has not been made with respect to iron-based OCs.  

2.1.9 Cost 

The last aspect with regards to the selection of an OC is also a highly important one and 

revolves around the cost of the metal oxide. Since attrition and elutriation of the OCs are both 

inevitable in CLC, it is preferable that the cost of the OC is low from an economic standpoint. 

Figure 2-3 shows the cost of some of the metals which can be used as OCs. It can be seen that 

both Mn and Fe are the most economical options for use as OCs when compared to Ni, Cu or 

Co. Based on the statistics provided, Fe and Mn are approximately two to four orders of 

magnitude cheaper when compared to the other three materials.   
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Figure 2-3 Average annual cost of materials which can be used as OCs [4];                         

SfC: Spot for cathodes; LME: London Metal Exchange 

Therefore, amongst the four most commonly used OC materials, it can be seen that Fe2O3 is 

the best candidate with manganese-based materials coming in second. The issues with Mn-

based samples are its low reactivity towards the fuel and that they have a high tendency of 

reacting with the minerals from solid fuels. The Cu- and Ni-based samples are good OC 

candidates but are costly materials; also, the former has a low melting point and the latter is 

carcinogenic as well as being susceptible to sulphur poisoning.  

2.2 In-Situ Gasification CLC (iG-CLC) 

As mentioned in the introduction chapter, while CLC was initially investigated with gaseous 

fuels, there has been a shift in recent times towards the use of solid fuels due to its 

abundance, widespread availability and low cost. The focus of this section will be on the iG-

CLC system, which is an attractive option for use with the highly reactive VBC. 

The reactor scheme most commonly used for the iG-CLC process employs the CFB 

technology and is shown in Figure 2-4 below, with MeO and Me representing the oxidized 

and reduced OCs respectively. The benefit of such an arrangement is the fuel flexibility 

associated with the use of CFB boilers and that the use of such a technology allows for the 

continuous generation of energy under steady-state operation. The feasibility of this process 

has been successfully proven in continuously operating CLC units with output capacities 

ranging from 500 Wth [30] to 12 MWth [31]. 
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Figure 2-4 Reactor scheme for the iG-CLC process [4] 

Although the reactions occurring in the FR and AR have been highlighted in the introduction 

chapter for any hydrocarbon-based fuel, this part will discuss the specificities relating to the 

use of a solid fuel. The first step that occurs in the FR is the devolatilization of the solid fuel, 

as shown in Equation (2.2). This leaves behind char which cannot be readily combusted and 

needs to be gasified as the solid-solid reaction between the char and OC does not occur at an 

appreciable rate [32]. The in-situ gasification of the solid fuel is highly endothermic and is 

accomplished using either steam or CO2 as the gasification agents, which also act as the 

fluidization agents. This produces gasification intermediates, CO and H2, which are shown in 

Equations (2.3) and (2.4) respectively. The volatiles and gasification products then react with 

the OC, MexOy, as shown in Equation (2.5). The first four reactions occur in the FR and the 

net heat balance around this reactor is typically endothermic due to the heat required for char 

gasification. While this is true for most metal oxides, usage of Cu-, Mn- and Co-based OCs 

result in the heat balance in the FR being exothermic. This is due to the very low bond energy 

between the oxygen and Cu-, Mn- and Co- atoms, which results in an overall exothermic 

reaction. Finally, the reduced OC, MexOy-1, is transferred to the AR where it is oxidized by 

the oxygen from air as shown in Equation (2.6). This process is exothermic for all OCs as it 

involves the conversion of the metal oxide to a more stable oxidation state. The regenerated 

OCs then enter the FR to complete one redox cycle.  Performing a net energy balance over 

both the reactors, the total extractable energy from this system is exactly the same as in 

conventional combustion. The subsequent subsections will deal with the intricacies relating to 

the use of solid fuels in an iG-CLC process. 
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Solid fuel → Volatile matter + Char  2.2 

Char + H2O → H2 + CO 2.3 

Char + CO2 → 2 CO 2.4 

H2, CO, Volatile matter + n MexOy → CO2 + H2O + n MexOy-1   2.5 

MexOy-1 + ½ O2 → MexOy   2.6 

2.2.1 Coal Conversion  

Alongside the fabrication of suitable OCs for the iG-CLC process, much research is being 

focused on the aspect of fuel conversion with respect to solid fuels. Preliminary in-situ 

experiments were performed using a thermogravimetric analyzer (TGA) with OCs 

comprising Cu, Ni, Mn and Fe. Although it has been claimed that the solid-solid reaction 

between the OC and the solid fuel proceeds at an unappreciable rate, in actuality it may be 

masked when a gasification agent is used as is typical in CLC. This was found to not be true 

when an experiment was performed using ilmenite as the OC in a fluidized bed reactor where 

it was shown that the gasification rate of bituminous coal and petcoke with CO2 or steam was 

more prevalent compared to direct solid-solid reaction with the OC [32, 33]. Additionally, 

Leion et al. [32] performed an experiment using only N2 as the fluidizing gas without any 

CO2 or steam as gasification agents for the fuel, petroleum coke. They found that the fuel 

conversion was very slow and after a period of 90 minutes, only 30% of the fuel had been 

converted. This was most likely due to the release of volatile matter during the initial stages 

of the reaction. Hence, the reaction between the OC and the gasification products is more 

significant compared to the solid-solid reaction and therefore gasification agents are needed 

to increase the rate of reaction in an iG-CLC system. 

Char from low rank coals are known to be more reactive from a gasification point of view. 

The reactivity of any given char can be attributed to its chemical structure, inorganic 

constituents and porosity [34]. Comparing CO2 and steam as gasification agents, it is a well-

known fact that steam gasification of char proceeds at a faster rate than CO2 gasification and 

this is ascribed to the larger size of the CO2 molecule resulting in slower gas-solid diffusion 

[35]. An experiment conducted with a bituminous Colombian coal showed that the 

conversion of char was five times slower when CO2 was used compared to when steam was 

employed as the gasification agent, confirming the previous statement [36]. It was found that 

steam gasification completely consumed the sample in minutes while complete gasification 
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using CO2 was in the order of hours. On the other hand, there is a divergence from the theory 

put forth above where it has been found that the CO2 gasification rate of low rank coals is as 

high as that of steam [37]. Experimentally, in a CLC system, it has been proven that the 

gasification of a lignite [38] using CO2 proceeds as fast as the steam gasification of 

bituminous coal [36]. Therefore, the usage of low rank fuels are of advantage in a CLC 

system as the generated CO2 can be recirculated back into the FR as a fluidizing gas and 

gasification agent. 

In-situ gasification is favourable in the presence of an OC as it leads to an increase in the 

gasification rate, which is due to the continuous removal of the gasification intermediates 

through the reaction with the OC [32, 39]. It has been well documented that the gasification 

intermediates, H2 and CO, are known char gasification inhibitors as they form a layer around 

the char particle, increasing the resistance to diffusion. This impedes the gasification agents 

from penetrating this layer to reach the surface of the char particle [40]. This inhibitory factor 

decreases as the OC conversion efficiency of CO and H2 increases.  

Gasification is also highly temperature dependant and it has been found that temperatures 

between 900 - 1000°C greatly enhance the rate of char gasification. Additionally, Leion et al. 

[32] found that increasing the reaction temperature from 850°C to 1000°C resulted in an 

increase in gasification reactivity by a factor of four. The second reason for the accelerated 

char gasification rate is that both the CO and H2 are converted by the OC at a faster rate at 

higher temperatures due to faster OC reduction kinetics. 

2.2.2 Unconverted Char Particles 

The main effect of low gasification rates is the increased char concentration in the FR, which 

will cause the stream exiting the FR to contain more unconverted char. The unreacted char 

particles can exit the CLC system by being combusted in the AR or exiting the FR with the 

combustion products. To prevent the char from entering the AR, the particles can be 

separated from the OC by using a carbon stripper, as shown in Figure 2-4, which recycles the 

unreacted fuel back into the FR. Since the char particles entering the carbon stripper have a 

smaller size and lower density than the OC particles, by operating at an appropriate 

fluidization velocity, the char particles can be elutriated and recirculated back while the OC 

particles are sent to the AR. The separation in the carbon stripper occurs due to differences 

between the terminal velocities of the char and OC particles. The transfer of char to the AR 

does not reduce the energetic efficiency of the process but will decrease the amount of CO2 
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that is captured, which will in turn reduce the carbon capture efficiency. The second means 

by which the fuel particles can be lost is through elutriation out of the FR with the 

combustion products, which is due to attrition of the fuel particles. These elutriated particles 

need to be recaptured and this can be achieved through the use of a cyclone.  

2.2.3 Coal Ash Removal 

The use of a solid fuel in the iG-CLC system results in the formation and accumulation of ash 

from the gasification of the char. These ash particles can be elutriated out of the FR and 

subsequently captured using a cyclone. As mentioned, it is likely that some of the char 

particles would also be present in the cyclone alongside the ash. The ash and unreacted fuel 

particles can then be separated based on the difference in densities. The unreacted fuel 

particles can then be redirected back into the FR while the ash is drained from the system.  

Ash may be detrimental to the OC as there is a possibility for both particles to interact with 

each other and this could lead to agglomeration or a reduction in the OC reactivity. A few 

researchers have found that agglomeration and reactivity loss of the OC in the presence of 

ash was insignificant when the ash concentration in the fuel was lower than 5% [41, 42]. This 

means that such interactions are less likely to occur when low rank coals such as VBC are 

used as fuel in CLC, making such fuels highly favourable feedstock for the CLC process. 

2.2.4 Investigated OCs 

OCs for use in an iG-CLC system should ideally have the characteristics mentioned in the 

previous section to make it attractive for use. Importantly, these traits should be maintained 

over repeated redox cycles to make a viable OC. The paragraphs to follow will highlight 

some of the main findings in literature relating to the four previously discussed metal oxides. 

In terms of reactivity, Cu-based materials are known to be very reactive and capable of 

achieving almost complete combustion of gasification products at temperatures beyond 

850°C [43]. As previously mentioned, the use of this metal oxide is one of the few that results 

in the total energy evolved in the FR to be exothermic. This means that the heat released 

during the reduction of CuO can be used to compensate for the endothermic gasification 

reaction of the coal. Reduction of CuO to Cu is not favoured at temperatures beyond 800°C 

as this is close to the melting point of Cu, which is 1050°C. While the difference is 

significant, Cu starts to soften at temperatures much lower than its melting point, causing it to 

agglomerate. Experiments using CuO have been performed using a Victorian brown coal, 
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Loy Yang [23]. The findings reported here were similar to the others in literature whereby 

CuO was found to sinter at temperatures of around 950°C and could not be reoxidized, 

rendering it unusable. Few experiments were repeated at a lower temperature of 800°C and at 

this temperature the OC was found to perform well. While this result is favourable, this is not 

practical, as using such a low temperature for the combustion process reduces the energetic 

efficiency of a power station.  

Ni-based OCs have also shown good reactivity with gasification products but are highly 

temperature dependant [44]. This has been shown in continuous operations with bituminous 

coals as the fuel, but full conversion of the gasification products were not observed due to the 

design of the FR which prevented the gases from efficiently contacting the OC [45, 46]. The 

use of Ni-based materials must be restricted to low-sulphur fuels as nickel is known to 

deactivated in the presence of sulphur [47, 48]. Thermogravimetric analysis were performed 

using Loy Yang brown coal and the authors found a reduction in the reactivity of NiO over 

the course of the reaction and concluded that it is not a suitable option for use with Loy Yang 

brown coal [49, 50]. Additionally, OCs containing NiO are not favoured due to their high 

price and toxicity, with the latter necessitating extreme safety protocols for disposal. 

There is limited information pertaining to the use of Mn-based materials in an iG-CLC 

process compared to syngas-CLC. An investigation using manganese containing ores was 

performed with petcoke as the fuel and the authors found that it performed better compared to 

ilmenite in terms of its reactivity towards CO and H2 [51]. They also found that some 

manganese ores were capable of increasing the rate of char gasification. Since the ore 

contained appreciable amounts of alkali-minerals, these were found to volatilize and deposit 

on the surface of the char. This led to the formation of channels and cavities, which is typical 

of catalytic gasification. Such an observation was apparent in this case as the petcoke 

contained very low levels of minerals and it was hypothesized that it had insignificant 

amounts of catalytic minerals to enhance its gasification rate, making the rate enhancement 

by the mineral deposition more pronounced.  

Fe-based OCs generally have lower reactivity when compared to Ni-based materials, but it is 

capable of complete combustion of the gasification products to CO2 and H2O [38]. Leion et al. 

[32] found that the CO concentration at the exit of the FR was around 0.5% when using 

Fe2O3 as the OC. The reactivity of ilmenite was analysed in a batch fluidized bed reactor and 

it was found to have good conversion of the gasification products [52]. They also established 

that the reactivity of ilmenite was in the same order of magnitude as highly reactive OCs such 
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as Ni-based materials [48]. A 10 kWth iG-CLC unit was operated by Berguerand and Lyngfelt 

[53-56] using coal and petroleum coke as the fuel; it was found to perform well, leading them 

to conclude that ilmenite is a suitable OC for the process. Experiments performed in a 500 

Wth small scale CLC unit showed that neither volatile matter nor unburnt tars were present at 

the reactor exit [57]. A natural iron ore was used in a 1 kWth unit operated continuously and 

Wu et al. [58] found that the coal combustion efficiency was similar to that of a very reactive 

Ni-based OC [45]. Zhang et al. [59] investigated the use of Fe containing materials in a fixed 

bed reactor operated under both atmospheric and pressurized conditions of up to 0.5 MPa. 

They found that the performance of the OC was strongly pressure dependent, obtaining 

higher CO2 concentrations at higher pressures. Additionally, the carbon conversion rate and 

extent was improved at higher operating pressures. Experiments performed using Loy Yang 

coal in a TGA led the authors to conclude that Fe2O3 was able to retain its reactivity over 

repeated cycles [50]. This is proof that Fe-based oxygen carriers are promising for use in the 

iG-CLC process as they are cheap, environmentally benign and show sufficient reactivity 

with all types of coal, particularly Victorian brown coal. 

A summary of recent studies on iG-CLC systems can be found in Appendix A.  

2.3 iG-CLC Design Considerations 

Since one of the objectives of this thesis is to design and operate a 10kWth iG-CLC unit, this 

section will detail the aspects that need to be considered to accomplish this task. The smallest 

scale unit that can be used for preliminary investigations is a TGA. Here, a certain amount of 

the OC is mixed with the fuel and the system is operated in a batch mode. The weight loss 

curve as a function of time can be used to determine the temperatures at which certain 

components are evolved. Then, the experiments are scaled-up to a more complex level using 

either a bench-scale fixed or fluidized bed reactor. This is used to study the behaviour of the 

OC in a manner that closely simulates an actual iG-CLC system. When results from such a 

scale prove to be satisfactory, the fuel and OC are ready to be trialled in a pilot scale reactor. 

Here the fluid flow properties are studied to see the effect of particle circulation between the 

FR and AR. Then, when most if not all of the issues have been resolved, a demonstration 

plant is constructed to study the performance of the system on a larger scale, which closely 

mimics that of a commercial power station. Upon completion, the last step involves 

commercialization of the process. This is the typical progression followed by many 

technologies prior to their commercialization and CLC is presently at the pilot reactor scale. 
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Kronberger et al. [60] developed a comprehensive design procedure for a CLC system. This 

involved the fuel and OC feed rates, RO of the OCs as well as the reaction kinetics in both the 

AR and FR. This procedure also factors in aspects relating to hydrodynamics such as particle 

entrainment, pressure drop, CO2 leakage via the AR as well as residence time of the fuel and 

OC. The proposed design procedure is shown in Figure 2-5 below to gain a better 

understanding of the steps necessary in designing a CLC reactor system. Wolf and 

Kemiteknik [61] provided a listing, pointing out the essential features of an efficient CLC 

system and this is described below: 

 Adequate particle circulation between the AR and FR to ensure complete combustion 

 Sufficient contact between the OC and the fuel in the FR as well as air in the AR to 

attain maximum conversion 

 Minimum CO2 leakage from the FR to the AR 

 High temperature operation which will increase the energetic efficiency of the system 

 

 

 

 

 

 

 

 

 

 

 

 

 

Figure 2-5 Design procedure of a CLC reactor system [62] 

Preliminary Design Specification 

 Power 

 Operating Pressure 

 Fuel type 

Reaction Kinetics 

 Temperature 

 Carrier Reactivity 

 Gas Conversion 

 Carrier Capacity 

 Solids conversion 

Hydrodynamics 

 Bed operating regime 

 Solid entrainment rates 

 Gas leakage 

 Residence time  

 System pressure drop 

Design Criteria 

 Fuel 

 Air/Fuel Ratio 

 Solid circulation rate 

 Bed mass 

 

Final Design Specification 

 Reactor geometry 

 Bed height 

 Bed cross section 

 Pressure drop 

 Solids circulation system 
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2.4 Modelling 

Upon fabrication and operation of a reactor system, modelling is an important aspect to be 

considered next. Performing modelling or simulation allows for a prediction to be drawn out 

in the initial phase, which will then set the scene for model validation or nullification based 

on the acquired data.  

2.4.1 Kinetic Modelling 

A kinetic model can be used to predict the solids inventory in the FR and AR whereby the 

output from the model is highly dependent on the reactivity of the OC and its oxygen 

carrying capability [63]. Kinetic data exists for many metal oxides as catalyst in other 

processes but this cannot be directly used for the metal oxides employed in an iG-CLC 

system. This is because the metal oxides used in a CLC system are reactants and are 

subjected to repeated reduction and oxidation cycles, causing its properties and reactivity to 

change with time. OC reduction kinetics data is available in literature but only for when 

gaseous fuels are used [64]. Although the OCs in the iG-CLC system are reacting with the 

volatile matter and gasification products from the coal, the amount of these components 

changes from one fuel to another unlike when natural gas is used. Thus, kinetic data needs to 

be generated for each coal alongside its gasification conditions. 

In terms of kinetic modelling, the interactions that occur in the FR and AR are assumed to be 

non-catalytic gas-solid reactions and this is justifiable for the development of a preliminary 

model. Different models have been proposed for the gas-solid reactions to predict the 

conversion of the OC particles as a function of time as well as to study the effect of operating 

conditions on the reaction rate. The three most commonly used models are the Changing 

Grain Size Model (CGSM), the Shrinking Core Model (SCM) as well as the nucleation and 

nuclei growth model, which are shown in Figure 2-6. Additionally, the Modified Volume 

Reaction Model (MVRM) can also be used. These models are described in detail below. 
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Figure 2-6 Representation of the various reaction models on a particle: a) Changing Grain 

Size Model; b) Shrinking Core Model; c) Nucleation and nuclei growth model [65] 

2.4.1.1 Changing Grain Size Model (CGSM) 

A feature that is present in all gas-solid reactions is that the overall process involves several 

intermediate steps and these are mentioned below: 

1) Gaseous diffusion of the reactants from the bulk of the gas phase to the surface of the 

reacting solid particle 

2) Diffusion of gaseous reactants through the pores of the solid particle or the product layer 

formed during the gas-solid interaction 

3) Adsorption of gaseous reactants onto the solid surface 

4) Chemical reaction between the gas and solid 

If the reaction generates gaseous compounds, diffusion of the molecules into the bulk gas 

phase occurs by means of steps (1) to (3). The progress of the gas-solid reactions can be 

affected if the surface structure changes or if sintering occurs.  



Chapter 2 Literature Review 

 

29 | P a g e  

 

The CGSM considers the steps mentioned above and operates on the assumption that the 

particle consists of non-porous grains with a uniform characteristic length, ro [66]. During the 

course of the reaction, the grain size, r1, changes while the unreacted core, r2, shrinks due to 

differences in the volume of product formed per unit volume of reactant. Here the integration 

of the SCM comes into play as it is used to model each grain, which is assumed to follow the 

ascribed model. The reaction initiates on the surface of the grain and as the reaction proceeds, 

a layer of the solid product is formed around an unreacted core, resulting in the reduction of 

the unreacted core size. The border at which the product layer and unreacted core coincide is 

the region where the chemical reaction occurs. The reacting gas has to overcome various 

resistances, which are steps (1) to (3), before any reaction can occur.  

An approximation to the mass balances was developed by Szekely et al. [67] in which they 

hypothesized that the time taken to overcome all the resistances is a summation of each 

individual resistance. Typically the rate of diffusion through the film, pores and product layer 

is deemed to present an insignificant resistance with the only significant factor being the 

chemical reaction occurring in the grain. The reaction time for the complete reaction with the 

reducing gas at the grain corresponds to a Shrinking Core Model in the grains (SCMg). 

Dueso et al. [68] used the CGSM to determine the oxidation and reduction kinetics of Ni-

based OCs in the presence of syngas and natural gas. They found that the model was capable 

of adequately predicting the conversion of the OC. Also, Abad et al. [69] used the same 

model to determine the redox kinetics of pre-oxidized and activated ilmenite in the presence 

of the same gases above. They found that the activation energies for the reduction reaction 

varied depending on the type of fuel and OC used, and obtained values between 65-165 

kJ/mol. Additionally, they found the activation energy for the oxidation of the reduced OC to 

be much lower, between 11-25 kJ/mol.  

2.4.1.2 Shrinking Core Model (SCM) 

This has been briefly discussed in the previous subsection and is typically employed when the 

resistance to gas diffusion in the unreacted particle is very high. This is due to the formation 

of a layer of solid product around an unreacted core inside the particle. This method was 

found to be unsuitable for highly porous small particles in the order of 100 µm and as such 

either the CGSM or SCMg are used to model such particles. On the other hand, this model 

was found to be suitable for larger particles having low porosities. 



Chapter 2 Literature Review 

 

30 | P a g e  

 

Song et al. [70] utilized the SCM to determine the redox characteristics of a bimetallic OC 

consisting of Ni and Fe with CO as the fuel. Their findings showed how the obtained kinetic 

parameters of the individual OCs could be used to predict the kinetic parameters of the 

bimetallic OCs. Saha and Bhattacharya [71] determined the redox characteristics of a Cu-

based OC  using the same model as well and found that the SCM was able to sufficiently 

predict the conversion of CuO in the presence of CO.  

2.4.1.3 Nucleation and Nuclei Growth Model 

This model states that the oxidation and reduction of the OC particles can be assumed to 

follow a nucleation process whereby metallic nuclei are formed which then grow and overlap. 

The reaction rate increases as the generation of the nuclei increases during the initiation of 

the reaction and this is termed the induction period. Beyond this period, the reaction occurs 

uniformly over the solid surface and the reaction front advances into the inner part of the 

grain [72].  

The simplification of this model occurs when the reaction order with respect to the solid 

concentration is one, yielding a model for a homogenous particle. The nucleation process is 

directly proportional to the temperature of the reduction/oxidation of the particle and for the 

temperatures typically used in CLC, the nucleation process is thought to occur relatively fast. 

It has been shown that both the SCM and this model fitted experimental data obtained using 

gaseous fuels reasonably well [73].  

2.4.1.4 Modified Volume Reaction Model (MVRM) 

The MVRM is a simple model capable of calculating the conversion of a solid as a function 

of time. The MVRM ignores the characteristics of the solid and is only concerned with the 

conversion of the OC with time. Unlike the SCM which assumes the resistance to gas 

diffusion is high, the assumption in the MVRM is that there is negligible resistance. To date, 

no one has reported the use of the MVRM for modelling the redox characteristics of an OC. 

There are many references in literature where the reduction of the OC was modelled in the 

presence of gaseous fuels [74-77]. Adanez et al. [4] mentioned that the effect of the gas 

product concentration on the reduction rate of the OC has been barely analysed and this is 

required to study the interaction and potential inhibition that may arise due to the presence of 

the product gases. This requires an in-depth investigation so that the required OC mass for a 
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given system can be estimated. The conclusion obtained from this subsection is that there has 

not been any research into the reduction kinetics of an OC in the presence of a solid fuel. 

2.5 Economics 

The economics of a CLC system is an important aspect to consider for the implementation of 

this system in the long run. This section will briefly discuss cost estimations that have been 

performed by various researchers and governmental bodies on the operation of a CLC system. 

There are various economic factors involved in the design and operation of a CLC system, 

some of which are similar and others different from a typical pulverized coal power station. 

Putting aside the differences in the design of the two systems, the OC is one of the most 

significant factors in terms of costing. It is for this reason that the OC should be cheap and 

readily available as large volumes will be used in the operation of the CLC system. Synthetic 

OCs are typically not favoured as the fabrication of such a material incurs additional costs 

such as the cost of the support material and manufacturing process. Thus an OC that can be 

used in its natural form, such as an ore, would be ideal for the CLC process. 

Abad et al. [74] evaluated the impact of the cost of the metal oxide on the CO2 capture cost 

based on the lifetime and reactivity of the particles. The authors found the main cost to be 

associated with the makeup flow of the particles and concluded that using an OC with a 

lifetime of 300 hours would have the same cost as the amine makeup required in the 

monoethylamine (MEA) process for the same level of CO2 capture. It is estimated that future 

CO2 capture processes should have a cost of between USD 20-30 for the capture and 

sequestration of a tonne of CO2 to be considered feasible. This can be achieved by OCs 

having a lifetime of 100 hours and such a lifetime is easily accomplished by most OCs [4]. 

Thus, comparing with other CO2 capture technologies, it can be inferred that the cost of the 

OC would not present a limitation to the CLC process. 

The research group at ALSTOM Power Plant Laboratories in Windsor, CT, USA tried to 

determine if CO2 can be captured at a cost of USD 10 per tonne CO2 avoided [78]. They 

predicted that the total capital cost will be relatively low due to the fast reactions that occur in 

both reactors. The cost of electricity was plotted against the CO2 allowance price for various 

CO2 capture technologies and this is shown in Figure 2-7 where it can be seen that the lowest 

costs were obtained with the CLC system. This shows that CLC is one of the cheapest 

methods to capture the CO2 generated from the combustion of coal. The cost of electricity for 
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CLC does not change with increasing CO2 allowance because at least 95% of the emitted 

CO2 can be inherently captured by the process.  

 

Figure 2-7 Cost of electricity for various carbon dioxide capture and storage technologies 

[79] 

2.6 Summary of Literature Review 

It is clearly evident from literature that there are still many aspects which have not been fully 

investigated, leading to the generation of knowledge gaps in the field. This is intensified in 

the case of VBC as there has only been one study prior to this and it was predominantly 

undertaken using a TGA [80].  

In terms of cost, literature suggests that CLC is a viable and cost effective carbon dioxide 

capture and storage technology relative to other options. Researchers have found that the cost 

of the OC is not expected to be a showstopper in the operation of a CLC system if its lifetime 

is higher than 100 hours. 

Literature shows that both Fe2O3 and Mn3O4 are promising materials for use as an OC in the 

CLC process after taking into account the theoretical oxygen carrying capacity, 

thermodynamic analysis as well as cost and environmental impact. Additionally, Fe2O3 has 

been found to be a very suitable OC for use with VBC compared to CuO and NiO. Although 
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some of these materials have been experimentally investigated, most of the studies were 

undertaken using a TGA; this does not simulate a fluidized bed reactor, which is the typical 

configuration in commercial power stations.  

Most of the experiments that have been performed to date deal with the identification of 

suitable OC materials and proof of concept in large bench scale units. Experimentally, 

detailed investigations pertaining to certain intrinsic aspects of the process have not been 

sufficiently researched, such as the fate of nitrogen containing pollutant gases as well as the 

impact of coal minerals on the overall performance of the CLC system. The effect of coal ash 

on the OC is also an area which has not been adequately investigated.  

In-situ XRD pertaining to the reduction of Fe-based OCs have not been reported in literature. 

Such an investigation would allow for aspects such as the lattice parameters and the 

crystallite sizes to be investigated as a function of temperature and time. This information is 

important as it allows the changes in the OC to be studied as it is reduced and oxidized.  

There have been many reactor configurations that have been proposed in literature for use in 

an iG-CLC system. These include fluidized bed reactors, atmospheric fixed bed reactors as 

well as pressurized fixed bed reactors, but no study has been undertaken to compare the 

performance of these three systems in the presence of a solid fuel.  

While many OC reduction kinetics models exist in literature, these are limited to gaseous 

fuels such as natural gas and syngas. To date, there has not been any study on the reduction 

kinetics of the OC in the presence of a solid fuel such as that in an iG-CLC system. 

While some studies have looked into the fabrication and performance of synthetic OCs, most 

of these studies revolve around supporting the metal oxide on an inert support. There are 

limited studies on supporting one metal oxide on another and this represents a knowledge gap.  

As previously mentioned, most of the preliminary studies on VBC were performed in a TGA 

and there is no information on the performance of this fuel in a large fluidized bed reactor.  

The aforementioned statements represent gaps of knowledge in the field of iG-CLC. Thus, 

research is still needed in this field to generate information to obtain a comprehensive 

understanding of the applicability of using VBC in CLC. The following subsections will list 

the objectives and thesis structure based on the identified gaps. 
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2.7 Objectives and Thesis Structure 

The objective of this work is to determine the applicability of the CLC process using VBC as 

the fuel and to find out any potential issues with using said fuel.  

Chapter 1 provides an introduction to the thesis and deals with carbon dioxide capture and 

storage, CLC and VBC.  The objectives, thesis structure and list of journal publications are 

also shown.   

Chapter 2 centres on a review of the information in literature, focussing on the utilization of 

solid fuels in an iG-CLC process as well as some of the important characteristics of an ideal 

OC. This chapter also details the investigations that have been done on the different OCs for 

iG-CLC such as NiO, CuO, Fe2O3 and Mn2O3. Since part of the work involves the fabrication 

and construction of a 10kWth CLC reactor, some design considerations are included. This is 

then followed on with a review of kinetic modelling that has been reported in literature. Next, 

the economics of the CLC process is reviewed and is followed by a summary.  

Chapter 3 details the methodology employed in this thesis. This includes the steps involved 

in the experiments using the various setups as well as the methodology employed for the 

analytical analysis using the different instruments for the characterization of the OC. The 

derivation and application of the kinetic models are also detailed. 

Chapter 4 marks the start of the results chapters. Here, the effect of coal minerals on the 

performance of VBC as well as the potential interactions between the ash formed from the 

thermal treatment of the minerals and the OC is discussed. Since VBC has a very low ash 

content, a comparative study was performed with a high ash Canadian lignite to provide a 

better understanding of ash interaction.  

Chapter 5 describes the reduction of the OC using synchrotron-based in-situ X-ray 

Diffraction (XRD) for iG-CLC using VBC as the fuel. In this chapter, the carbon deposition 

phenomenon is also discussed.  

Chapter 6 involves modelling the reduction of the OC. Two models were generated to 

predict the reduction of the OC as a function of time. Since such a study has never been 

performed before, this serves to fill a very important gap in knowledge.  

Chapter 7 details the various modes of reactor operation that can be used in CLC. Three 

modes were investigated including atmospheric fixed bed, pressurized fixed bed and 
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fluidized bed. This was a comparative assessment on how the mode of operation affected the 

performance of the CLC system.  

Chapter 8 investigates the performance of synthetically fabricated bimetallic OCs which 

was then compared to a monometallic Fe2O3 OC. The synthetically fabricated OCs contained 

various amounts of the secondary metal oxide (NiO, CuO and Mn2O3) supported on Fe2O3. 

The OCs were fabricated using physical mixing and impregnation.  

Chapter 9 investigates the performance of VBC-fuelled CLC in a sub-pilot scale 10kWth 

setup. Here, the fuel type was varied alongside the temperature and OC particle size. A 

carbon balance was performed together with a study on NOx emissions. Also, a 35 cycle 

experiment was conducted over 40 hours to study the performance of the OC over longer 

durations.  

Chapter 10 highlights the conclusions from the various studies in this thesis alongside some 

practical implications. The chapter will be closed by providing some recommendations for 

future work to advance CLC with VBC. 

Figure 2-8 shows an overview of the structure of this thesis.  
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Figure 2-8 Thesis structure  
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2.8 List of Publications from this Research 

The following subsections list the journal and conference papers that have been published 

during the course of this research project as well as some others that have been prepared.   

2.8.1 Journal Paper Publications 

1. Use of Synthetic Oxygen Carriers for Chemical Looping Combustion of Victorian 

Brown Coal  

(S Rajendran, S Zhang, R Xiao, S Bhattacharya, Proceedings of the Combustion 

Institute) 

2. Use of Pyrite Cinder as an Iron-Based Oxygen Carrier in Coal-Fuelled Chemical 

Looping Combustion  

(S Zhang, S Rajendran, S Henderson, D Zeng, R Xiao, S Bhattacharya, Energy & 

Fuels) 

3. Chemical Looping Combustion of Coal in a 5 kWth Interconnected Fluidized Bed 

Reactor Using Hematite as Oxygen Carrier 

(J Ma, H Zhao, X Tian, Y Wei, S Rajendran, Y Zhang, S Bhattacharya, C Zheng, 

Applied Energy)  

2.8.2 Conference Proceedings 

1. Reduction Characteristics of Hematite- Victorian Brown Coal And Char Pellets For 

Applications To Chemical Looping Combustions 

(C Saha, S Rajendran, S Bhattacharya, International Workshop on Clean 

Technologies of Coal and Biomass Utilization, June 2012, Anshan, China) 

2. Experimental Investigation of Chemical Looping Combustion of Victorian Brown 

Coal using Hematite  

(C Saha, S Rajendran, K Hein, S Bhattacharya, Chemeca, September 2012, 

Wellington, New Zealand) 

3. Chemical Looping Combustion of Victorian Brown Coals – Scientific and Technical 

Issues  

(S Rajendran, C Saha, K Hein, S Bhattacharya, 2nd International Conference on 

Chemical Looping, September 2012, Darmstadt, Germany) 
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4. Chemical-Looping Combustion of Victorian Brown Coal using Mixed Oxygen 

Carriers of Iron and Manganese Oxides 

(S Zhang, S Rajendran, R Xiao, S Bhattacharya, Chemeca, September 2013, Brisbane, 

Australia) 

5. Chemical Looping Combustion of Victorian Brown Coal Using Iron Ores 

(T Karlsson, J Ma, S Rajendran, S Bhattacharya, The 39
th

 Clearwater coal 

conference, June 2014, Florida, USA) 

6. Chemical Looping Combustion of Coal in a 5 kWth Interconnected Fluidized Bed 

Reactor Using a Hematite Oxygen Carrier 

(J Ma, H Zhao, X Tian, Y Wei, S Rajendran, Y Zhang, S Bhattacharya, C Zheng, The 

3
rd

 International Conference on Chemical Looping, September 2014, Goteborg, 

Sweden) 

7. Chemical Looping Combustion of Victorian Brown Coal with Hematite and Ilmenite 

as Oxygen Carriers 

(M Wong, S Rajendran, S Bhattacharya, International Conference on Coal Science & 

Technology, September 2015, Victoria, Australia) 

2.8.3 Draft Journal Papers Prepared 

1. Effect of Inherent Coal Minerals on the Performance of Chemical Looping 

Combustion – A Thermogravimetric Analyzer Study 

(S Rajendran, S Zhang, M Rahman, R Xiao, R Gupta, S Bhattacharya) 

2. Use of Mn-, Cu- and Ni-based Synthetic Oxygen Carriers Supported on Fe2O3 in 

Chemical Looping Combustion of Victorian Brown Coal 

(S Zhang, S Rajendran, S Bhattacharya, R Xiao) 

3. In-situ Synchrotron Study of Fe2O3 Reduction with Victorian Brown Coal 

(S Rajendran, S Zhang, H Casely, R Xiao, S Bhattacharya) 

4. Reduction kinetics of Fe2O3 in the presence of Victorian Brown Coal 

(S Rajendran, A Marshall, M Jacobs, S Bhattacharya) 

The next chapter will provide details pertaining to the methodology employed for the 

various experimental and modelling studies undertaken in this thesis.  
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Chapter 3 Methodology 

This chapter will detail the various equipment used in this study together with the different 

analytical instruments used for the characterization of the fuels as well as the fresh and used 

OC particles. The two kinetic models, Shrinking Core Model and Modified Volume Reaction 

Model, will also be described in detail. Also, a summary of the experimental conditions 

employed in each of the studies will be provided at the start of the chapter. 

This chapter will detail the methodology of the work carried out in this thesis. 

3.1 Materials 

In this thesis, a few different OCs have been used alongside a Victorian brown coal, 

Yallourn, which was the primary fuel used in all of the investigations. A high ash Canadian 

lignite was used in one of the studies for comparison purposes. The materials that were used 

will be described in the following subsections.  

3.1.1 Fuel 

The fuel predominantly used in this study is Yallourn coal from the La Trobe Valley in 

Victoria, Australia. The properties of this fuel can be found in Table 3-1 below. As can be 

seen in the proximate analysis, around 50% of the fuel is composed of volatile matter, with 

around 47% fixed carbon and around 2% ash. Herein lies the important characteristics of this 

fuel, it has very low ash and high amounts of volatiles. A low ash content is favourable in 

combustion and even more so in CLC as this would reduce the potential interactions with the 

OC. A high volatile content means that a significant amount of the fuel is released in gaseous 

form, which can readily react with the OC. This would leave behind a smaller amount of 

char, which will then need to be gasified before it can react with the OC. As such, VBC 

would require less time to be gasified relative to high rank fuels such as bituminous coals and 

anthracite. The ultimate analysis shows that around 70% of the mass of the coal is comprised 

of carbon with around 24% oxygen, 5% hydrogen and less than half a percent each of 

nitrogen and sulphur. The low levels of sulphur and nitrogen are highly advantageous, as this 

would reduce the generated amount of sulphur and nitrogen containing gases. These would 

need to be separated and removed prior to compression and storage of the CO2. With respect 

to the ash composition, it can be seen that around 40% is Fe2O3 with appreciable amounts of 

SiO2, MgO, CaO, Na2O and Al2O3. The amount of TiO2 and K2O are minimal in Yallourn 

coal.  
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A Canadian lignite with a much higher ash content was also employed in a comparative study 

using a thermogravimetric analyzer (TGA). This coal sample was obtained from Boundary 

Dam, Alberta and the composition of this coal can be found in Table 3-1. A significant 

difference can be seen here with the ash content being almost an order of magnitude larger 

compared to Yallourn coal. Additionally, the fixed carbon and volatile matter content is 

around 10% lesser here compared to the VBC. The levels of carbon, hydrogen and oxygen 

are relatively similar to Yallourn coal with higher levels of sulphur and nitrogen. Unlike 

Yallourn coal, the ash in this coal is predominantly composed of SiO2 at around 42% with 

significant amounts of Al2O3 and CaO.  

Table 3-1 Composition of fuels  

Components Victorian brown coal Char from Victorian brown coal Canadian lignite 

Proximate Analysis (% db) 

Ash 2.4 4 19.8 

Volatile Matter 50.4 0.7 39.6 

Fixed Carbon 47.2 95.3 40.6 

Ultimate Analysis (% db, ash free)  

C  70.6 96.3 69.1 

H 4.6 0.8 5.0 

N 0.4 0.7 1.5 

S 0.2 0.2 0.9 

O 24.2 2.0 23.5 

Ash Composition (%) 

SiO2 10.4 4.4 41.6 

Al2O3 4.0 3.4 25.5 

Fe2O3 40.2 43.6 3.7 

TiO2 0.2 0.1 1.0 

K2O 0.6 0.3 0.5 

MgO 15.7 14.4 2.0 

Na2O 5.6 4.2 6.0 

CaO 7.8 11.8 12.7 

SO3 15.5 17.8 7.0 

db: dry basis 
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Some of the investigations involved the use of Yallourn char and the composition of this can 

be found in the above table. The coal was first placed into a fixed bed reactor having an 

internal diameter of 50 mm. The reactor was placed into a tubular furnace which was then 

heated to 1000°C at a rate of 10°C/min with N2 as the sweep gas. The use of N2 served to 

reduce the diffusion of oxygen into the reactor and provided an inert atmosphere to drive off 

the volatile matter present in the coal. The temperature was isothermally held for 8 hours, 

after which the furnace was switched off while retaining the N2 sweep gas. Once ambient 

temperatures were reached, the char was removed. 

3.1.1.1 Demineralization 

To study the effect of coal minerals on the performance of CLC, coal demineralization 

processes were employed to significantly reduce the amount of minerals present in the coal 

matrix. The demineralization would also lead to a reduction in the amount of ash formed 

from the thermal treatment of the coal. Yallourn coal was subjected to a three step 

demineralization process while the Canadian coal was demineralized using a solvent 

extraction process [1]. Although different demineralization methods were used, this was not 

the focus of the study and the final outcome, demineralized coal, was the same.   

The chemicals utilized for the demineralization of the Yallourn coal were NaOH, H2SO4 and 

HNO3. The demineralization process used was similar to that used by Yang et al. [2] with 

slight modifications. 100 mg of Yallourn coal was mixed with 600 mL of 10% NaOH 

solution and maintained at a temperature of 90°C for 90 minutes. This was then cooled down 

to room temperature and centrifuged to separate the NaOH from the coal. The coal was 

washed thoroughly with distilled water and subsequently filtered until a pH of 5 was reached 

in the filtrate. This coal was then mixed with 500 mL of 4% H2SO4 at a temperature of 80°C 

for 60 minutes. Following this duration, the mixture was diluted with distilled water and 

filtered until the filtrate had a pH of 5. Finally, the coal was mixed with 500 mL of 20% 

HNO3 solution for 60 minutes at a temperature of 80°C. When this was completed, the 

mixture was diluted and filtered as above but to a pH of 6.5. The retentate, demineralized 

coal, was dried to remove the moisture. The ash content of the demineralized coal was 

determined according to the AS 2434.8-2002 method and was found to be 0.46%. Since a 

very small amount of sample was generated, ash analysis could not be performed and as such 

it was assumed that the extent of demineralization of the different minerals was similar to that 

of Yang et al. [2]. The authors reported that approximately 90% of the silica and alumina 
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were removed during the caustic digestion, while 75% of the pyrite reacted with the caustic 

acid. The sulphuric acid leaching reduced the levels of organic sulphur and hematite. Lastly, 

the nitric acid leaching step removed a large proportion of the pyrite.  

The demineralization process of the Canadian coal required the use of hydrotreated solvent 

(heavy aromatic hydrocarbons) containing 58% aromatic proton as measured by 
1
H-NMR 

(Proton Nuclear Magnetic Resonance) and 84% aromatic carbon as measured by 
13

C-NMR 

(Carbon Nuclear Magnetic Resonance) using a Varian Inova-400 Nuclear Magnetic 

Resonance (NMR) spectrometer that was operated at 399.794 MHz for proton and 100.54 

MHz for carbon. The process involved heating the coal-solvent slurry to a temperature of 400 

°C under an inert nitrogen atmosphere with an initial and final pressure of 10 and 30 bar in an 

autoclave. The ash content of the demineralized coal samples was found to be 0.04% as 

determined according to the American Society for Testing and Materials (ASTM) D3174 

method  

3.1.1.2 Drying and Sieving 

As different studies had different requirements, the coal and char samples were crushed to the 

required size fraction and then dried overnight in a muffle furnace at 110°C. This was done to 

remove the moisture present in the fuel sample. Three different particle size ranges were used 

and this depended on the requirements of the study; the three particle size ranges were: 106-

150, 125-180 and 600-1000 µm.  

3.1.2 Oxygen Carriers 

As mentioned previously, a few different OCs were investigated and these are listed in the 

following subsections. 

3.1.2.1 Commercial Fe2O3 

Commercial Fe2O3 was employed in some of the studies and these were procured from Chem 

Supply. These were laboratory grade samples with a minimum assay of 96%, the remainder 

being predominantly moisture; these samples were sieved to a size range of 106-150 µm. 

Such a sample was used to limit the interactions of the coal ash to Fe2O3, as an iron-based ore 

would contain other minerals which may also interact with the ash. For one of the studies, 

this sample was calcined overnight at 950°C in the presence of air through the use of a muffle 

furnace.  



Chapter 3 Methodology 

 

48 | P a g e  

 

3.1.2.2 Synthetic Oxygen Carriers 

Several synthetic OCs were fabricated by supporting a secondary metal oxide (CuO, NiO and 

Mn2O3) on the primary metal oxide, Fe2O3, to yield bimetallic OCs. Two methods of 

preparation were employed, which were physical mixing and wet impregnation. These two 

methods were employed as the former is simple mechanical process while the latter provides 

a high degree of dispersion for the secondary metal oxide. Three different loading contents of 

the secondary metal oxide were investigated, which were 5, 10 and 20 wt%.  

The impregnated samples were prepared by mixing stoichiometric amounts of Ni(NO3)2, 

Cu(NO3)2 and Mn(NO3)2, all of which were commercially obtained, with Fe2O3 in a beaker to 

yield a final product containing 5, 10 and 20 wt% of the secondary metal oxide. Alternatively, 

the physically mixed samples were generated by mixing 5, 10 and 20 wt% of NiO, CuO and 

Mn2O3, all reagent grade samples, with Fe2O3 in 500 mL of distilled water in a beaker. The 

Fe2O3 used in both methods of preparation was of reagent grade and was commercially 

obtained as well. A beaker containing the slurry was then placed atop a heated magnetic stir 

plate operated at a temperature of 80°C with the stirrer rotating at 400 RPM to ensure good 

contact between the various reagents while ensuring quick evaporation of the liquid. To 

ensure consistency, the Fe2O3 sample was also mixed with water and subjected to the same 

procedure as the other samples. After 6 hours of mixing, the samples were air dried overnight 

at 110°C using an oven. These samples were then calcined at 900°C in a muffle furnace over 

a period of 8 hours to increase the mechanical strength. Once the samples had cooled down, 

they were crushed and sieved to a size range of 150-350 µm.  

The samples are denoted by the preparation method, followed by the percentage mass loading 

of the secondary metal oxide and terminated with the primary metal oxide. A sample called I-

20Mn-Fe represents an OC having 20 wt% of Mn2O3 impregnated onto Fe2O3.  

3.1.2.3 Natural Ores 

Two natural ores were used in two separate studies in this thesis. The first was obtained from 

Companhia Vale do Rio Doce (CVRD) in Brazil. The OC particles were calcined at 1000°C, 

after which they were sieved to a particle size range of 90-180 µm. The composition of this 

iron ore can be found in Table 3-2. It can be seen that this ore only contains Fe2O3 as the 

active metal oxide with minor amounts of SiO2 and Al2O3 making up the balance.  
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The second ore was obtained from Western Australia. The fresh sample was predominantly 

composed of geothite (FeO(OH)), hematite (Fe2O3) and silica (SiO2). Upon calcination, the 

geothite was found to oxidize to hematite and the composition of the calcined sample can be 

found in Table 3-2. The calcined OC can be seen to primarily contain Fe2O3 with small 

amounts of SiO2 and Al2O3. Additionally, some Na was present in the OC matrix. While CuO 

was also present, the amount was considered to be negligible as it was less than 0.02%. This 

OC was sieved to a size range of 150-350 µm for the vast majority of the experiments; to 

investigate the effect of the OC particle size, some were sieved to a size range of 106-150 µm. 

Table 3-2 Ore composition 

Compound Western Australian ore CVRD ore 

wt% 

Fe2O3 95.15 94.8 

SiO2 2.21 4.3 

Na2O 1.20 - 

Al2O3 1.11 0.9 

MgO 0.20 - 

P2O5 0.07 - 

SO3 0.02 - 

CuO 0.02 - 

As2O3 0.01 - 

ZnO 0.01 - 

3.2 Experimental Equipment and Analytical Instruments 

A number of different experimental equipment were used in this thesis, including a 

thermogravimetric analyzer (TGA), a bench scale fluidized bed reactor, a multipurpose 

reactor and a 10 kWth sub-pilot scale fluidized bed reactor. These will be described in detail 

in the following subsections.  

3.2.1 TGA 

A NETZSCH STA 449 F3 Jupiter TGA, as shown in Figure 3-1, was used in a few studies as 

it allows for the generation of precise mass loss and gain profiles. Additionally, the amount of 

sample required for an investigation in a TGA is in the order of mg, enabling preliminary 

results to be obtained before a larger sample size is used in a fluidized bed reactor.  
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The coal and OC mixture was placed into an alumina crucible having an 18 mm ID, a 10 mm 

depth and a 1 mm wall thickness with a tolerance of ±0.5 mm. The OC to fuel ratios ranged 

from 6:1 to 120:1 depending on the investigation. Once the OC and fuel mixture was 

prepared and placed into the crucible, it was then supported on a microbalance within the 

TGA. The TGA was then closed and the chamber evacuated by means of a vacuum pump to 

remove the contained air. Once a sufficient vacuum level was reached, the pump was 

switched off and the chamber filled with N2. Once atmospheric pressure was reached, it was 

ready to be used.  

A temperature program was then created to allow the temperature ramp rate and hold time to 

be specified. The gases to be introduced into the reactor during the reduction and oxidation 

periods were specified in the software. CO2 was used as the reducing gas while air was used 

as the oxidizing agent in all of the experiments. Once the experiment was over, the sample 

was allowed to cool to room temperature before either being reused in a multicycle 

investigation or stored for characterization studies. The following subsections, based on the 

titles of the result chapters, describe the conditions used in the different investigations. 

 

Figure 3-1 NETZSCH STA 449 F3 Jupiter TGA 

3.2.1.1 Effect of Coal Minerals on the Performance of CLC (Chapter 4) 

The Fe2O3 to coal ratio used was 6:1, similar to that used by Saha and Bhattacharya [3], 

which corresponds to the stoichiometric amount of oxygen needed to completely reduce the 

coal; 20 mg of coal was mixed with the corresponding amount of Fe2O3. A gas flow rate of 

23 mL/min consisting of 13% CO2 and 87% N2 by volume was used as the reducing 
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environment. These values were selected as they were used in a previous study on CLC [4]. 

The sample was subjected to this environment while the temperature of the furnace was 

increased at a rate of 5°C/min from ambient to a temperature of 200°C where it was held for 

five minutes to ensure the complete removal of the inherent moisture present in coal. 

Subsequently, the temperature was ramped up to a value of 950°C at a rate of 10°C/min and 

held isothermally for 1 hour. The gases were then switched to allow for oxidation of the 

reduced OC by introducing air and N2 at a 13:87 ratio by volume, with a total flow rate of 23 

ml/min, for a period of 1 hour. Finally, the sample was allowed to cool down to room 

temperature. Upon completion, another batch of 20 mg of coal was added to the crucible 

which contained the reoxidized OC and ash from the combusted coal. This ash could not be 

separated and hence accumulated in the crucible over the course of the experiment. A total of 

five redox reactions were performed for each test. Some tests were conducted in absence of 

the OC to study the catalytic effect of Fe2O3 on the gasification of coal. 

3.2.1.2 In-situ Synchrotron Study of Fe2O3 Reduction with Victorian Brown Coal 

(Chapter 5) 

The Fe2O3 OC was mixed with coal at a ratio of 6:1, corresponding to the stoichiometric 

amount of oxygen needed to completely reduce the coal. Coal totalling 20 mg was mixed 

with 120 mg of Fe2O3 and placed into the crucible. A gas flow rate of 23 mL/min consisting 

of 13 v/v% CO2 and balance N2 was used for the reduction reaction with the former as the 

gasification agent. The crucible was placed into the TGA at ambient temperature and the 

temperature of the furnace was then increased to 200°C at a rate of 5°C/min after which it 

was held at the set temperature for five minutes. The temperature was then gradually 

increased to the experimental temperature of 950°C at a rate of 10°C/min and then 

isothermally held for one hour to provide sufficient time for the reduction reaction. The CO2 

gas was then replaced with air at the same flow rate to initiate the oxidation reaction and this 

was carried out for one hour to completely reoxidize the OC sample. Finally, the sample was 

cooled down to room temperature and retrieved for subsequent characterization. To fully 

study the OC carbon deposition phenomenon, the experiment was terminated at three 

different points during the reduction period (110, 135 and 160 minutes from the start of the 

reaction) and the sample was removed to allow for its characterization. These values were 

chosen as the first point denoted the lowest point in the TGA curve. Subsequently, a weight 

gain was observed, which continued until the 160
th

 minute mark after which it was stable; 
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this was the third point. The second point was taken to better understand what was occurring 

to the sample between the first and third points.  

3.2.1.3 Reduction Kinetics of Fe2O3 with Victorian Brown Coal (Chapter 6) 

A ratio of 80:1 between the OC and char was used and this corresponded to the 

stoichiometric amount necessary to ensure that the OC was not reduced beyond Fe3O4. A 

factor of 1.5 was used to this ratio to provide excess OC, yielding a ratio of 120:1. Char 

totalling 2 mg was mixed with 240 mg of Fe2O3 and placed into the crucible. Subsequently, 

this was positioned in the TGA. A gas flow rate totalling 100 ml/min was used throughout 

this study with N2 introduced at the initial stages as an inert gas. The temperature was 

increased from ambient at a rate of 10°C/min to the experimental temperature, which ranged 

from 725°C to 900°C. Once the set point was reached, the gas was switched to a mixture of 

CO2 and N2. The concentration of CO2 was varied from 5% to 50%; this affected the 

gasification rate of the char, leading to a variation in the reduction of the OC. While it would 

have been simpler to just increase the amount of the fuel, this would have resulted in the 

reduction of the OC beyond Fe3O4, which was not part of the scope of this study. The 

temperature was isothermally held until the reduction was complete and this varied from 10 

minutes at 900°C to 6 hours at 725°C. Upon completion of the reaction, the furnace was 

allowed to cool down and the sample removed and stored for characterization.  

3.2.1.4 Performance of Synthetic Oxygen Carriers (Chapter 8) 

Experiments were performed in a TGA to study the performance of the OC. The experiments 

were performed with a gas flow rate of 60 mL/min of which 10 mL/min was CO2 and the 

balance N2. This corresponds to 17% CO2 and 83% N2, which is slightly different from the 

13:87 which has been used previously. The OC mass was maintained at 900 mg while the 

mass of the coal sample was varied depending on the desired OC-coal ratio. The experiments 

were performed at 800, 850 and 900°C. These were done to perform sensitivity analyses on 

the OC’s reactivity as a function of the amount of fuel, temperature and loading content. 

3.2.2 Bench Scale Fluidized Bed Reactor 

After the OCs were tested in the TGA, some were used in a bench scale fluidized bed reactor. 

The picture of the reactor can be found in Figure 3-2. This fluidized bed reactor was capable 

of batch fuel feeding and was operated in an alternating mode, cycling between the reduction 

and oxidation reactions. The schematic of the reactor can be found in Figure 3-3 below. The 
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reactor was constructed of 253MA high-temperature stainless steel to withstand the high 

reaction temperatures that were used. It has an internal diameter of 50 mm and a length of 

approximately 1 m, with a sintered plate as the distributor. A thermocouple with a diameter 

of 3.2 mm was positioned atop the distributor plate to monitor the temperature of the bed 

material. The fuel was fed from the top using a ball valve and isolated from the atmosphere 

by means of a stainless steel cap. The gas outlet was located at the top of the reactor, where a 

portion of the outlet gases were directed through an online gas analyser with the balance 

vented. The reactor was enclosed within an electrically heated furnace that could be operated 

up to 1000°C. The next subsection details how this reactor was used in the various studies. 

 

Figure 3-2 Bench scale fluidized bed reactor 
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Figure 3-3 Schematic of the bench scale fluidized bed reactor 
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3.2.2.1 Performance of Synthetic Oxygen Carriers (Chapter 8) 

Initially, 50 g of sand was added into the reactor followed by 60 g of the OC. The furnace 

was then heated to 900°C and gases totalling 6 L/min of 20 v/v% CO2 with balance N2 were 

introduced into the reactor. Once the set temperature was reached, 0.6 g of Yallourn coal was 

added into the reactor. This translates to an OC to fuel ratio of 100:1, which is in excess of 

the stoichiometric amount of 80:1 that is necessary for the reduction of Fe2O3 to Fe3O4. The 

exhaust gases from the reactor passed through moisture and particulate matter traps before 

entering an online gas analyser with the capability of measuring CO2, CO, CH4, O2 and H2. 

When the reduction reaction was complete, the CO2 line was shut off and N2 was introduced 

into the reactor to prevent back mixing of the gases. After five minutes, air was introduced 

into the reactor to oxidize the reduced OC particles. Once the O2 concentration reached a 

steady value, the oxidation was deemed to be complete. The second reduction experiment 

was initiated after switching the gas from air to CO2, followed by the addition of another 

batch of fuel. Ten redox reactions were performed with the last run terminated after the 10
th

 

reduction. The furnace was then switched off and the samples were collected once the reactor 

reached ambient temperatures. It is acknowledged that while this design will not ensure 

intimate contact between the OC and coal volatiles, it will provide a platform for the relative 

comparison of the performance of the OCs. 

3.2.2.2 Operational Experience with a 10kWth Alternating Fluidized Bed Reactor 

(Chapter 9) 

Here, 50 g of sand was added into the reactor before the addition of 100 g of the Western 

Australian ore. The furnace was operated at 900°C with a fluidizing gas flow rate of 6 L/min 

consisting of 20 v/v% CO2 and balance N2. Similar to the above, an OC to fuel ratio of 100:1 

was used. Hence, 1 g of coal was added into the reactor. Upon completion of the reduction 

step, N2 was used to purge the reactor before the CO2 stream was replaced by air to oxidize 

the OC. The gases at the exhaust were directed through an online gas analyser. Ten redox 

reactions were performed and the experiment was terminated at the 10
th

 reduction reaction. 

3.2.3 Multipurpose Reactor 

A multipurpose reactor was used in one of the studies and the schematic for the operation of 

the fixed bed reactor mode can be found in Figure 3-4 below. During fluidized bed operation, 

the inlets and outlets for the gases were swapped to allow for the fluidization gas to be 

introduced from the bottom. This reactor is located in Southeast University and the 
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investigations performed using this reactor was done in collaboration with project partners 

from said university. The reactor was constructed of stainless steel, with a design pressure of 

2 MPa at 1000°C. The reactor has an inner diameter of 30 mm and a length of 950 mm, with 

the distributor plate located around the halfway mark, lengthwise. The furnace temperature 

was controlled based on the temperature readings obtained using a K-type thermocouple 

enclosed within the furnace. The temperature within the reactor was manipulated by 

observing the temperature measured by a second K-type thermocouple inside the reactor. 

 

Figure 3-4 Schematic of multipurpose reactor (fixed bed mode) located in Southeast 

University [5] 

3.2.3.1 Effect of Reactor Operating Mode (Chapter 7) 

Three modes of operation were investigated using this reactor: Fluidized bed, atmospheric 

fixed bed and pressurized fixed bed. The pressurized experiment was conducted at a pressure 

of 5 bar. The temperature was kept at 970°C for all the conditions to provide a standard for 

comparing the different operating modes with one another and with experiments previously 
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done by Zhang et al. [6] using a Chinese bituminous coal. The experiments were conducted 

in a cyclic manner, alternating between reduction and oxidation reactions. 

During the atmospheric and pressurized fixed bed experiments, gases were fed from the top 

of the reactor. The gases used for the reduction experiments consisted of steam for the 

gasification of the coal and N2 as the carry gas. With respect to the operation of the fluidized 

bed reactor, the same gases were introduced through the distributor plate at the bottom. The 

flow rate of N2 was controlled using a mass flow controller (MFC) while a High Performance 

Liquid Chromatography (HPLC) pump was used to deliver a precise and accurate amount of 

distilled water into a steam generator operated at 250°C. The pump could deliver a flow rate 

of up to 10.0 mL/min with an accuracy of ±1%. The total gas flow rate used in all three 

reactor configurations was 1040 ml/min, with steam accounting for 74% of the flow rate. 

Before the start of the experiment, 40 g of quartz sand having a size range of 600-1000 µm 

was introduced into the reactor and placed on the distributor plate. This was done to ensure 

that none of the coal or OC particles channelled through the perforations of the distributor 

plate. An OC to coal ratio of 100:1 was used in all modes of operation. This is in excess of 

the stoichiometric amount of oxygen necessary to completely combust the fuel while 

ensuring that the OC was not reduced beyond Fe3O4. Initially, 40g of the CVRD ore, having a 

particle size range of 90-180 µm, was introduced into the reactor. Subsequently, the reactor 

was heated to the operating temperature while a gas mixture consisting of 5 v/v% O2 with 

balance N2 at a flow rate of 1000 mL/min was introduced into the reactor. As soon as the 

experimental conditions were reached, the gases in the reactor were changed to steam and N2.  

With respect to the operation of all three reactor modes, 0.4 g of coal having a size range of 

125-180 µm was placed into the isolation valve and then introduced into the reactor. For the 

pressurized fixed bed reactor, a pressure regulator at the gas outlet was manually manipulated 

to maintain a pressure of 5 bar in the reactor. As soon as coal was introduced into the reactor, 

the generated gases caused the pressure within the reactor to increase. Hence, the valve had to 

be opened to relieve the pressure. Therefore, the work with the pressurized fixed bed unit was 

done on the basis of an averaged pressure of 5 bar.  

After the coal was introduced into the reactor, it underwent devolatilization and in-situ 

gasification by steam. The generated gases then reacted with the OC to form CO2 and steam. 

The flue gases then exited the reactor and went through a particle trap and steam condenser. 

This was done to generate clean dry gas by removing the particulate matter and condensing 
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the steam. These gases were then diluted with 1500 mL/min of N2 after which the mixture 

was fed into an Emerson online gas analyser capable of detecting CO2, CO, CH4, H2 and O2. 

The gases were diluted to provide a sufficient flow rate into the gas analyser. The reactions 

were deemed to be complete as soon as the gas concentration fell below the detection limit of 

the gas analyser. This was found to be around 30 minutes for the reduction reaction. 

Subsequently, 1000 mL/min of N2 was introduced to purge the reactor for 10 minutes. This 

was done to ensure that there was no mixing between the gases from the reduction and 

oxidation steps. Upon completion, the oxidation of the OC was initiated by introducing 1000 

mL/min of a gas mixture consisting of 5 v/v% O2 with 95 v/v% N2. The oxidation was found 

to also complete within 30 minutes. The low concentration of oxygen was chosen in place of 

air to prevent excessive localized heating of the OC due to the strong exothermic nature of 

the reaction between O2 and the reduced OC. Once the oxidation was complete, the reactor 

was again purged with N2 for 10 minutes to drive off the oxygen contained within. This point 

marks one completed reduction-oxidation cycle. The next cycle is initiated by introducing the 

steam and N2 mixture. Upon stabilization of the online gas analyser readings, the coal was 

introduced and this was repeated 10 times. After the tenth reduction reaction, the reactor was 

cooled down in the presence of N2 and the OC samples were collected for analysis once the 

reactor reached ambient temperatures. The gas flow rates during the reduction, oxidation and 

purge periods were kept constant to minimize pressure fluctuations in the reactor during the 

operation of the pressurized fluidized bed reactor. 

3.2.4 10kWth Fluidized Bed Reactor  

The schematic for the 10 kWth fluidized bed reactor can be found Figure 3-5, while a 

photograph of the setup can be found in Figure 3-6. The reactor was constructed using 

253MA stainless steel, which has excellent thermal stability and corrosion resistance. The 

main reactor zone has a diameter of 100 mm and a height of 1.5 m. The distributor used in 

this setup was a collection of tuyeres. Beyond the main zone, there is an expanded freeboard 

section with a diameter of 150 mm and a height of 2 m. Two cyclones were designed and 

installed to capture the generated fines, with the secondary cyclone purposed at increasing the 

solids capture efficiency. The primary cyclone has a cyclone diameter (Dc) of 250 mm, while 

the secondary cyclone has a Dc of 150 mm. A sampling point was introduced between the 

primary and secondary cyclones to enable a small amount of the gases to be extracted for 

analysis. These gases passed through a series of particulate filters and moisture traps before 

entering an online gas analyser.  
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The flow rates of N2 and CO2 were controlled using MFCs and a rotameter was used to 

obtain the desired flow rate of air. The solids were fed into the main reactor zone using a 

screw feeder that was connected to a hopper containing the solids; N2 was used to aid the 

delivery of the solids into the reactor. 

 

Figure 3-5 Schematic of the 10 kWth fluidized bed reactor 
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Figure 3-6 Photograph of the 10 kWth fluidized bed reactor 

3.2.4.1 Operational Experience with a 10 kWth Alternating Fluidized Bed Reactor 

(Chapter 9) 

A gas manifold housed the MFCs and rotameters that were used to control the flow rates of 

the gases. The flow rates of the N2 and CO2 gases was controlled using MFCs while a 

rotameter was used to manipulate the volumetric flow rate of air to obtain the desired value. 

The gases were then homogeneously mixed in a gas mixer. A two pass heat exchanger system 

was implemented to preheat the gases and this was achieved by enclosing the gas line within 

the furnace. The preheated gas then entered the reactor through tuyeres which acted as 

distributors. The bed material consisted of a layer of sand followed by the OC. The gases then 

entered and passed through the main reactor zone into the expanded freeboard and through 
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the cyclones before being vented. Between the first and second cyclones, a sampling point 

was introduced and a fraction of the gases, around 1-2 L/min, was then vacuumed through the 

slipstream. The gases then went through a particulate filter to remove the remainder of the 

solids and then entered a gas cooler which was a one pass heat exchanger with water as the 

cooling medium. The cooled and cleaned gas then entered a particulate and moisture trap to 

ensure complete removal of all the solids and condensed liquids.  

The gases were then introduced into an online gas analyser connected to a data acquisition 

system before being vented. The online gas analyser was made by Fuji Electric Co., Ltd. It 

had the capability of measuring the concentrations of CO2, CO, CH4, H2 and O2. It should be 

noted that the concentration readout does not add up to 100% due to dilution by N2. All along 

the setup, three pressure transducers and four thermocouples were installed to monitor 

changes in these two values to help identify regions wherein issues were developing.  

With respect to the solids in the reactor, firstly 1 kg of sand with a particle size range of 

1000-2000 µm was introduced into the reactor and this acted as an inert layer on the 

distributor as well as a secondary distributor for the gases. Then, 5 kg of the OC was 

introduced into the reactor over a period of 1 hour. The sand and OC were added using the 

same screw feeder that is used to introduce the coal into the reactor. The following section 

will detail the daily operating protocols for the experiments.  

Firstly, with respect to the gas analyser, a zero calibration for all gases and a span calibration 

for O2 were performed. The gases were introduced into the reactor at a total flow rate of 25 

L/min, consisting of 80 v/v% air and 20 v/v% N2. Then, the sand and OC were introduced 

into the reactor. This was done to oxidize and calcine the OC particles prior to utilizing it. 

Four different temperatures were investigated in this study at 100°C intervals between 700-

1000°C. Once the temperature set point was reached, the gases were switched over to the 

mixture consisting of CO2 and N2. The flow rate used was 25 L/min with 20 v/v% CO2
 
and 

balance N2. After the gas concentration was found to have stabilized based on the online gas 

analyser readout, the fuel was introduced into the reactor. A point to note here is that the fuel 

was introduced into the OC bed. 50 g of the fuel was fed into the reactor at an average rate of 

16.6 g/min. This translates to an initial OC to fuel ratio of 100:1, which would ensure that the 

OC was not reduced beyond Fe3O4 while combusting the fuel. The fuel first devolatilized and 

these gases reacted with the OC; subsequently, the carbon in the fuel was gasified by CO2 to 

produce CO which then reacted with the OC to form CO2. The generated gases were then 

vacuumed through the slipstream in between the two cyclones and passed through the various 
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traps and coolers before entering the online gas analyser. The reduction was allowed to occur 

over a period of 30 minutes, after which the CO2 MFC was shut off and N2 was used as a 

sweep gas to remove the residual gases in the system. After ten minutes, 20 L/min of air and 

5 L/min of N2 was introduced into the reactor to oxidize the reduced OC particles, which took 

place over a course of 30 minutes. A low oxygen concentration was employed to prevent 

excessive localized temperatures on the OC particles during the oxidation reaction, which is 

highly exothermic and could potentially lead to sintering. This marked one complete redox 

cycle and this was repeated another five times, yielding a total of six redox reactions in one 

experiment. The reason the experiment was terminated at the sixth reduction was due to the 

fact that operational experience has shown that the operation stabilizes around the fifth/sixth 

cycle. The sixth run was terminated at the reduction step, after which the furnace was turned 

off while the reactor was fluidized and also cooled by N2 to prevent oxidation by air which 

may enter the reactor. The reduced samples were collected the next morning by draining 

them out of the reactor and these were stored in sealed containers. The samples from the 

catch pots were also collected and stored. Besides the temperature variation study, one study 

was dedicated to investigating the effect of the OC particle size. Then, a study was 

undertaken to investigate the effect of the fuel on the performance of CLC and this was done 

by using char instead of coal. Lastly, an experiment was conducted over 35 redox cycles to 

study the OC performance over a period of 40 hours; this was accomplished over a period of 

6 days.  

3.3 Gas Phase Measurement 

The analysis of the gases generated during the operation of the reactors is important as it 

allows for the quantification of the performance of the OC in a given setup. From the 

concentration of the various gases, the carbon conversion of the fuel as well as the CO2 yield 

can be calculated and this will be discussed in the subsections to follow. These parameters 

allowed for the comparison of the different OCs that were used. Additionally, the 

concentration of N containing gases such as NO2, NO and N2O were also quantified.  

3.3.1 Online Gas Analysis 

Two different online gas analysers were used in the various studies in this thesis involving 

the fluidized and fixed bed reactors. Experiments in the TGA were not subjected to such an 

analysis, as the flow rate of the generated gases was insufficient for use in an online gas 

analyser.  
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The first gas analyser was from Fuji Electric Co., Ltd. This gas analyser was used for all the 

studies employing a fluidized bed reactor, except for the study involving the multipurpose 

reactor. This unit consisted of two parts. It had a ZRE Non-Dispersive Infra-Red type gas 

analyser coupled with a ZAF3 thermal conductivity gas analyser. The ZRE unit was used to 

measure the concentrations of CO2, CO, CH4 and O2 while ZAF3 was used to detect and 

quantify the concentration of H2. CO2 had a span of 100%, O2 had a span of 25% while both 

CO and CH4 had a span of 10%. On the other hand, the span for H2 was 50%. 

The second gas analyser was only used in the study employing the multipurpose reactor. It 

was an Emerson unit capable of detecting and quantifying the concentrations of CO2, CO, 

CH4, H2 and O2. This unit is located in Southeast University.  

3.3.2 NO, NO2 and N2O Analysis 

The concentrations of NO and NO2 were measured using Dräger-Tubes
®
, which allowed for 

the measurement and quantification of gases even at levels of parts per million (ppm). The 

gases evolved in the study using the 10 kWth reactor were collected in a gas bag for analysis. 

A Dräger Accuro® gas detector pump was used to draw 100 mL of gas per stroke of the 

pump through the Dräger-Tube
®
. Depending on the gas being analysed, the number of 

strokes of the pump and the time period over which it was drawn varied. The gases that were 

drawn in through each stroke of the pump then entered the Dräger-Tube® and reacted with 

the chemicals contained within the tubes. Upon completion, the gas concentration was read 

off the graduation on the tube, which was found along its length. The number that was read 

off the graduation was based on the length of the colour change of the chemicals in the 

Dräger-Tube®.  

The gases which were collected in the gas bag were also analysed for N2O. A small amount 

of the gas was drawn out using a gas syringe and then evacuated into an exetainer. The 

exetainer was then placed into a Varian Gas Chromatograph (GC) to obtain the concentration 

of N2O present in the gas sample.  

3.4 Sample Characterization 

The OC samples that were collected from each of the different studies were subjected to a 

variety of analytical analyses to characterize both the fresh and used particles. Instruments 

such as a Scanning Electron Microscope (SEM), an Energy Dispersive X-ray Spectroscope 

(EDS), an X-ray Diffraction (XRD) unit, an X-ray Fluorescence (XRF) unit, an Accelerated 



Chapter 3 Methodology 

 

63 | P a g e  

 

Surface Area and Porosimetry (ASAP) unit and a particle size distribution unit allowed for 

the used OCs to be characterized and compared to the fresh samples. Such a comparison 

yielded useful information that helped to understand and explain the experimental results. 

The following subsections will detail each of these analytical techniques. 

3.4.1 Scanning Electron Microscope (SEM) 

The use of an SEM allows for the investigation of the changes in the morphology of the OC 

particles. Such an analysis can show if the OC particles had undergone sintering, attrition or 

even agglomeration. A JOEL 7001F SEM, as shown in Figure 3-7, was used to characterize 

the fresh and used OC samples. The working distance used was 6 mm while an accelerating 

voltage of 30 kV was employed. With regards to the sample preparation, a few variants were 

used and this was due to the updating of the operating protocols by the scientists at the 

Monash Centre for Electron Microscopy. In some studies, a carbon strip on the sample stub 

was used to secure the OC samples. In others, a thin layer of cyanoacrylate was smeared on 

the sample stub and the OC particles were placed on it. Once the samples were placed onto 

the sample stub, they were coated with a thin layer of either Iridium or Platinum, having 

thicknesses of 2-3 nm. This was done to minimize the charging of the samples by the X-rays. 

The sample stub was then loaded into the instrument to begin the analysis. A few different 

levels of magnifications were used to get a better understanding of the changes in the 

morphology of the particles. A lower magnification was used to obtain the entire OC particle 

in the micrograph to study changes in its structure to determine if it had undergone attrition or 

agglomeration; a higher magnification was employed to study the changes in the grain 

structure to investigate if the grains had undergone sintering. 

3.4.2 Energy Dispersive X-ray Spectroscope (EDS) 

The use of an EDS allows for the changes in the chemical composition of the OC to be 

investigated. An Oxford Instruments X-Max 80 Silicon Drift EDS detector coupled with the 

aforementioned JOEL 7001F SEM was used. An image of this setup can be found in Figure 

3-7. The same sample stub used in the SEM analysis was also used when performing the EDS 

studies. The only differences are that a larger working distance of 10 mm was used while the 

accelerating voltage was reduced to 15 kV. The instrument allowed for a variety of analysis 

to be performed, such as a single point scan, an area scan and elemental mapping of the 

different elements present on the sample. An area scan was performed for most of the 

samples, as this provided a statistically better surface elemental analysis compared to a single 
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point analysis. In the study employing the synthetic OCs, elemental mapping was done to 

study the distribution of the secondary metal oxide on the synthetic OC. 

 

Figure 3-7 JOEL 7001F SEM with an Oxford Instruments X-Max 80 Silicon Drift EDS 

detector [7] 

3.4.3 X-ray Diffraction (XRD) 

An XRD was used to determine the presence of crystalline phases on the surface of the OC 

particle. A Rigaku Miniflex 600, as shown in Figure 3-8, was used to perform the XRD 

analysis. A Cu target with Kα radiation was used at 40 kV and 15 mA. To secure the sample 

onto the sample holder, a thin layer of silicon was used. This was done to prevent the sample 

from falling off the holder as it was spun during the analysis. The analysis was conducted in a 

step-scan manner over a 2θ range of 3-80° with a step size of 0.02°.  

 

Figure 3-8 Rigaku Miniflex 600 [8] 
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3.4.4 Synchrotron High-Temperature In-Situ X-ray Diffraction 

The XRD beamline at the Australian Synchrotron was used for in-situ studies on the phase 

changes of the OC in the presence of VBC. The technical details of the setup can be found in 

a work by Wallwork et al. [9], while an image of the setup can be found in Figure 3-9.  

 

Figure 3-9 Synchrotron XRD beamline 

The OC-coal sample was loaded into a 0.5 mm ID (0.6 mm OD) quartz capillary. This was 

then placed into a flow cell that was later loaded into the flow cell holder. The X-ray beam, 

having dimensions of 1 mm by 1.2 mm, was focused vertically and the capillary was aligned 

to the centre of this beam. The flow cell and capillary were then continually oscillated in 10° 

arcs to average out any preferred orientation in the sample and enhance the powder 

diffraction patterns collected by the MYTHEN-II strip detector [10]. The temperature of the 

capillary area probed by the X-ray beam was controlled using a hot air blower that went from 

ambient to 950°C at a rate of 10°C/min. The wavelength used was 0.95362Å and this was 

obtained through Rietveld refinement of a NIST LaB6-660b standard diluted with powdered 

diamond; the Rietveld refinement of the standard was performed using the software TOPAS 

[11]. Diamond was added as LaB6 is a strong absorber of X-rays, especially when the beam is 

at low energies, such as the beams generated by a synchrotron. The first diffraction pattern 

was collected at room temperature and served as a baseline, while subsequent data were 
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collected from 300°C to 950°C at 50°C intervals. These data were acquired over 1 minute at 

each interval. A gas flow rate of 1 L/min was used during the reduction reaction, of which 20 

v/v% was CO2 and the balance N2. The temperature was then held isothermally until the 

diffractograms stabilized, which took around 15-25 minutes. Upon stabilization, the CO2 was 

replaced by air to oxidize the reduced OC and this was only done for the first set of 

conditions due to time constraints.  

Three different sets of experiments were performed. The first was done to compare with the 

results obtained from the TGA analysis and involved using a 6:1 ratio of homogeneously 

mixed Fe2O3 and coal. The second and third experiments were done to study the extent of 

reduction of Fe2O3 using a maximum loading of the fuel. For this, the second experiment was 

undertaken with coal and the third with char prepared at 950°C. The fuel and OC in the 

second and third experiments were segregated; the ratio used was approximately 2.6 parts of 

fuel to 1 part OC. This was done as the amount of sample that can be contained in the 5 mm 

long heated zone was very small; by doing this, a greater extent of reduction could be studied. 

Rietveld refinement was done using the GSASII software [12] to obtain the cell parameters 

(lattice parameters) and microstructure (crystallite size). The lattice parameter refers to the 

physical dimensions of a unit cell in a crystal lattice; the lattices are typically three-

dimensional and have three lattice constants which are denoted by a, b and c. On the other 

hand, the crystallite size represents the size of a single crystal in the powder form.  

3.4.5 X-ray Fluorescence (XRF) 

To determine the bulk composition of the OC, particularly the fresh sample, XRF was used. 

Firstly, the sample was mixed with Hoechst wax C powder from Merck at a ratio of 1:4. Next, 

the powdered mixture was placed into a sample holder having an inner diameter of 31 mm. 

Subsequently, this was placed into a SPEX SamplePrep 3635 pelletiser. The sample holder 

was subjected to a pressure of 20 tonnes for 2 minutes after which the pressure was slowly 

released over a course of 30 seconds. Next, the pellet was placed into a Rigaku NEX CG 

XRF unit as shown in Figure 3-10. This unit has an X-ray tube with a Palladium anode. The 

sample was then analysed and compared to a standard database to obtain the concentration of 

each of the elements.  
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Figure 3-10 Rigaku NEX CG [13] 

3.4.6 Accelerated Surface Area and Porosimetry (ASAP) 

One of the factors that affect the reactivity of an OC is its surface area as this roughly 

translates to the amount of area available for reaction with the combustible gases. Hence, a 

Micromeritics ASAP 2010 unit, as shown in Figure 3-11, was used to obtain the Brunauer, 

Emmett and Teller (BET) surface area as well as the cumulative pore volume and average 

pore size. These values allow the fresh and used OC particles to be compared quantitatively.  

 

Figure 3-11 Micromeritics ASAP 2010 
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3.4.7 Particle Size Distribution  

To investigate changes in the particle size distribution of the OC before and after a reaction, a 

Malvern Mastersizer 2000 with a Scirocco 2000 dry cell operated using air as the dispersant 

was utilized; an image of this instrument can be found in Figure 3-12. This instrument was 

used to obtain the particle size distribution of the OC alongside the surface weighted mean 

diameter. Additionally, the d(0.1), d(0.5) and d(0.9) diameters were also obtained.; these 

represent the volume mean diameter at which 10%, 50% and 90% of the distribution is below.  

 

Figure 3-12 Malvern Mastersizer 2000 with a Scirocco 2000 dry cell 

3.5 Modelling 

Modelling, such as thermodynamic and kinetic modelling, is an important component in any 

research. Models enable quick predictions of the outcomes for a given set of parameters 

without the need to conduct individual experiments and this saves cost and time. Two 

different models were used in this thesis and are described below. 

3.5.1 Thermodynamic Modelling  

Thermodynamic modelling allows the equilibrium concentration of the products in a reaction 

to be determined. Such a model provides information relating to the extent of consumption 

and generation of certain compounds, but disregards reaction kinetics. Typically, in a 

thermodynamic model, the prevailing assumption is that the reactants are in perfect contact 

with one another for an infinite amount of time, hence discounting reaction kinetics.  

FactSage 6.4 [14] and HSC Chemistry [15], both thermodynamic equilibrium modelling 

software, were used to determine the equilibrium product concentrations for reactions 
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mimicking the experiments that were performed. FactSage 6.4 was used to generate phase 

diagrams as well as to predict and quantify the formation of possible phases from the 

interaction between the fuel ash and the OC. HSC Chemistry, on the other hand, was used to 

generate an Ellingham diagram, which shows the variation in the Gibbs free energy as a 

function of temperature. The results from these models were then compared to the 

experimental results to determine the degree of similarity between the two results.  

Thermodynamic models generated using FactSage can be found in Section 4.6 of Chapter 4 

and Section 5.4.2 in Chapter 5. An Ellingham diagram was generated using HSC Chemistry 

and this can be found in Section 5.4.1 in Chapter 5. 

3.5.2 Kinetic Modelling 

As mentioned in the literature review chapter, to date, no model is capable of simulating the 

reduction kinetics of an OC in the presence of a solid fuel; there have been publications on 

the OC reduction kinetics in gas-fuelled CLC systems [16, 17]. Unlike thermodynamic 

models, kinetic models are capable of determining the time required for a given reaction to 

complete. Additionally, the obtained kinetic parameters from the model can be used in 

Computation Fluid Dynamics (CFD) modelling to study the hydrodynamics of a system.  

Two kinetic models, the Shrinking Core Model (SCM) and the Modified Volume Reaction 

Model (MVRM), were employed to map the reduction of the OC under a number of different 

conditions. To obtain sufficient data for the models, four experiments were performed at 

temperatures of 750°C, 800°C, 850°C and 900°C with a constant CO2 concentration of 10 

v/v%. Subsequently, the CO2 concentration was varied between 5 v/v%, 10 v/v%, 20 v/v% 

and 30 v/v% at a constant temperature of 850°C. These seven experiments formed the basis 

for the generation of the model and are referred to as the model data experiments. To validate 

the model, experiments with the following conditions were performed: 850°C and 15 v/v% 

CO2; 850°C and 40 v/v% CO2; 825°C and 25 v/v% CO2; 800°C and 20 v/v% CO2. The 

details relating to the generation of these models are shown in Section 3.6.3 below.  

3.6 Data Processing 

The processing of raw experimental data is an important aspect, as it allows for the 

acquisition of certain important information, such as carbon conversion and CO2 yield. The 

subsections to follow will detail how the obtained raw data were processed. 
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3.6.1 Thermogravimetric Analyzer 

As mentioned, a TGA allows for precise and accurate mass loss and gain measurements to be 

performed. Hence, the following parameters were calculated using the data from the TGA.  

Fractional reduction, 𝑋𝑟 =  
𝑚𝑖−𝑚

𝑚𝑖− 𝑚𝑟
 3.1 

Fractional oxidation, 𝑋𝑜 =  
𝑚− 𝑚𝑟

𝑚𝑓− 𝑚𝑟
  3.2 

Global reduction rate, 𝐺𝑟 =  
𝑑𝑋𝑟

𝑑𝑡
 3.3 

Instantaneous reaction rate, 𝑟𝑖𝑛𝑠𝑡 =  
∆𝑚

𝑀∆𝑡
 3.4 

Conversion, 𝑋 =  
𝑚𝑖−𝑚

𝑚𝑖−𝑚𝑓
   3.5 

Symbol definition:  

m  Instantaneous mass of the sample at any point during the reaction (kg) 

mi  Initial mass of the sample (kg) 

mr  Mass of the reduced sample (kg) 

mf Final mass of the sample (kg)  

∆t  Incremental time 

∆m  Mass loss/gain over an incremental time (kg) 

3.6.2 Fluidized Bed and Fixed Bed Reactors 

The instantaneous gas fraction during the reduction reaction is obtainable using the following: 

𝑓𝑖 =
𝑥𝑖

(𝑥𝐶𝑂+𝑥𝐶𝑂2+𝑥𝐶𝐻4+𝑥𝐻2)
  3.6 

Symbol definition: 

fi  Fraction of the desired component i (CO2, CO, CH4, H2) at any given point in time  

xi  Molar fraction of the desired species.  

The CO2 yield equation calculates the amount of CO2 evolved relative to all the carbonaceous 

gases and is shown below, where �̇�𝑜𝑢𝑡  (mol s
-1

) denotes the outlet molar gas flow rate:  

𝐶𝑂2 𝑌𝑖𝑒𝑙𝑑 =
∫ �̇�𝑜𝑢𝑡  ×𝑥𝐶𝑂2

𝑡
0

𝑑𝑡

∫ �̇�𝑜𝑢𝑡  ×(𝑥𝐶𝑂+ 𝑥𝐶𝑂2+ 𝑥𝐶𝐻4) 𝑑𝑡
𝑡

0

  3.7 



Chapter 3 Methodology 

 

71 | P a g e  

 

The carbon conversion, Xc, is an important parameter and shows the fraction of carbon 

present in coal that has been converted to a carbonaceous gas. The equation to calculate this 

value can be found below, where 𝑛𝐶,𝑐𝑜𝑎𝑙 (mol) represents the amount of carbon in coal: 

𝑋𝐶 =
∫ �̇�𝑜𝑢𝑡  ×(𝑥𝐶𝑂+ 𝑥𝐶𝑂2+ 𝑥𝐶𝐻4

𝑡
0 ) 𝑑𝑡

𝑛𝐶,𝑐𝑜𝑎𝑙
  3.8 

The first derivative of the carbon conversion with respect to time yields the carbon 

conversion rate, rc (s
-1

), which is shown in the equation below: 

𝑟𝑐 =  
𝑑𝑋𝑐

𝑑𝑡
  3.9 

To obtain the gasification rate of the fuel, rg (s
-1

), the following equation is used and it is 

dependent on the amount of unreacted char as well as the carbon conversion rate [18]: 

𝑟𝑔 =  
1

1−𝑋𝑐
 
𝑑𝑋𝑐

𝑑𝑡
  3.10 

The oxygen demand, ΩOD, denotes the fraction of oxygen required to completely oxidize the 

remaining combustible gases leaving the reactor during the reduction stage. The equation for 

the oxygen demand can be found below: 

Ω𝑂𝐷 =  
0.5 𝑥𝐶𝑂+0.5 𝑥2+2 𝑥𝐶𝐻4

𝑥𝐶𝑂2+𝑥𝐶𝐻4+𝑥𝐶𝑂
  3.11 

3.6.3 Kinetic Modelling 

Before delving into how the data for the two models were processed, the assumptions that 

were made will be listed first as they enabled the simplification of the model.  

3.6.3.1 Model Assumptions 

The assumptions used in both models are listed below: 

 The particles are spherical 

 The reaction occurs under isothermal conditions 

 The porosity of the particles are not considered  

 The char is fully reacted by the end of the experiment 

 Negligible amounts of unreacted CO  

 Negligible external film mass transfer 

 Negligible resistance to gas diffusion (MVRM) 

 High resistance to gas diffusion (SCM) 



Chapter 3 Methodology 

 

72 | P a g e  

 

It is worth noting that since char was used in the investigation, it is impossible to separate the 

mass of the char from that of the OC. Taking into account the fourth and fifth assumptions, it 

is acceptable to say that the weight loss of the OC is directly proportional to that of the char. 

The validity of this statement is confirmed by delving into the chemistry behind the OC 

reduction process. The OC can only reduce in the presence of a reducing gas, such as those 

formed during gasification of the char. Hence, if there are negligible amounts of unreacted 

CO, it would mean that the OC was reduced by the CO from char gasification. To confirm 

this major assumption, gas samples were collected in gas bags and analysed during the course 

of the reaction. It was found that the percentage of CO in the gas relative to the amount of 

generated CO2 was never more than 5%. Since conversion is a ratio and most of the generated 

CO reacted with the OC, there is no reason to isolate the mass loss of the OC from that of the 

char. Hence, m, mi and mf refer to the mass of the OC and char mixture.   

3.6.3.2 Shrinking Core Model (SCM) 

The governing equation for the SCM is as follows: 

𝑡

𝜏
= 1 − (1 − 𝑋)

1

3  3.12 

Symbol definition: 

𝜏 Time required for complete conversion of the solids (min) 

X OC reduction conversion at time t 

𝜏 was determined experimentally from a conversion versus time plot for the reduction of the 

OC by the char gasification intermediates. A plot of the linearized conversion [1 − (1 − 𝑋)
1

3] 

against t yields a straight line with a gradient of  
1

𝜏
. The gradient was taken from X=0 to 

X=0.65 for all the cases. The obtained 𝜏 values were then used to model the behaviour of 𝜏 as 

a function of T and Cg, the latter of which represents the concentration of CO2. It is proposed 

that the relationship of 𝜏 with Cg and T are as follows: 

𝜏 = 𝑓(𝐶𝑔) × 𝑓(𝑇)  3.13 

where  𝑓(𝐶𝑔) has the following form: 

𝑓(𝐶𝑔) =
𝑎

𝐶𝑔
𝑛  3.14 

with n being the order of reaction.  
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On the other hand,  

𝑓(𝑇) =  𝑏 ∙ 𝑒
(
𝐸𝑎
𝑅

)

𝑇   3.15 

which follows the form of the Arrhenius equation typically represented by: 

𝑘 =  𝑘𝑜𝑒
−𝐸𝑎
𝑅𝑇   3.16 

with k as the reaction rate, ko as the pre-exponential factor, Ea as the activation energy and R 

as the universal gas constant. Combining the two results in the following equation: 

𝜏 =
𝑎

𝐶𝑔
𝑛 𝑏 ∙ 𝑒

(
𝐸𝑎
𝑅

)

𝑇 =
𝑐∙𝑒

(
𝐸𝑎
𝑅

)

𝑇

𝐶𝑔
𝑛   3.17 

For comparison, the 𝜏 equation used by Abad et al. [16] is shown below: 

𝜏 =
𝜌𝑚𝑟𝑔𝑒

𝐸𝑎
𝑅𝑇

�̅�𝐶𝑔
𝑛𝑘0

  3.18 

In the current derivation, c accounts for most of the constants and takes the following form: 

𝑐 =
𝜌𝑚𝑟𝑔

�̅�𝑘0
  3.19 

Symbol definition: 

𝜌𝑚 Molar density of Fe2O3 

𝑟𝑔 Grain radius of Fe2O3  

�̅�  Stoichiometric coefficient for the reaction between the reducing gas and the OC 

The values for these constants were taken to be 14,000 mol/m
3
, 0.5x10

-6
 m and 3 respectively. 

The first two values are similar to that found in Abad et al. [16] with the molar density being 

slightly higher in this study as the specific gravity of hematite is higher than that of ilmenite.  

Using the equations above, the pre-exponential factor, ko, can be calculated since 𝜌𝑚, 𝑟𝑔and 𝑏 

are all constants. Conversely, c, Ea and n can be obtained from the experimental data. Based 

on the experimentally obtained 𝜏 values, the value for n can be determined from the gradient 

of the plot of ln (𝜏) against ln (Cg). The activation energy can be obtained by first plotting 

ln (𝜏) against 
1

𝑇
 followed by determining the line of best fit and its gradient; the negative of 

this gradient is Ea. With the calculated values for n and Ea, the constant c can then be 

calculated by fixing the aforementioned values and using the Generalized Reduced Gradient 
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(GRG) nonlinear solving method to obtain the best fit for the experimental data. Once the 

constant c is determined, the pre-exponential factor can then be obtained. 

3.6.3.3 Modified Volume Reaction Model (MVRM) 

The MVRM is an upgraded form of the typical Volumetric Reaction Model (VRM) which 

has the following form:  

𝑑𝑋

𝑑𝑡
= 𝑘𝑉𝑀(1 − 𝑋)   3.20 

The MVRM replaces the constant 𝑘𝑉𝑀 with a function that allows for a wider range of 

conversion profiles to be modelled and this is shown below: 

𝑑𝑋

𝑑𝑡
= 𝑘(𝑋)(1 − 𝑋)  3.21 

Based on the conversion-time plot obtained from the experimental data, the following 

equation is proposed: 

𝑋 = 1 − exp(−𝑎𝑡𝑏)  3.22 

Upon differentiation, the following is obtained:  

𝑑𝑋

𝑑𝑡
=

𝑑

𝑑𝑡
(1 − exp(−𝑎𝑡𝑏))   

 = 0 +
𝑑

𝑑𝑡
(− exp(−𝑎𝑡𝑏))  

= − exp(−𝑎𝑡𝑏) ×
𝑑

𝑑𝑡
(−𝑎𝑡𝑏)  

= − exp(−𝑎𝑡𝑏) (−𝑎𝑏𝑡𝑏−1)  

𝑑𝑋

𝑑𝑡
= (𝑎𝑏𝑡𝑏−1) exp(−𝑎𝑡𝑏)  3.23 

Substituting the above equation into the governing equation yields the following conversion 

equation: 

𝑘(𝑋)(1 − (1 − exp(−𝑎𝑡𝑏) ) = (𝑎𝑏𝑡𝑏−1) exp(−𝑎𝑡𝑏)  3.24 

Rearranging the terms in order to substitute X back into the equation gives: 

𝑘(𝑋) = 𝑎𝑏 [[ln ((1 − 𝑋)−
1

𝑎)]

1

𝑏
]

𝑏−1

  3.25 

 



Chapter 3 Methodology 

 

75 | P a g e  

 

Rearranging again to have the equation as a function of time results in a simpler equation: 

𝑘(𝑡) = 𝑎𝑏[𝑡]𝑏−1  3.26 

Here, the variables (a) and (b) were calculated by fitting the experimental conversion-time 

plots. These values were then used to obtain a model which predicted the behaviour of (a) 

and (b) over a range of temperatures and CO2 concentrations. 

Based on the proposed equation, it was first linearized and rearranged to yield the following 

equation with a simple X-t dependency: 

𝑎𝑡𝑏 = − ln(1 − 𝑋)       3.27 

The right hand side of the equation can be obtained by plotting the experimental results while 

the variables (a) and (b) on the left hand side were given initial values. The difference 

between the values on the left and right hand sides were then computed to give a residual as 

shown below: 

𝑟 = [𝑎𝑡𝑏 − (− ln(1 − 𝑋))]2  3.28 

The values of (a) and (b) were then varied to find the minimum value of r and these were then 

designated as the calculated values of (a) and (b), as they closely model the experimental data. 

The model was terminated at a conversion of 95% as the remaining 5% can be predicted 

sufficiently well. In addition, the residual above a conversion of 95% significantly affected 

the final prediction, as it tried to better predict the last 5% of the conversion, causing the 

results in the intermediate section to deteriorate.  

The next chapter, the first of six results chapters, will investigate the effect of the coal 

minerals on the performance of a CLC system.   

  



Chapter 3 Methodology 

 

76 | P a g e  

 

3.7 References 

1. Rahman, M., A. Samanta, and R. Gupta, Production and characterization of ash-free 

coal from low-rank Canadian coal by solvent extraction. Fuel Processing Technology, 

2013. 115: p. 88-98. 

2. Yang, R.T., S.K. Das, and B. Tsai, Coal demineralization using sodium hydroxide 

and acid solutions. Fuel, 1985. 64(6): p. 735-742. 

3. Saha, C. and S. Bhattacharya, Chemical looping combustion of low-ash and high-ash 

low rank coals using different metal oxides - A thermogravimetric analyser study. 

Fuel, 2012. 97: p. 137-150. 

4. Saha, C., Chemical-looping combustion of Victorian brown coal. 2012 

5. Xiao, R., Q.L. Song, M. Song, Z.J. Lu, S.A. Zhang, and L.H. Shen, Pressurized 

chemical-looping combustion of coal with an iron ore-based oxygen carrier. 

Combustion and Flame, 2010. 157(6): p. 1140-1153. 

6. Zhang, S., C. Saha, Y.C. Yang, S. Bhattacharya, and R. Xiao, Use of Fe2O3-

Containing Industrial Wastes As the Oxygen Carrier for Chemical-Looping 

Combustion of Coal: Effects of Pressure and Cycles. Energy & Fuels, 2011. 25(10): 

p. 4357-4366. 

7. Specification Sheets (SEM). 2015  [cited 2015 30 March]; Available from: 

http://www.jeol.co.jp/en/products/spec_sem.html. 

8. Benchtop X-ray diffraction (XRD) instrument. 2015  [cited 2015 25 March ]; 

Available from: http://www.rigaku.com/en/products/xrd/miniflex. 

9. Kia S. Wallwork, B.J.K., David Wang. The High Resolution Powder Diffraction 

Beamline for the Australian Synchrotron. in SYNCHROTRON RADIATION 

INSTRUMENTATION: Ninth International Conference on Synchrotron Radiation 

Instrumentation. 2006. Daegu, Korea: AIP Publishing. 

10. Bergamaschi, A., A. Cervellino, R. Dinapoli, F. Gozzo, B. Henrich, I. Johnson, P. 

Kraft, A. Mozzanica, B. Schmitt, and X. Shi, The MYTHEN detector for X-ray 

powder diffraction experiments at the Swiss Light Source. Journal of synchrotron 

radiation, 2010. 17(5): p. 653-668. 

11. Coelho, A., TOPAS 4.1. Bruker AXS Inc. 2008: Madison, Wisconsin, USA. 

12. Toby, B.H. and R.B. Von Dreele, GSAS-II: the genesis of a modern open-source all 

purpose crystallography software package. Journal of Applied Crystallography, 2013. 

46(2): p. 544-549. 

13. Cartesian geometry energy dispersive X-ray fluorescence spectrometer. 2015  [cited 

2015 21 March]; Available from: http://www.rigaku.com/en/products/xrf/nexcg. 

14. Bale, C., E. Bélisle, P. Chartrand, S. Decterov, G. Eriksson, K. Hack, I.-H. Jung, Y.-

B. Kang, J. Melançon, and A. Pelton, FactSage thermochemical software and 

databases—recent developments. Calphad, 2009. 33(2): p. 295-311. 

15. Roine, A., Outokumpu HSC chemistry for windows: chemical reaction and 

equilibrium software with extensive thermochemical database. Pori, Finland: 

Outokumpu, 1999. 

16. Abad, A., J. Adanez, A. Cuadrat, F. Garcia-Labiano, P. Gayan, and L.F. de Diego, 

Kinetics of redox reactions of ilmenite for chemical-looping combustion. Chemical 

Engineering Science, 2011. 66(4): p. 689-702. 

17. Monazam, E.R., R. Siriwardane, R.W. Breault, H.J. Tian, L.J. Shadle, G. Richards, 

and S. Carpenter, Kinetics of the Reduction of CuO/Bentonite by Methane (CH4) 

during Chemical Looping Combustion. Energy & Fuels, 2012. 26(5): p. 2779-2785. 

http://www.jeol.co.jp/en/products/spec_sem.html
http://www.rigaku.com/en/products/xrd/miniflex
http://www.rigaku.com/en/products/xrf/nexcg


Chapter 3 Methodology 

 

77 | P a g e  

 

18. Gu, H.M., L.H. Shen, J. Xiao, S.W. Zhang, T. Song, and D.Q. Chen, Iron ore as 

oxygen carrier improved with potassium for chemical looping combustion of 

anthracite coal. Combustion and Flame, 2012. 159(7): p. 2480-2490. 

 



Chapter 4 Effect of Coal Minerals on the Performance of CLC 

 

78 | P a g e  

 

Chapter 4 Effect of Coal Minerals on the Performance 

of CLC 

As mentioned in the literature review chapter, the contamination of the OC is an important 

aspect to be considered in the operation of a CLC system. This contamination is intensified in 

the presence of solid fuels, whereby the coal ash could interact with the OCs. There have 

been a few studies on the interaction between OCs and the ash prepared from the combustion 

of coal [1, 2], but there are limited investigations using the coal itself instead of just the ash. 

Since some ash compounds have low melting points, these may have evolved and exited the 

reactor system used to prepare the ash. Alternatively, the generated ash would differ 

depending on if a reducing or oxidizing gas was used. Hence, studies using just the ash from 

the combustion of coal will not account for some interactions that may occur in a CLC 

system.  

Therefore, in this chapter, four fuels were used to study the impact that the minerals have on 

the performance of CLC. Two parent coals, one from Victoria and the other from Canada, 

were used alongside their demineralized counterparts. The primary difference between the 

two parent coals is the ash content with the Canadian coal having about 8 times more ash 

relative to the Victorian coal. The demineralized coals were used to study how the inherent 

minerals affect the gasification performance of the coal.  

This chapter serves to quantify the effect of coal minerals on the performance of a CLC 

system.   

4.1 Experimental Conditions 

A TGA was used in this study, as described in Chapter 3, and it was operated at a temperature 

of 950°C. A total of five redox reactions were performed. The parent and demineralized 

Victorian and Canadian coals were used as the fuel. The Victorian coal, Yallourn, is denoted 

by the initial ‘V’ while the Canadian coal is represented by the initial ‘C’.  

The OC used was the commercially procured Fe2O3 and this was selected to prevent the 

interaction between the coal ash and other compounds typically found in ore-based OCs. A 

gas mixture containing 13 v/v% CO2 with balance N2 was used during the reduction reaction, 

having a total flow rate of 23 mL/min. During the oxidation reaction, the CO2 was switched 

to air while keeping the flow rates and concentrations constant. The OC to coal ratio used 
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was 6:1 with the mass of coal being 20 mg. A point to note is that the ash could not be 

separated at the end of each of the redox reactions and hence accumulated in the crucible.  

In terms of characterization, a Scanning Electron Microscope (SEM) was used to study the 

morphology of the OC particles while an Energy Dispersive X-ray Spectroscope (EDS) was 

used to obtain the elemental composition. An X-ray Diffraction (XRD) unit was also used to 

identify the crystalline phases present on the OC.  

A thermodynamic equilibrium simulation was done using FactSage 6.4 to predict and 

quantify the formation of possible phases between the interaction of the OC and ash. This 

was done to obtain the theoretical prediction for comparison with the experimental results.  

4.2 Baseline Tests with the Coal Samples 

Baseline tests were conducted with both the parent and demineralized coals in absence of the 

OC. Figure 4-1 shows the weight loss and instantaneous reaction rate curves for both the 

parent and demineralized Victorian coals while Figure 4-2 shows the trends observed using 

both the Canadian coals.  
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Figure 4-1 Weight loss of parent and demineralized Victorian coals during gasification 
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Figure 4-1 shows the first weight loss to occur at around 80°C and this continued until a 

temperature of 200°C. This was due to the removal of moisture from the coal. Beyond this 

temperature, an appreciable weight loss was observed and this can be attributed to the 

devolatilization of the coals. The weight loss experienced by the demineralized coal during 

this period was higher than that of the parent coal and this was due to its higher volatile 

content (58.7%) relative to the parent coal (50.4%). A sharp instantaneous reaction rate peak 

was observed at 840°C for the parent Victorian coal while this occurrence was delayed to 

950°C for the demineralized coal. This signifies the peak reduction rate of the coal samples; 

the peak reduction rate of the parent coal is approximately 6 times larger than that of the 

demineralized coal. This observation can be explained by the presence of inherent coal 

minerals, typically those of Alkali and Alkaline Earth Metal (AAEM) species such as Na, K, 

Mg and Ca as well as transition element metals such as Fe in the parent coal; these are known 

to function as gasification catalysts [3]. These minerals are also responsible for the peak 

gasification rate of the parent coal to occur 110°C earlier compared to when the 

demineralized coal was used. When coal is thermally processed, the minerals transform into 

ash, which accounts for 2.4% and 0.46% of the mass of the parent and demineralized coals 

respectively. The reduction in the bulk mineral matter between the parent and demineralized 

coal was 81% and based on the results shown in Figure 4-1, this corresponds to an 83% 

decrease in the peak gasification rate.  
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Figure 4-2 Weight loss of parent and demineralized Canadian coals during gasification 
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Figure 4-2 shows the weight loss and instantaneous reaction rate profiles for the two 

Canadian coals. The drying of the coals followed a similar profile to the Victorian coals, but 

the devolatilization of the demineralized coal appeared to proceed up to a temperature of 

850°C after which a slight change in the profile can be seen, signalling an increase in the 

gasification rate. The peak instantaneous reduction rate for the parent coal occurred at a 

temperature of 890°C while this value increased to 950°C for the demineralized coal; the 

peak gasification rate of the parent coal was found to be 38 times higher than that of the 

demineralized coal. The ash content of the parent coal was 19.8% while the demineralized 

coal had only 0.04% translating to a 98% decrease in the ash content. This subsequently led 

to a 97.4% decline in the peak gasification rate of the demineralized coal. It can be seen that 

the demineralized Canadian coal had not completely reduced at the end of the 170-minute 

mark, highlighting the significant reduction in its reactivity relative to the parent coal. 

Comparing the instantaneous reaction rates of both parent coals, the peak value obtained from 

using the parent Victorian coal is approximately 1.6 times higher relative to when the parent 

Canadian coal was used. This is due to the fact that the Victorian coal has catalytic inorganic 

minerals which are organically bound and hence more easily accessible [4] unlike those in the 

Canadian coal. Also, it can be seen that both coals exhibited similar trends whereby the peak 

gasification of the parent coals occurred at an earlier time relative to their demineralized 

counterparts. Although the main reason revolves around the presence or absence of the 

catalytic minerals, such as those mentioned in Section 4.2, it is also possible that the 

demineralization process may have altered the physical and chemical structure of the coal. 

Moreover, this behavioural change is more apparent with the demineralized Canadian coal as 

the demineralization process involved the use of high temperatures and pressures. Comparing 

both the coals with their demineralized counterparts, it can be seen that the decrease in the 

peak gasification rate is fairly proportional to the reduction in the amount of mineral matter. 

4.3 Experimental Tests with Fe2O3 and Coal Samples (Fifth Cycle) 

In this subsection, the behaviour of both the parent and demineralized Victorian and 

Canadian coals in a CLC system is presented. The first reaction cycle was not selected as the 

OC underwent conditioning and drying in this period. Additionally, in the first cycle, the OC 

underwent morphological changes that affect its reactivity. Beyond the first cycle, the results 

typically had a consistent and repeatable form. Hence, the fifth cycle was chosen as the 

representative cycle for each test. Each redox reaction took around four hours to complete. 
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Figure 4-3 Fifth cycle in-situ CLC with parent and demineralized Victorian coals 

Figure 4-3 shows the TGA results obtained for the fifth redox experiment performed using 

both the parent and demineralized Victorian coals. The peak instantaneous reaction rate can 

be seen to occur at 800°C and 950°C for the parent and demineralized coals respectively. 

This represents a reduction of roughly 40°C compared to the experiment in which only coal 

was used and this can be attributed to the presence of Fe2O3. This phenomenon is due to the 

OC’s oxidation of the gasification intermediates, H2 and CO, which are known gasification 

inhibitors [5]. The peak instantaneous reduction rate exhibits similar characteristics to that 

observed in the gasification of coal, whereby the peak value obtained using the parent coal 

was higher than that obtained using the demineralized coal; here, it is higher by a factor of 

1.25. The observed difference here is not as apparent when compared to the baseline test and 

this is due to the equation used for data processing. The instantaneous reaction rate factors in 

the mass of the sample remaining in the crucible in addition to the rate of mass loss. This 

caused the difference in the peak rates to close in between the parent and demineralized coals. 

Since the mass of the OC was included in the calculation, this dictated the magnitude of the 

reaction rate. A mass gain can be seen to occur between the 105 and 125 minute mark, which 

was prior to the introduction of the oxidizing agent. Similarly, this was also observed in the 
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baseline tests as shown in Figure 4-1 and Figure 4-2. The reason for this will be discussed in 

Chapter 5. At around the 190 minute mark, a steep mass gain can be seen to occur and this is 

due to the rapid oxidation of the reduced OC. The instantaneous reaction rates for the 

oxidation step in both cases are very similar and this is due to the reaction being dependent 

on both the oxidation of the reduced OC as well as the concentration of the oxidizing gas, 

which were the same for both experiments. 
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Figure 4-4 Fifth cycle in-situ CLC with parent and demineralized Canadian coals 

Figure 4-4 shows the weight loss/gain and instantaneous reaction rate curves for the parent 

and demineralized Canadian coals. Temperatures of 800°C and 850°C represent the point at 

which the peak instantaneous reactions rates were observed to occur for the gasification of 

the parent and demineralized coals respectively. This indicates a decrease of approximately 

100°C for both coals relative to the baseline tests in absence of Fe2O3. The time for complete 

reduction of the parent coal in the presence of Fe2O3 was approximately 10% less compared 

to the baseline test in absence of Fe2O3. This signifies that the gasification of the parent coal 

occurred at a faster rate in the presence of the OC for reasons mentioned above, i.e., 

consumption of the gasification inhibitors by Fe2O3. It could also be possible that Fe2O3 is 
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functioning as a catalyst during the oxidation of the gasification intermediates and this 

requires further investigation.  

The faster gasification rate could be ascribed to the higher content of mineral matter in the 

parent Canadian coal over the demineralized coal, denoting a higher amount of catalytic 

species and leading to an increase in the gasification rate. The lowest point in the weight 

loss/gain curve is taken to represent the complete reduction of the coal and OC mixture. From 

here, it can be seen that the demineralized coal required an additional 50 minutes over the 

parent coal to undergo complete reduction. Based on the weight loss curve, it can be seen that 

the reduction rate is quick initially but then decreases significantly after a short duration. An 

explanation for this behaviour is that the core of the demineralized coal particle is denser or 

less porous than the surface of the particle, due to the demineralization treatment it underwent, 

resulting in a decrease in the gasification rate. The peak instantaneous reaction rate of Fe2O3 

with the demineralized coal is approximately 20% less compared to when the parent coal was 

used, while the oxidation profiles of both samples were once again similar. A plateau during 

the reduction stage is not observed with the demineralized coal but it continued to increase in 

mass after which it was oxidized in the presence of air. With respect to the oxidation step, the 

OC that reacted with the demineralized coal can be seen to display two distinct reaction rate 

peaks; this is most likely due to a two-step oxidation of the reduced sample.   

Comparing the peak instantaneous reaction rates during the reduction period, the experiment 

using the parent Victorian coal had a peak rate which was 20% higher relative to when the 

parent Canadian coal was used. This observation is similar to that seen in the baseline test i.e., 

without the OC and the reasoning behind this is the same as mentioned earlier.  

4.4 Multicycle Redox Experiments 

The results obtained from the five redox reaction cycles with the parent and demineralized 

Victorian and Canadian coals are shown in Figure 4-5 and Figure 4-6 respectively. This was 

carried out to study the interaction of the coal-Fe2O3 mixture in an in-situ CLC environment 

under CO2 gasification over five redox cycles, which amounted to a total reaction time of 20 

hours. These were also conducted to investigate the effect of multiple redox cycles on the 

reducing capability of Fe2O3 in the presence of coal as well as its re-oxidation potential in the 

presence of air. Finally, the formation of ash from thermal processing of the minerals and its 

subsequent interaction with Fe2O3 was studied. 
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Figure 4-5 Five redox reactions with parent and demineralized Victorian coals 

Figure 4-5 shows the weight loss/gain curve of Fe2O3 with the parent and demineralized 

Victorian coals over five redox cycles. There is a slight difference in the results of the first 

cycle, specifically the initial reduction period, compared to the next four cycles. This is due to 

the presence of some impurities present in the fresh OC. The OC samples used in all the 

experiments had a purity of 96%, the remainder of which was predominantly moisture. These 

compounds were mostly driven off as the temperature was increased during the operation of 

the first cycle. The starting mass of the second cycle was 97.5% which confirms the 

aforementioned statement. Beyond the first cycle, repeatability exists in each of the 

subsequent cycles and this signifies that there was no adverse effect on the performance of 

the OC over the five cycles due to interactions with ash. The curve representing the results 

obtained using the parent Victorian coal shows a very slight decrease starting from the second 

cycle to the fifth cycle. There are two possible explanations for this, the first being due to 

melting of the ash compounds which then adhered onto the surface of the reduced OC. Upon 

adhering onto the surface of the OC, the ash prevented these areas from re-oxidizing, making 

these areas unusable for subsequent reduction reactions. Alternatively, it could be due to the 

formation of inert and unreactive compounds between the reduced OC and the ash. The 

second curve, from the reaction with the demineralized Victorian coal, shows no appreciable 
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mass loss or gain from the second cycle onwards. This confirms the hypothesis mentioned 

above, as the ash content of the demineralized coal was 81% lesser relative to that in the 

parent coal, hence decreasing the extent of the interaction between the ash and the OC.  
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Figure 4-6 Five redox reactions with parent and demineralized Canadian coals  

The TGA results for the experiments performed using the parent and demineralized Canadian 

coals with Fe2O3 over five redox reactions are shown in Figure 4-6. It can be observed once 

again that with the exception of the first cycle, repeatability in the redox curves over the 

remaining cycles is present. However, there is a significant difference when comparing the 

results of the parent and demineralized coals. The Fe2O3-parent Canadian coal mixture 

appears to have a significant mass loss from the first cycle onwards. This is due to the 

substantially higher ash content present in the parent Canadian coal over the parent Victorian 

coal. XRD and SEM analysis in the subsequent sections will help shed some light on these 

results. On the other hand, the demineralized Canadian coal does not show any observable 

decrease in mass over the five redox cycles. While the behaviour of the demineralized 

Canadian coal is very different from that of the other three coals, the lack of an observable 

mass loss is in line with the findings obtained using the demineralized Victorian coal, as 

shown in Figure 4-5.  
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Figure 4-7 Weight loss of the OC across the five redox reactions using the different coals 

To further understand the extent of the OC weight loss, the calculated weight loss across each 

of the cycles was tabulated and can be found in Figure 4-7. A trend can be observed with 

regards to the mass loss experienced by the OC in the presence of the different coals. While 

there are some minor fluctuations with the weight loss, the averaged values from the later 

cycles can be used as representative values. The weight loss across the first cycle is the 

largest and is approximately 2.5% for most samples, which has been attributed to the 

impurities present in the fresh OC. In contrast, Fe2O3 that reacted with the parent Canadian 

coal had a weight loss that was approximately three percentage points higher, yielding a total 

of 5.5%. This excess weight loss corresponds within limits to the weight of the ash accrued 

over one cycle. Beyond this, the weight loss values between cycles 2-3, 3-4 and 4-5 were 

relatively similar. The average weight loss over the last two cycles were 2.4%, 0.3%, 0.25% 

and 0.07% which corresponds to when the parent Canadian, parent Victorian, demineralized 

Victorian and demineralized Canadian coals were used as the fuel. The weight loss across the 

cycles shows a strong increasing trend with increasing ash content in the coal. Additionally, a 

relationship was found between the weight loss of the OC and the ash content of the parent 

coals. It is clear that the ash content of the parent Canadian coal is higher by a factor of 8 

relative to the parent Victorian coal but the interesting aspect is that this same ratio was 
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observed with the average weight loss of the OC used with both parent coals. This translates 

to a linear correlation between the ash content of the parent coal and the observed weight loss. 

It should be noted that this is true for the case studied here and may not be a universal 

correlation. Based on a study by Bao et al. [6], they found that the interactions between Fe2O3 

and compounds such as SiO2 and Al2O3 in coal ash were prevalent in coals having high levels 

of these two materials. Around 70% of the Canadian coal’s ash consisted of Al2O3 and SiO2. 

Therefore, the formation of iron silicates and aluminates having poor reactivity is possible.   
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Figure 4-8 Peak instantaneous reduction rates for the four coal types over five redox reactions 

Figure 4-8 shows the plot of the peak instantaneous reduction rates over five cycles for the 

reaction between Fe2O3 and the four coals. A general noticeable trend is that in a given 

parent-demineralized coal pair, the average instantaneous reduction rate over the five cycles 

is higher when the parent coal was used relative to when its demineralized counterpart was 

used. Secondly, when considering the last two cycles, the peak reduction rate when using the 

parent Victorian coal as the fuel was higher by at least 23% compared to when the other fuels 

were used; this could be due to its high reactivity as previously mentioned. The peak 

reduction rate was found to decrease slightly going from the first to the fifth reduction 

reaction. Although the ash could be responsible for this, the fact that all the coal-OC mixtures 
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experienced this implies that there is another factor at play. A similar phenomenon has also 

been observed by de Diego et al. [7] albeit with gaseous fuels. Although different fuels were 

used, the principle behind this occurrence still applies as it is caused by the OC being 

subjected to repeated chemical and thermal stresses. This causes a reduction in its reactivity, 

leading to a decrease in its peak reduction rate. Although the decline in the peak reduction 

rate was very small going from the first to the fifth cycle, it is recommended that more cycles 

be investigated to determine if this trend persists beyond the fifth cycle. A point to note is that 

an investigation in a TGA leads to significant intimate contact between the OC and coal 

which would not occur in a fluidized bed reactor. Here, this translates to increased ash 

deposition and interaction with the OC. What this means is that in a fluidized bed reactor, the 

reactivity of the OC would most likely be sustained for a longer period of time due to reduced 

contact and interaction with the ash. On the other hand, the use of a fixed bed system would 

yield similar results to that obtained in this study and as such would not be a suitable 

configuration for CLC using high ash fuels. Alternatively, this means that the use of low ash 

fuels in a fluidized bed iG-CLC process is preferable as this would lead to a lower mass loss 

of the OC while maintaining the reduction and oxidation rates of the OC over multiple redox 

reactions.  
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Figure 4-9 Peak instantaneous oxidation rates for the four coal types over five redox reactions 
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As a comparison, the peak instantaneous oxidation rates were plotted in a similar fashion and 

are shown in Figure 4-9. Going from one cycle to the next, no discernible difference can be 

perceived. The reason behind this similarity, although the ash content in the coals varied from 

0.04% in the lowest to 19.8% in the highest, is that the peak rate is dependent on the 

oxidation kinetics, which is initially chemically controlled. This is due to the low 

concentration of O2 used, which would dictate the peak rate for all of the oxidation reactions. 

The low O2 concentration was used to prevent excessive localized heating on the surface of 

the OC particle, which may lead to sintering. Since the concentration of the oxidizing gas was 

constant for all cases, this rate would also be constant. This finding is also similar to that 

reported by Siriwardane et al. [8]. Therefore, the peak oxidation rate would be expected to 

change if the concentration of the oxidizing gas was altered or if the OC underwent 

significant sintering or agglomeration, neither of which was observed in this study.  
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Figure 4-10  Global reduction rate vs fractional reduction of the four Fe2O3-coal mixtures 

during the fifth redox reaction 

Figure 4-10 is a plot of the global reduction rate against the fractional reduction of the Fe2O3-

coal mixture during the fifth cycle for the four coal samples that were investigated. This 

figure shows the initiation of gasification as well as the peak reduction values on a 
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normalized scale so that the results from all four samples can be compared on the same basis. 

It can be seen that the tests that were performed using the parent coals had an earlier initiation 

point for gasification, which has been attributed to the presence of catalytic minerals in the 

parent coals. Therefore, the peak fractional reduction rates for the four coals were as follows: 

V-Parent > C-Parent > V-Demin > C-Demin. Practically, this shows that it is favourable to 

use low ash, low rank coals over high ash or demineralized coals as low ash low rank coals 

are more reactive and since they contain a lesser amount of ash, the interactions between the 

OC and coal ash is also reduced.  

4.5 Oxygen Carrier Characterization 

The fresh and residual Fe2O3 from the end of the fifth redox reaction were characterized 

using XRD, SEM and EDS to study the changes in crystalline phases, structural and 

morphological features as well as elemental composition. The fresh Fe2O3 served as a 

baseline so that any differences that arose from the characterization of the residual Fe2O3 

could be identified.  

4.5.1 X-ray Diffraction (XRD) 
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Figure 4-11 Diffractograms of the fresh and residual Fe2O3 from the reaction with the four 

coal samples 
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The diffractograms of the residual samples obtained from the end of the fifth redox reactions 

together with fresh Fe2O3 are shown in Figure 4-11. The analysis identified the presence of 

silica (SiO2) and nepheline (NaAlSiO4) in addition to Fe2O3 for the OC that reacted with the 

parent Canadian coal.  It is evident that the ash in the parent Canadian coal consists primarily 

of SiO2 and Al2O3 with lesser amounts of CaO and Na2O, justifying the identified phases. 

This was not evident with the OC that was used with the demineralized Canadian coal as 

there was only 0.04% ash in it. The diffractograms of the samples that were reacted with both 

demineralized coals as well as the parent Victorian coal were almost identical to that of the 

fresh Fe2O3 sample. This is possible for both the demineralized coals as they contained very 

low amounts of ash even if the cumulative amount is taken into consideration. The total mass 

of ash accrued over the five cycles would be 0.04 mg and 0.46 mg for the demineralized 

Canadian and Victorian coals respectively; this corresponds to a mass percentage of 0.03% 

and 0.38% relative to the mass of the OC. These extremely low values could account for the 

lack of other peaks in the diffractograms. Similarly, the diffractogram of the OC that reacted 

with the parent Victorian coal coincides with that of the fresh sample even though the total 

accumulated mass of the ash was 2.2 mg over the five cycles. It is worthwhile mentioning 

that the ash of the parent Victorian coal consists of approximately 40% Fe2O3; as such, the 

mass of the ash compounds excluding Fe2O3 would have been 1.32 mg. The Fe2O3 present in 

the ash would not have led to the formation of a different peak as this would have coincided 

with the Fe2O3 peak of the OC. This means that these samples are similar to the fresh OC 

with respect to the presence of crystalline compounds, but may very well contain amorphous 

phases that could not be identified using XRD. Also, compounds with very low 

concentrations would not have been detected. Therefore, EDS analyses of the OC samples 

may help identify if other elements are present on the surface in addition to Fe and O. 
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4.5.2 Scanning Electron Microscope (SEM) 
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Figure 4-12 Micrographs of the fresh (A & B) Fe2O3 as well as the residual Fe2O3 which 

reacted with the parent Victorian (C & D), demineralized Victorian (E & F), parent Canadian 

(G & H) and demineralized Canadian (I & J) coals. 

Figure 4-12 (A-J) shows the SEM images of the fresh and residual Fe2O3 OC samples after 

five redox reactions. The micrographs on the left and the right represent the images that were 

taken at a lower (500X) and higher (5000X) magnification respectively. These magnifications 

were used to obtain a micrograph of the entire particle as well as its microstructure.  

The fresh particle under a magnification of 500X appears to be very smooth and rounded, 

while the fresh particle under a higher magnification appears to contain many small grains. 

All the residual OC particles, Figure 4-12 (C, E, G, I), are rougher with visible formation of 

cracks. The images of the residual OC particles from reaction with the parent and 

demineralized Victorian coals as well as the demineralized Canadian coal show single 

(G) (H) 

(I) (J) 
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particles as being present. Figure 4-12 (G) shows a residual Fe2O3 particle from the reaction 

with the high ash parent Canadian coal and it appears to be agglomerated with multiple 

particles adhering to one another. This agglomeration behaviour was observed in some and 

not all of the particles. The melting point of Fe-based metal oxides is lowest when it exists as 

FeO and has a value of roughly 1400°C; the other three forms, Fe, Fe3O4 and Fe2O3, have 

melting points in excess of 1500°C. This indicates that the observed agglomeration is not due 

to the melting of the OC, but is caused by the minerals present in the coal. A secondary 

evidence to support this statement is that the OC that reacted with the other three coal types 

did not appear to be agglomerated and this is due to the low ash content of the coals. Based 

on the XRD analysis, SiO2 and NaAlSiO4 were identified in addition to Fe2O3. Both of these 

compounds have melting points in excess of 1400°C as well. There are a few possibilities for 

this agglomeration phenomenon. Firstly, the AAEM elements such as Na, K, Ca and Mg have 

melting points lower than 1000°C, which could have caused the observed agglomeration. The 

parent Canadian coal has around six times the mass of these AAEM compounds compared to 

the parent Victorian coal. Additionally, the removal of the OC at the end of the 5
th

 redox 

cycle means that it would be in its oxidized form and as such there may have been lower 

melting point compounds in the reduced phase. One such compound which could have been 

formed is fayalite, Fe2SiO4, which has a melting point of around 1170°C. While the operating 

temperature of 950°C may not have caused it to have melted, it may have softened enough to 

cause the OCs to adhere to one another. Bao et al. [6] also reported similar findings with 

fayalite being responsible for the agglomeration of their samples. Since the parent Canadian 

coal is rich in SiO2, this could have occurred but fayalite would not have been identifiable as 

it would have been oxidized to Fe2O3 and SiO2.  Under a higher magnification, Figure 4-12 

(D, F, J) shows the residual particles as having much larger grains relative to the fresh 

particles and this is due to coalescence of the grains. This could be due to the thermal 

treatment that the OC was subjected to over the course of the five redox reactions. Such an 

observation implies that the reduced OC particles have a lower surface area. However, the 

pore size can be seen to have increased after the multiple redox reactions. The reducing gas, 

CO, repeatedly enters the matrix of the OC particle and exits as CO2, causing it to be 

conditioned; as such, this causes the formation of larger pores to facilitate the diffusion of the 

reactant and product gases. Similarly, this also occurs during the oxidation of the reduced OC 

particle by O2. With reference to the agglomerated OC particle mentioned in the previous 

paragraph, Figure 4-12 (H) shows the magnified image of the same particle. It can be clearly 
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seen that the porosity has been reduced relative to the OC particles that were reacted with the 

other three coals. Secondly, it is also evident that the grains in this particle appear 

agglomerated. It is possible that this is due to low melting point ash compounds or eutectics 

that have liquefied and adhered onto the surface of the OC particle. This finding supports the 

results shown in Figure 4-7 whereby the OC that reacted with the parent Canadian coal 

appears to have undergone a significant mass loss over the five reduction reactions. Ash 

formation, from the thermal processing of coal minerals, would initiate during the reduction 

reaction, leading to it being deposited on the reduced OC. Upon oxidation, these compounds 

prevent the OC from fully re-oxidizing and hence decrease its reactivity, capacity and 

reusability. This is apparent from Figure 4-8, in which the peak reduction rate of the OC that 

was used with the parent Canadian coal is significantly lower than that obtained when using 

the parent Victorian coal as the fuel; this difference is due to the higher ash content of the 

parent Canadian coal.  

4.5.3 Energy Dispersive X-ray Spectroscope (EDS) 
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Figure 4-13 Energy dispersive X-ray spectra of the fresh and residual Fe2O3 from the reaction 

with the four coal samples 

Figure 4-13 shows the energy dispersive X-ray spectra of the fresh Fe2O3 particles as well the 

residual particles from the reaction with the four different coals. The presence of C and Pt in 

the spectra is due to the use of carbon tape and platinum coating respectively. The elements 

with the strongest peak in all the spectra were Fe and O, which account for the majority of the 

elemental components. The magnified region for energy values between one and four keV are 

also shown to highlight some of the elements which were found to be present at lower 

concentrations. Herein, it can be seen that the OCs which reacted with both demineralized 
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coals show the same behaviour as the fresh Fe2O3 particle. However, samples which were 

reacted with both parent coals show a slightly different behaviour. In addition to the elements 

mentioned above, the presence of Ca, Si, Al, Na and Mg was observed on the OC that was 

reacted with the parent Canadian coal while only Mg was present on the OC that reacted with 

the parent Victorian coal. Although EDS is a semi-quantitative analytical method, it is clear 

that the amount of these elements were higher in the Fe2O3 sample that reacted with the 

parent Canadian coal over that found in the OC which reacted with the parent Victorian coal. 

This is once again due to the lower amount of ash in the parent Victorian coal. While all 

spectra of the residual OCs from reaction with the parent Canadian coal showed the presence 

of these ash elements, this was not the case for the OCs that reacted with the parent Victorian 

coal, as only some of the obtained spectra showed the presence of Mg. The reason for this is 

that Mg is the second most abundant element, after Fe, in the ash of VBC. 

The diffractogram of the OC that was used with the parent Canadian coal, as shown in Figure 

4-11, was found to have compounds containing Ca, Si, Al and Na, while EDS additionally 

identified the presence of Mg. The diffractogram of the OC which was reacted with the 

parent Victorian coal did not show the presence of any crystalline compounds other than 

Fe2O3, but Mg was also identified via EDS. A possible reason for the first observations is that 

Mg was not present as a crystalline structure and hence unidentifiable using XRD. 

Additionally, the XRD unit could not identify the deposition of the ash from the parent 

Victorian coal on the surface of the OC as the amount of ash in the coal was too low, possibly 

below its detection limit. EDS on the other hand allows for the detection of low 

concentrations of elements present on the surface of the OC and it was observed that the OCs 

that reacted with the parent coals had detectable amounts of ash on the surface but this was 

not the case when the demineralized coals were used.  

4.6 Thermodynamic Modelling  

Thermodynamic modelling, showing the expected species at equilibrium, was carried out to 

compare the results of the model with the experimental results identified using XRD.  
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Table 4-1 Predicted phases formed from the reaction between Fe2O3 and the parent coals 

Predicted phases 
Predicted mass (g/g Fe2O3OC) 

Parent Victorian Parent Canadian 

Fe2O3 1.0067 1.0058 

Ca3MgSi2O8 0.0022 0.0000 

NaAlSiO4 0.0019 0.0381 

MgO 0.0016 0.0000 

Mg2SiO4 0.0013 0.0000 

CaAl2Si2O8 0.0000 0.0697 

CaMgSi2O6 0.0000 0.0179 

NaAlSi3O8 0.0000 0.0131 

CaSiTiO5 0.0000 0.0041 

KAlSi2O6 0.0000 0.0031 

Ca3Fe2Si3O12 0.0000 0.0029 

 

Table 4-1 shows the predicted phases formed from the reaction between the parent Victorian 

and Canadian coals with Fe2O3. The major phase present was Fe2O3, in line with the results 

obtained from the XRD analysis. The reason the predicted mass of Fe2O3 is higher than one is 

due to the Fe present in the ash of the coals. Comparing both samples, it can be seen that the 

amount of Fe2O3 predicted was slightly lower when the parent Canadian coal was used in 

place of the parent Victorian coal; this is due to the higher amount of Fe in the ash of the 

Victorian coal relative to the Canadian coal. Based on the model’s prediction, it can be seen 

that Ca3Fe2Si3O12 was one of the minor compounds formed when the Canadian coal was used 

with the OC and contains relatively high amounts of Fe. This could have been formed from 

the reaction between the reduced OC and the minerals present in the coal ash.  

It can be seen from the model that the phases formed using both types of coal were very 

different. The model predicted that Ca3MgSi2O8 and NaAlSiO4 were the dominant phases 

when the parent Victorian coal was used as the fuel. Besides Fe2O3, Victorian coal ash has 

relatively high amounts of Mg, Si and Ca making the predicted phases a possibility. When 
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the Canadian coal was used as the fuel, most of the phases identified on the OC contained 

high levels of Mg, Si, Al and Ca. The ash of the parent Canadian coal is rich in the 

compounds of these elements, which make up approximately 80% of the total ash content. 

One of the most dominant compounds predicted when the parent Canadian coal was 

employed as the fuel was NaAlSiO4. This phase was also found in the X-ray diffraction of the 

residual Fe2O3 sample that had reacted with the parent Canadian coal. There are several 

possible reasons for the discrepancy between the phases identified by XRD as well as those 

predicted by FactSage 6.4. Firstly, some of the compounds may not have sufficiently 

crystallized for it to have been identified by the XRD analysis as the kinetics of some 

reactions are very slow and FactSage 6.4 only determines equilibrium compositions. 

Secondly, phases predicted by FactSage 6.4 include both crystalline and amorphous phases, 

but the XRD unit can only identify the crystalline compounds present with concentrations 

above its detection limits. Thirdly, some of the compounds deposited on the surface of the 

OC may have had very small crystal sizes, which XRD is not capable of identifying. Lastly, 

Factsage 6.4 assumes that all the inputs are perfectly homogenously mixed and hence each 

compound could react with the material that would result in the formation of the most 

thermodynamically stable product; this may not be true for the contents in the TGA crucible 

as there may have been localized surpluses and deficits of certain elements, leading to the 

formation of less preferred compounds. Although the predicted phases from the 

thermodynamic modelling did not completely match the XRD results, the prediction serves to 

identify the formation of thermodynamically favoured compounds. 

4.7 Conclusions 

This chapter investigated the effect of coal minerals on coal gasification performance as well 

as the interactions between the ash from the coals and the Fe-based OCs in an in-situ 

environment. Four main conclusions were drawn from this study and these are mentioned 

below:  

1. The minerals present in coal collectively have a strong catalytic effect on the 

gasification of both parent coals relative to their demineralized counterparts. The 

demineralized Victorian coal contains 81% lesser minerals relative to the parent coal and this 

led to an 83% decrease in its peak gasification rate. Similarly, a 98% mineral reduction in the 

demineralized Canadian coal caused the peak gasification rate to decrease by 97.4%. This 
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shows an almost linear correlation between the reduction in mineral matter and peak 

gasification rate. 

2. Thermal processing of the coal minerals led to the formation of ash which then 

deposited on the surface of the reduced OC, preventing it from re-oxidizing. Additionally, 

some of the ash reacted with the OC to form unreactive compounds. The ash content of the 

parent Canadian coal is approximately 8 times higher than that of the parent Victorian coal, 

19.8% vs. 2.4% respectively, which led to an observed OC mass loss that was 8 times greater, 

2.4% vs. 0.3%. The mass loss in the OCs due to the ash from the parent coals appears to have 

a 1:1 correlation based on this study. 

3. The mass loss of the OC was not significant when the demineralized coals were used, 

but this led to a loss in their gasification reactivity relative to when the parent coals were 

utilized. Agglomeration, as evidenced by the SEM micrographs, was not observed when the 

parent Victorian coal was used but was found to occur when the parent Canadian coal was 

used. While the lifespan of the OC will be higher when used with demineralized coals, due to 

lesser interactions with the ash, the cost penalty incurred by the demineralization process and 

the slower reaction rate that arises from the reduced gasification kinetics renders the use of 

such coals unfeasible from an economic point of view.  

4. The results indicate that the iG-CLC process is more suitable for highly reactive, low 

ash coals. While the minerals are responsible for the increase in the gasification rate of the 

coals, it causes a reduction in the OC’s oxygen carrying capacity due to ash deposition or 

interaction with the ash. This means that the lifetime of the OC which is used with Victorian 

brown coal would be much higher than when it is used with the Canadian lignite. Therefore, 

this would lead to a reduction in the operating cost of the CLC process, as the frequency of 

replacing the OC would reduce hence decreasing the make-up cost of the OC. 

The obtained results suggest that the use of the low ash Victorian brown coal is more 

suitable for the CLC process compared to the high ash Canadian coal. Additionally, the 

Victorian brown coal used here, Yallourn, had the benefit of containing a large amount of 

iron in the ash with smaller amounts of other minerals, which reduces the interactions of 

these compounds with the Fe-based OC.  
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Chapter 5 In-situ Synchrotron Study of Fe2O3 

Reduction with Victorian Brown Coal 

The reduction of Fe2O3 in the presence of Victorian brown coal (VBC) has not been 

sufficiently investigated. A study was conducted by Siriwardane et al. [1] using bituminous 

coal, char and carbon black with a Cu-based OC. The authors employed in-situ XRD to study 

the reduction of CuO in the presence of a solid fuel to determine the temperature at which the 

reduction reaction initiated. To date, in-situ synchrotron-based XRD investigations have not 

been done using Fe2O3, which is a highly promising metal oxide for use as an OC. This is one 

of the aims in this chapter and this study would provide insights into the mechanistic 

behaviour of the OC in the presence of VBC. 

Additionally, based on the TGA results from the previous chapter, it was found that the OC-

coal mixture experienced a weight gain during the reduction period. Therefore, this chapter 

will also investigate the cause behind this phenomenon through the use of a TGA. 

Experiments were performed with regular sample removal for characterization to better 

understand the reasons behind this phenomenon.  

This chapter will investigate the extent of reduction of an Fe-based OC as well as the 

weight gain phenomenon experienced by the OC under reducing conditions, as highlighted 

in the previous chapter.  

5.1 Experimental Conditions 

The first part involved using the TGA with an OC to coal ratio of 6:1, similar to that used in 

the study in Chapter 4. The gas flow rate was 23 mL/min with 13 v/v% CO2 and balance N2. 

The temperature was increased from ambient to 950°C. During the oxidation reaction, air 

replaced CO2. The contents in the crucible were removed at three different points (110, 135 

and 160 minute mark) during the reduction reaction. The first point denoted the lowest point 

in the TGA weight profile with the last point being the point at which the weight gain had 

stabilized during the reduction period; the second point was taken in between the two 

extremes to help shed some light on this phenomenon. 

The second part of this study involved performing three investigations using the powder 

diffraction beamline at the Australian synchrotron. Here, the commercially obtained Fe2O3 

was used as the OC. The OC-coal samples were loaded into a quartz capillary and placed into 
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the setup as shown in Figure 3-9 of Chapter 3. The readings were initially taken at room 

temperature and then from 300°C to 950°C at 50°C intervals. A reducing gas flow rate of 1 

L/min was used, consisting of around 20 v/v% CO2 with the balance made up of N2. For the 

first experiment, the sample remaining at the end of the reduction period was also oxidized 

and this was done by replacing the CO2 stream with air, while keeping the flow rates 

constant. The first experiment was done with an OC-coal ratio of 6:1, the second with a ratio 

of 1:2.6 and the third with this same ratio but using char as the fuel. The latter two were 

performed to study the effect of the fuel on the reducing capability of the OC. The collected 

data were subjected to Rietveld refinement to obtain the lattice parameters and crystallite 

sizes of the OCs.  

SEM, EDS and XRD were employed to characterize the samples from the TGA study as the 

amount of the samples from the synchrotron study was too little to be characterized. 

The experimental results were then compared to theoretical results by using both FactSage 

6.4 and HSC Chemistry. The former was used to generate phase diagrams, while an 

Ellingham diagram was constructed using the latter. The purpose of these two models was to 

determine the theoretical initiation temperatures for the reduction of Fe2O3, Fe3O4 and FeO in 

the presence of CO, which is the main gasification intermediate produced from CO2 

gasification of VBC.  

5.2 TGA Experiments 

As mentioned, one focus of this chapter is to understand the reason behind the weight gain 

experienced by the OC-coal mixture during the reduction stage, as mentioned in Chapter 4. 

To study this, the contents of the crucible were removed at three intervals. Before delving 

into this, a typical weight loss/gain curve obtained from the reaction between Fe2O3 and VBC 

is first shown and discussed below. 
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Figure 5-1 Complete redox reaction between Victorian brown coal and Fe2O3 

Figure 5-1 shows a complete redox reaction using Yallourn coal and Fe2O3. Reducing 

conditions were in effect from the start until the 190
th

 minute, after which the sample was 

oxidized. The first sign of mass loss occurred around 80°C and continued until a temperature 

of 220°C; this was due to the removal of moisture from both the OC and coal as well as 

partial pyrolysis of the coal. Beyond 220°C, the rate of coal devolatilization was found to 

increase, resulting in an appreciable mass loss. Subsequently, gasification was found to 

commence around the 550°C mark and this was signalled by the increase in the instantaneous 

reaction rate at this point. Additionally, it is possible that the OC could have started reacting 

with the coal gasification products and this will be confirmed in the latter half of this study by 

means of in-situ XRD. 

At 750°C, there is a significant increase in the weight loss, evidenced by the steeper line in 

the weight loss curve and increased instantaneous reaction rates. The kinetics of the 

gasification of coal and the reduction of the OC are improved at higher temperatures, 

resulting in an increase in the rate of both reactions with increasing temperature. This weight 

loss continued until a temperature of 900°C, at which point the weight loss curve was at a 

minimum. Typically, under reducing conditions, the weight loss curve should flatten out after 



Chapter 5 In-situ Synchrotron Study of Fe2O3 Reduction with Victorian Brown Coal 

 

105 | P a g e  

 

the minima is reached; this was not the case here as the sample in the TGA started gaining 

weight over a duration of about 40 minutes before the weight loss/gain curve stabilized. Such 

an occurrence had been observed by Saha et al. [2] using Fe2O3 as the OC, but no explanation 

was given for the observed weight gain during the reduction reaction. At around the 190 

minute mark, the oxidizing gas was introduced into the TGA to oxidize the reduced OC, 

resulting in a very quick mass gain. 
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Figure 5-2 Weight loss/gain curves for samples removed at the start (A), midway (B) and end 

(C) points of the mass gain sections 
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To investigate this behaviour, the samples in the crucible were removed at three different 

intervals (110, 135 and 160 minutes), corresponding to the initiation, midway point and 

termination of the mass gain sections respectively. The obtained weight loss/gain curves are 

shown in Figure 5-2 (A-C). The gases were switched to N2 at the end of the experiment to 

provide an inert environment to prevent the sample from gaining mass as it was being cooled 

down. The results in Figure 5-2 (A-C) display a similar trend to that shown in Figure 5-1 and 

will not be discussed further. 
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Figure 5-3 Redox reaction curve with oxidizing gas introduced at 110 minutes 

Another experiment was also performed and involved switching the reducing environment to 

an oxidizing environment at the 110 minute mark to determine the extent of oxidation when 

the sample was at its lowest weight. Figure 5-3 shows that when air was introduced at the 110 

minute mark, the contents in the crucible underwent oxidation and stabilized at the same level 

as observed in Figure 5-1. This signifies that the reactivity of the OC has not been affected as 

it was capable of re-oxidizing to its fully oxidized state. The results from the TGA still do not 

explain this behaviour and therefore the residues were characterized to help shed some light 

on this phenomenon. 
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5.2.1 Scanning Electron Microscope (SEM) 
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Figure 5-4 SEM micrographs of sample residues after 160 minutes (A & B), 135 minutes (C 

& D), 110 minutes (E & F) and complete redox (G & H); micrographs of fresh Fe2O3 (I & J) 

 

Micrographs obtained through use of the SEM are shown in Figure 5-4 (A-J). This technique 

was used to study the morphology and surface characteristics of the various particles that 

were removed during the course of the reaction; these were then compared to the micrographs 

of the fresh and fully oxidized particles. The micrographs on the left were taken at a low 

magnification of 500X while the ones on the right were captured at a much higher 

magnification of 10,000X. Micrographs I and J show the images that were taken of the fresh 

OC particle and it can be seen to have a rough surface consisting of many tiny grains with 

diameters of 100-200 nm. Images E and F of the particles removed at 110 minutes, 

corresponding to the lowest point on the weight loss/gain curve, show the particle to have a 

smooth appearance with a low porosity. Images C and D correspond to the particles which 

were removed at 135 minutes. At a low magnification, the particle appears smooth with a 

(G) 

(I) 

(H) 

(J) 
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lack of porosity, while the image at the higher magnification shows the presence of small 

deposits on the OC surface. This could be due to carbon deposition and further analysis will 

be performed to confirm this. The samples that were removed at 160 minute mark are shown 

in images A and B. The surface of this sample is similar to that of the sample removed at 135 

minutes, but at a higher magnification there were no deposits present, implying that the 

carbon deposits have been potentially consumed. This will be discussed in greater detail in 

the following subsection. The features present in the fresh sample, as shown in images I and J, 

is no longer present in the sample that underwent a complete redox reaction, as shown in 

images G and H. This particle appeared rougher with the presence of satellites on its surface, 

while the image at the higher magnification shows that the small grains that were initially 

present have now coalesced to form grains with diameters in the order of microns. The redox 

process subjects the OC particle to thermal and chemical stresses, leading to grain 

coalescence and giving rise to wider channels to aid in the diffusion of the gaseous reactants 

and products into and out of the matrix of the particle. The conclusion from the SEM 

micrographs is that carbon deposition may have occurred and this will be validated through 

the use of an Energy Dispersive X-ray Spectroscope. 

5.2.2 Energy Dispersive X-ray Spectroscope (EDS) 
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Figure 5-5 Energy dispersive X-ray spectra of the various OC samples 
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An EDS was used to identify the elements present on the surface of the OC and the spectra 

can be found in Figure 5-5. Most of the analysed samples, except for the sample that was 

removed at the 135 minute mark, had a baseline level of carbon and platinum present which 

was due to the use of carbon tape and platinum coating respectively. Both the fresh sample 

and the sample after the full redox reaction showed approximately the same peak heights for 

Fe and O, symbolizing that the OC did return to its initial oxidation state. The samples that 

were removed at 110, 135 and 160 minutes had higher levels of iron and this is due to it being 

in a reduced state, containing higher amounts of iron relative to oxygen. As mentioned, the 

sample removed at 135 minutes had higher levels of carbon present, which could be due to 

carbon deposition. 

5.2.3 X-ray Diffraction (XRD) 
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Figure 5-6 Diffractograms of the various OC samples obtained using a laboratory XRD 

To better understand this phenomenon, XRD was performed using a bench scale unit to 

determine the crystalline phases present on the surface; the obtained diffraction patterns are 

shown in Figure 5-6. Again, both the fresh sample and the sample after the redox reaction 

were found to contain only Fe2O3 on the surface. The samples that were removed during the 

course of the reaction had varying results. The sample removed at 110 minutes was found to 



Chapter 5 In-situ Synchrotron Study of Fe2O3 Reduction with Victorian Brown Coal 

 

111 | P a g e  

 

only contain FeO, while the particles removed at 160 minutes appeared to only have Fe3O4. 

In between, at the 135 minute mark, Fe3O4 and FeO were both detected, which represent the 

intermediate compounds between the first and third points. A study conducted by Zhang et al. 

[3] showed the reduction of CO2 by wüstite. They found that normal wüstite, Fe0.94O, 

underwent eutectic decomposition at temperatures below 843K to form active wüstite, 

Fe0.98O, as well as magnetite. The authors found that the active wüstite was unstable and was 

highly reactive towards CO2, leading to the formation of carbon and magnetite. The 

mechanism for this was thought to be via the transfer of O
2-

 ions to the surface of wüstite, 

oxidizing it to magnetite, with simultaneous transfer of electrons from wüstite to CO2, 

reducing CO2 to carbon.  

In this investigation, the eutectic decomposition step was not present but CO2 was found to 

react with FeO, similar to the active wüstite mentioned above. Fe0.94O was not detected in 

this investigation as this would have led to its dissociation into Fe0.98O and Fe3O4 under the 

inert N2 atmosphere during the cooling down period, neither of which was identified in the 

diffractograms. The FeO then proceeded to consume the CO2, generating more magnetite and 

carbon until the 160
th 

minute, at which point it was found to consist purely of magnetite. The 

difference between this study and that by Zhang et al. [3] is that this study was done at a 

higher temperature and allowed the deposited carbon to be gasified. This explains the 

presence of carbon as deposits in the micrograph as well as the increased amount of C in the 

energy dispersive X-ray spectra of the sample that was removed at a 135 minutes; this also 

explains why carbon was not detected in the other two samples. While some of the CO would 

have reacted with the OC, other CO molecules would not have had sufficient contact time to 

do so, which eventually led to the equilibration of the system.  



Chapter 5 In-situ Synchrotron Study of Fe2O3 Reduction with Victorian Brown Coal 

 

112 | P a g e  

 

0.0 0.2 0.4 0.6 0.8 1.0

0.0

0.2

0.4

0.6

0.8

1.0
0.0

0.2

0.4

0.6

0.8

1.0

FeO + Fe
3
O

4

Fe
3
O

4

Fe
3
O

4

FeO

CO
2

 

Figure 5-7 FeO-CO2-Fe3O4 phase diagram 

To confirm the observed carbon deposition phenomenon, a ternary phase diagram between 

FeO, CO2 and Fe3O4 was generated using FactSage 6.4 and is shown in Figure 5-7. The 

model is simple with the diagram split into two parts. When the level of CO2 is low with high 

levels of FeO, CO and CO2 were formed together with FeO and Fe3O4. This shows that CO2 

was indeed responsible for oxidizing FeO to Fe3O4. When there are high levels of CO2 and 

Fe3O4, the system equilibrates at Fe3O4 with CO and CO2. This supports the obtained results 

well because as the reaction progressed, the level of Fe3O4 was found to increase as 

evidenced by diffraction patterns obtained using the XRD. It is worthwhile mentioning that 

this model did not predict carbon deposition as the model only determines the equilibrium 

product compositions; this observation is in line with the experimental results as carbon was 

only present during the transition stages and disappeared when the system equilibrated to 

consist of only Fe3O4.  Hence, the carbon would have been converted to CO, which was 

found to be present in both parts of the ternary phase diagram.  

This part of the study has shown the reason behind the observed weight gain phenomenon of 

the OC-coal system. The weight gain is caused by a mixture of FeO oxidation by CO2 as well 

as carbon deposition on the OC. As the reaction progresses, the carbon is gasified and the 

system equilibrates to only contain Fe3O4. Therefore, the CLC system should not be operated 

to this point as this reaction is less exothermic relative to the oxidation reaction with O2.  
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5.3 Synchrotron In-Situ XRD 

The methodology employed for this investigation can be found in Section 3.4.4 of Chapter 3. 

In this part of the study, three different sets of experiments were performed to better 

understand the reduction of the Fe2O3 in the presence of VBC. It should be noted that this 

setup does not simulate a TGA, but provided intimate contact between the OC and the fuel, 

mimicking the reaction environment in a TGA. This analysis would help shed light on the 

initiation temperature at which Fe2O3 reduces to its various oxidation states in the presence of 

VBC. The vertical lines drawn on this figure correspond to the reflections generated using the 

Crystallographic Information File (CIF), which were obtained for the room temperature 

samples.  

5.3.1 Homogeneously Mixed Fe2O3 and Coal at a Ratio of 6:1 
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Figure 5-8 Diffraction patterns of homogeneously mixed Fe2O3 and coal at a 6:1 ratio 

Figure 5-8 shows the powder diffraction patterns which were obtained for the simulated in-

situ CLC system. The obtained diffractograms show that from ambient temperature to 500°C, 

the only phase present was Fe2O3. Rietveld refinement is a technique for the characterization 

of crystalline materials using a least squares system which alters a number of parameters 

sequentially to refine a theoretical profile until it matches the measured profile. The use of the 
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Rietveld refinement technique allows for the determination of the cell parameters and 

microstructure of a material containing crystalline compounds. Based on the Rietveld 

refinement that was carried out, Fe3O4 was found to be present at 550°C alongside Fe2O3, 

which later disappeared at 700°C, which implies that the reduction of Fe2O3 to Fe3O4 initiated 

at 550°C; further reduction of the OC to FeO or Fe was not detected. The obtained reduction 

temperature of Fe2O3 by CO falls within the range reported in literature by Hayes and 

Grieveson [4]. This is also similar to the results obtained in the TGA, whereby the reduction 

of the OC was found to start occurring around 550°C. Although the sample from the TGA 

was found to reduce to FeO at around 800°C, the sample in the quartz capillary did not reduce 

beyond Fe3O4. In a TGA, the gases flow over the crucible at a relatively slow rate, which 

translates to a long residence time; the residence time in the quartz capillary that was used 

here is short, which explains the difference in the results. Therefore, in the TGA, the CO 

formed from gasification of the fuel has a longer time around the OC to reduce it relative to 

when using the quartz capillary. One feature that is noticeable with increasing temperature is 

that the peak positions tended to shift towards lower angles, which is characteristic of lattice 

expansion and will be discussed in the following paragraphs. This shifting of the peak 

positions appears almost linear with respect to temperature. Once the peaks were stable, the 

gas was switched over to a mixture of air and N2. After 20 minutes, it was found that the OC 

had been completely reoxidized to Fe2O3. The sample was then cooled down to study any 

potential changes in the sample on cooling; as such, data were collected at 300°C and 150°C. 

The data collection was terminated here as no further reactions were expected to occur. 

Comparing the sample at ambient temperature and that at 150°C, the obtained peaks were 

found to align perfectly with the data obtained from the CIF file, showing that the effect of 

lattice expansion and contraction is a function of temperature. 
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Figure 5-9 Magnified reflection between 2θ of 20-21° (104 hkl plane) for samples at 35°C 

(before reduction), 950°C (after oxidation) and 150°C (after oxidation) 

A magnification of three of the diffraction patterns between 2θ values of 20-21° can be found 

in Figure 5-9. The diffractograms at 35°C, 950°C and 150°C represent the fresh particles, 

fully reoxidized particles and reoxidized particles during the cooling down period 

respectively. The reason these three diffraction patterns were chosen was because they all 

represent the sample containing only Fe2O3 without any Fe3O4. It can be observed that there 

is a peak shift of 0.18° to the left from a 2θ value of 20.31° for the particles at 35°C to 20.13° 

for the particles at 950°C. Comparing the former with the diffractogram at 150°C, it can be 

seen that the peaks align well at 20.31°. The reason behind this is the thermal expansion of 

the OC lattice, which is characterized by a shifting of the peaks to the left. Another obvious 

difference between diffraction patterns of the fresh particle and the particles after oxidation is 

that the peaks are better defined and narrower for the latter. Broader peaks either signify a 

sample has poor crystallinity [5] or that it has very small crystals, making it nanocrystalline. 

As the temperature was increased and even after it was cooled down at the end of the redox 

reaction, the peaks appear narrower indicating that the samples have increased in crystallinity, 

most likely from an increase in crystallite size. This is supported by the SEM images as 
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shown in Figure 5-4 (J-H) wherein the small crystallite sizes present in the fresh particle were 

absent in the reoxidized sample. 

5.3.2 Segregated Fe2O3 and Coal at a Ratio of 1:2.6 

15 20 25 30 35 40

0

2

4

6

8

10

12

14

   Fe
2
O

3
   Fe

3
O

4
    FeO

950°C

300°C

900°C

850°C

800°C

750°C

700°C

650°C

600°C

550°C

500°C

450°C

400°C

350°C

In
te

n
s
it
y
 (

a
.u

.)

2theta (Degrees)

Reduction

35°C

 

 

Figure 5-10 Diffraction patterns of segregated Fe2O3 and coal at a ratio of 1:2.6 

Since a greater extent of reduction was not achievable with the previous experimental 

condition, different conditions were investigated to enable this to occur. Figure 5-10 shows 

the collected diffraction patterns for the segregated Fe2O3 and coal run. The rationale behind 

this is that while the quartz capillary had a sizeable volume, the effective isothermal region 

along the length of the capillary was only around 5 mm while the length of the X-ray beam 

was even smaller at 1 mm. Hence, the Fe2O3 was loaded first and filled to cover the width of 

the X-ray beam. Then 2.6 parts of coal were added for every part of Fe2O3. This led the coal 

to be within the isothermal zone provided by the hot air blower, enabling its gasification but 

just outside of the detector beam region. Similar results to that in Figure 5-8 were observed in 

this experiment. The differences are two-fold with the first being that at 650°C, Fe2O3 had 

been completely reduced to Fe3O4 and secondly, the OC was found to further reduce to FeO 

at 950°C. Both of these differences can be attributed to the fact that there were significantly 

more reducing gases present in this experiment. Wimmers et al. [6] found that the reduction 
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of Fe3O4 occurred at a higher temperature compared to the reduction of Fe2O3 through the use 

of H2 gas in a Temperature Programmed Reduction (TPR) experiment. This supports the 

current findings whereby the reduction of Fe3O4 occurred at a higher temperature and after a 

longer time period relative to the reduction of Fe2O3. The duration it took for the contents in 

the quartz capillary to go from 650°C to 950°C was 30 minutes and within this period there 

were no changes in the phases present on the surface until FeO was detected. Since the 

penetration depth of X-rays is low, this would imply that the conversion of the OC followed 

that of the Shrinking Core Model (SCM) with the surface reacting first followed by 

subsequent reactions in the core of the OC particle. Once the particle had been reduced to 

Fe3O4, the metal oxide on surface started reducing to FeO with Fe3O4 still being detectable. 

The oxidation of the sample was not studied here as it was assumed that it would follow a 

similar trend to that presented in Figure 5-8.  

5.3.3 Segregated Fe2O3 and Char at a Ratio of 1:2.6 
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Figure 5-11 Diffraction patterns of segregated Fe2O3 and char at a ratio of 1:2.6  

 

VBC contains high levels of volatiles (~50%). Since most of the volatiles would be driven off 

as the temperature was increased, as evidenced in Figure 5-1, a large fraction of it would not 
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be able to react with the OC. The reason for this is that the temperature is not high enough for 

the reaction between Fe2O3 and the volatile matter to occur. This is not expected to be the 

case in a commercial unit as the coal would be introduced into an isothermally operated 

reactor. Hence, to further investigate the reduction behaviour of the OC, a third experiment 

was conducted. Figure 5-11 shows the diffraction patterns obtained from the investigation 

using the segregated Fe2O3 and char, at a ratio of 1:2.6. It was found that the reduction of 

Fe2O3 initiated at 600°C, unlike in the previous two experiments. The amount of Fe3O4 was 

found to slowly increase until a temperature of 750°C, after which only Fe3O4 was detected. 

At 950°C, only FeO was detected without any trace of Fe3O4, unlike the results obtained with 

the previous experimental conditions. Comparing Figure 5-8, Figure 5-10 and Figure 5-11, 

the differences in these results lie in the extent of reduction of the OC coupled with the 

temperature at which the reductions occurred. The lowest OC reduction temperature, 550°C, 

occurred when coal was used as the fuel while the reduction of Fe2O3 initiated at a 

temperature of 600°C in the presence of char. The volatiles in VBC begin to release from 

around 200°C; these can react with the OC, once a sufficient temperature is reached such as 

550°C here, leading to its reduction as observed in the cases where coal was used as the fuel. 

When char was used, instead of coal, the reduction of the OC was observed to initiate at a 

higher temperature. This is because the gasification of char is a slower process with a higher 

activation energy, relative to the gasification of coal.  

5.3.4 Oxygen Carrier Lattice Parameter 

The lattice parameters were obtained through Rietveld refinement of the synchrotron data. 

The definition of this refinement technique is mentioned in Section 3.4.4.1 of Chapter 3.  
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Figure 5-12 Lattice parameters of the OC in the experiment with homogeneously mixed 

Fe2O3 and coal (A), segregated Fe2O3 and coal (B) as well as segregated Fe2O3 and char (C) 
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Based on the Rietveld refinements that were performed, the lattice parameters and crystallite 

sizes of the OCs were obtained. These were plotted against temperature for the three cases 

that were investigated. Figure 5-12 (A-C) shows the plot of the lattice parameters as a 

function of temperature. The structure of a phase is defined by the lattice parameter, which 

describes the dimensions of a unit cell. Typically, a unit cell is represented by three unit cell 

lengths (a, b and c) and the angles between these (α, β and γ). For example, when the three 

unit cell lengths are the same and all the angles are 90°, the unit cell is described as being 

cubic with the structure having a corresponding symmetry. For the materials found to be 

present in this study, Fe2O3 has a hexagonal structure while both FeO and Fe3O4 have a cubic 

structure. This means that for FeO and Fe3O4, the unit cell lengths are all equal i.e., a=b=c. 

On the other hand, for Fe2O3, the unit cell lengths a and b are equal while c is different i.e., 

a=b≠c. Figure 5-12 (A) shows the lattice parameters obtained for the first experiment with 

the homogeneously mixed Fe2O3 and coal. It can be seen that the OC undergoes thermal 

expansion based on the increase in the value of the lattice parameters with increasing 

temperature. The lattice parameter was also found to vary with the oxidation state of the OC. 

The gradient of the lattice parameters are very similar, which mean that the size of the unit 

cell increases proportionally across all three axes. As mentioned, Fe2O3 is fully consumed by 

700°C and at 950°C it is reoxidized back to its initial oxidation state. The open symbols 

represent the sample as it was being cooled down and it can be seen that these values fit well 

with those obtained during the reduction period.  

The significance of this result is that the expansion and contraction of the lattice is a function 

of temperature and the extent of reduction of the OC. Figure 5-12 (B-C) show a similar trend 

with comparable values during the reduction reactions. The volume of the molecular species 

was obtained using GSASII; as expected, the lattice volume of Fe3O4 was the greatest, 

followed by Fe2O3 and lastly FeO. 
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5.3.5 Oxygen Carrier Crystallite Size 
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Figure 5-13 Crystallite sizes of the OCs in the experiment with homogeneously mixed Fe2O3 

and coal (A), segregated Fe2O3 and coal (B) as well as segregated Fe2O3 and char (C) 
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Similarly, the crystallite sizes of the OCs were plotted as a function of temperature, as shown 

in Figure 5-13 (A-C). Figure 5-13 (A) shows the results obtained for the first experiment that 

was performed. It can be seen that the gradient of the crystallite sizes for a given phase is 

almost linear and that there is an increase in this gradient as the sample was reduced to lower 

oxidation states. This is confirmed by the results shown in Figure 5-9, wherein the peaks 

were found to be narrower, signifying an increase in the crystallite size. Furthermore, as the 

sample was cooled down, the crystallite size did not return to its initial value, unlike the 

lattice parameter. This could possibly be due to coalescence, leading to the formation of 

larger crystallites as evidenced by the SEM images in Figure 5-4. While OCs are typically 

calcined to increase their mechanical strength, the downside is that the reactivity of the OC is 

reduced due to a decrease in the surface area caused by the increase in the crystallite size. As 

the temperature of the reaction was increased, the OC underwent calcination. Similar to the 

lattice parameters, the crystallite sizes were found to also be a function of the OC’s oxidation 

state and reaction temperature. The crystallite sizes for the second and third conditions that 

were investigated can be found in Figure 5-13 (B-C). While the trend appears similar, one 

difference is apparent. There is now a gap between the crystallite sizes going from one 

oxidation state to another and this is more pronounced in Figure 5-13 (C). The only 

difference between the first and the latter two experiments was the amount of reducible 

material in increasing order. It can be seen that the greater the reducing environment, the 

larger the gap and this translates to the formation of larger crystallite sizes. This is especially 

true for the third condition with the segregated Fe2O3 and char, which led the crystallite size 

to stabilize at 0.4 µm compared to approximately 0.35 µm for the previous two conditions.  

From a practical view point, it would appear that a highly reducing environment is not 

favourable for the OC in more ways than one. Firstly, this leads to an increase in the 

crystallite size of the OC, which is unfavourable as this causes a reduction in the surface area. 

Secondly, reducing Fe2O3 beyond Fe3O4 leads to a decrease in the thermodynamic 

equilibrium concentration of CO2; this would then cause a reduction in the CO2 capture 

efficiency, which is unfavourable as it is one of the most important parameters in CLC. 

5.4 Thermodynamic Modelling 

Thermodynamic equilibrium modelling was done using HSC Chemistry to obtain an 

Ellingham diagram while FactSage 6.4 was used to generate a phase diagram. An Ellingham 
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diagram shows the temperature dependence of a compound’s stability and can be used to 

evaluate the ease of reduction of a metal oxide.  

5.4.1 Ellingham Diagram 
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Figure 5-14 Ellingham diagram of the reduction of Fe2O3, Fe3O4 and FeO by CO 

An Ellingham diagram, as shown in Figure 5-14, was constructed for the reduction of Fe2O3, 

Fe3O4 and FeO with CO. Based on the model, the initiation temperatures for the reduction of 

the various oxidation states of iron oxide by CO can be obtained. The initiation temperatures 

for the reduction of Fe2O3, Fe3O4 and FeO in the presence of CO were found to be 650°C, 

710°C and 750°C respectively. The reduction of Fe2O3 at 650°C from the model does not 

match well with the results from Figure 5-8, Figure 5-10 and Figure 5-11.The reason for this 

is that the software only considers complete reduction of the OC and not the temperature at 

which a reaction is first considered thermodynamically feasible. Therefore, while there would 

have been Fe3O4 present prior to 650°C, Fe2O3 would also have been present. Hence, the 

software did not consider it to be feasible.  
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5.4.2 Phase Diagram 
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Figure 5-15 Fe2O3-CO phase diagram  

To further investigate this, a Fe2O3-CO phase diagram was constructed using FactSage 6.4 

and can be found in Figure 5-15. The model shows that Fe2O3 can be reduced to Fe3O4 at any 

temperature depending on the concentration of CO. The model also shows that FeO can only 

form once a temperature of 650°C is reached. While the model predicts the equilibrium 

composition for a given amount of reactants, the experiment conducted in this study cannot 

reach thermodynamic equilibrium as it was not a batch process. Another observation is that 

the reduction of Fe3O4 to FeO occurred only at 950°C, while it was thermodynamically 

possible to initiate at 650°C. This supports the initial theory that the reactions proceeded 

according to the SCM. 

5.5 Comparison of the TGA and In-Situ XRD Results 

A comparison between the experiments performed in the TGA and the first condition 

investigated in the synchrotron study will be made here. Both the experiments had Fe2O3 

mixed with coal in a 6:1 ratio, ensuring that the amount of the reducing agent to the OC was 

constant. The gases used in both the experiments were the same as well. In essence, 
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everything was the same between the two experiments except for the gas flow rate and the 

operation mode with the TGA having the gases flow over the OC-coal mixture, while a 

packed bed reactor was simulated in the quartz capillary that was used in the synchrotron-

based experiments. This translates to a difference in the residence time of the reducing gases 

in the presence of the OC. The gases in the TGA would have had a much larger residence 

time as the CO2 flowed over the mixture with some of the gases diffusing through the bed to 

react with the coal. The generated gases, since not in direct contact with the flow gas, would 

have to diffuse back to the surface of the mixture, hence resulting in an increased residence 

time. With such a long residence time, the OC was able to better convert the gasification 

products. The downside is that since the CO2 also had a very high residence time around the 

reduced OC, FeO in this case, it reacted with FeO to generate carbon; this then deposited on 

the CO and was then gasified, as shown in Figure 5-7. From a practical operation point of 

view, carbon deposition would reduce the CO2 capture efficiency of the CLC system 

especially when the OC with the deposited carbon enters the AR to be oxidized. As such, this 

should be avoided at all cost. Even when the amount of reducible material was increased by 

at least a factor of 16 between the first and the latter two synchrotron experiments, the 

generated FeO did not react with the CO2 and this is due to the much shorter residence time 

that the gases spent around FeO. This shows that the carbon deposition reaction is slow at 

temperatures up to 950°C and requires significant contact time before it can occur. 

Additionally, Fe2O3 should not be reduced beyond Fe3O4 from a thermodynamic point of 

view as this would reduce the equilibrium concentration of CO2; this would aid in obtaining a 

high CO2 yield. 
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5.6 Conclusions 

This chapter investigated the weight gain phenomenon which occurred during the reduction 

of an Fe-based OC. Additionally, synchrotron-based in-situ XRD was performed to study the 

reduction extent of the OC as well as the changes in the lattice parameters and crystallite 

sizes as a function of both temperature and the extent of reduction. The following conclusions 

were drawn from this study: 

1. Carbon deposition is possible when using an OC containing Fe2O3 if the CO2 has a 

long residence time around the OC particle having an oxidation state below Fe3O4. 

 

2. Carbon deposition should be prevented as this would lead to a reduction in the CO2 

capture efficiency in the CLC process.  

 

3. In terms of the fuel, coal is preferable over char because it is more reactive and the 

volatiles which are released can act as reducing agents for the OC. This was confirmed in the 

in-situ synchrotron study whereby the reduction of Fe2O3 was initiated 50°C earlier in the 

presence of coal compared to when it was reacted with char. 

 

4. Rietveld refinement of the in-situ synchrotron XRD data showed how the lattice 

parameters and crystallite sizes changed with the reaction temperature and the oxidation 

states of the OC. This is another reason as to why Fe2O3 should not be reduced beyond Fe3O4, 

as the larger crystallite sizes translate to lower surface areas.  

 

5. The results indicate that Fe2O3 is a suitable OC for CLC and would perform best if it 

is not reduced beyond Fe3O4 as this would yield the highest equilibrium conversion for CO.  

 

The obtained results suggest that the reduction of Fe2O3 beyond Fe3O4 is not favourable 

under a CO2 gasification environment over long residence times as it may lead to carbon 

deposition on the OC.  
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Chapter 6 Kinetic Modelling and Characterization of 

Fe2O3  

There have been numerous publications on modelling the reduction of different OCs in the 

presence of gaseous fuels such as syngas [1-3] and natural gas [4]. Since, there has been a 

growing interest in the field of iG-CLC in recent times, there is a need to model the reduction 

of an OC in the presence of a solid fuel. To date, there have not been any publications 

relating to modelling the reduction of an OC in the presence of a solid fuel. The benefit of a 

model capable of predicting the reduction of an OC is that it can be incorporated in future 

process and computational fluid dynamics models to assist in reactor sizing. The reduction 

kinetics of Fe2O3 in the presence of a char derived from VBC and using CO2 as the 

gasification agent will be modelled using two different models. The two models used were 

the Shrinking Core Model (SCM) and the Modified Volume Reaction Model (MVRM). The 

OCs will also be characterized to understand how the different operating conditions affect its 

structure and morphology. A thermodynamic model was also constructed to theoretically 

validate a key assumption of the kinetic models. 

This chapter uses two models to simulate the reduction kinetics of Fe2O3 in the presence of 

a char derived from VBC while also comparing the model’s predictions to experimental 

results.  

6.1 Experimental Conditions 

The TGA was used in this study together with the commercially obtained Fe2O3 that was 

calcined alongside char produced from the devolatilization of Yallourn coal. Char was used 

in place of coal to simplify the processing of the weight loss data from the TGA. The OC to 

char ratio used was 120:1 to ensure that Fe2O3 was not reduced beyond Fe3O4. The mass of 

char used was 2 g in each study together with the corresponding amount of OC. An inert 

environment was maintained in the TGA while the temperature was increased to ensure that 

no reaction occurred until the temperature set point was reached. Once this was attained, CO2 

was used as the gasification agent with balance N2. The total gas flow rate was 100 mL/min 

in all the experiments. To obtain sufficient data for the model, a number of experiments were 

done by varying either the CO2 concentration or temperature while keeping the other 

constant. Firstly, the CO2 concentration was kept constant at 10 v/v% and four temperatures 

were investigated: 750°C, 800°C, 850°C and 900°C. Then, the temperature was maintained at 



Chapter 6 Kinetic Modelling and Characterization of Fe2O3 

 

129 | P a g e  

 

850°C while the following CO2 volume concentrations were used: 5%, 10%, 20% and 30%. 

The data from these seven experiments were used to generate the model and these are termed 

model data experiments. The model was validated by comparing the results from the model 

with experimental data obtained from the experiments that were performed with the 

following conditions: 850°C and 15 v/v% CO2; 850°C and 40 v/v% CO2; 825°C and 25 v/v% 

CO2; 800°C and 20 v/v% CO2. 

The samples were also characterized using SEM, EDS, XRD and ASAP to study the changes 

the OC experienced as a function of CO2 concentration and temperature.  

Two different models, SCM and MVRM, were used to simulate the conversion of the OC as 

a function of time. 

6.2 TGA Experiments 

Some baseline experiments were performed to study the weight loss characteristics of the 

char as well as the OC-char mixture. Additionally, experiments were conducted where the 

temperatures and CO2 concentrations were varied to investigate the effect of these two 

parameters on the reduction kinetics of the OC. 
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Figure 6-1 Weight loss profile of char at 800°C with 10 v/v% CO2 as the gasification agent 
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Figure 6-2 Weight loss profile of the Fe2O3 and char mixture at 800°C with 10 v/v% CO2 as 

the gasification agent 

Figure 6-1 shows the weight loss profile of the char sample used in this study while Figure 

6-2 depicts the weight loss profile of the Fe2O3 and char mixture; both of these experiments 

were performed at 800°C with 10% CO2 by volume and balance N2. It can be seen that the 

weight loss profile is almost similar for both cases with the exception that the mixture 

containing Fe2O3 and char was found to complete at an earlier time. This is due to the OC 

removing the generated CO from char gasification, which is a known gasification inhibitor, 

as mentioned in Chapter 5 [5]. The sample containing char required 55 minutes to be 

completely reduced under these conditions, while the crucible containing both Fe2O3 and char 

only required 35 minutes to be completely reduced. This represents a 36% reduction in the 

time required to completely reduce the fuel, being significantly higher than the 10% reported 

in Chapter 4. The reason for this is that the time scale is much shorter here as the reported 

value in the Chapter 4 took into account the time from the start of the experiment to the end 

of the reduction period. In this investigation, the time taken to completely reduce the fuel 

started as soon as the reaction temperature was reached and not from room temperature. From 

a practical point of view, the value obtained here is a better estimate as the fuel would be fed 
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into an isothermally operated reactor at a temperature of around 800-1000°C and not at room 

temperature. Although the volatiles are not factored in here, the devolatilization reaction is 

very fast and the time taken is insignificant when compared to the time required for the 

gasification of char.  
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Figure 6-3 Weight loss profile of Fe2O3/char mixture at different temperatures and CO2 

concentrations  

Figure 6-3 shows the weight loss profiles for three different investigated conditions: 750°C, 

10 v/v% CO2; 850°C, 10 v/v% CO2 and 850°C, 30 v/v% CO2. The final weight of the 

mixture at the end of the reaction is around 96.5% for all the three cases. The most obvious 

difference is observed when the temperature was decreased, which resulted in the time taken 

to complete the reaction to increase from a few minutes at 850°C to more than two hours at 

750°C. This shows that a small change in temperature can have a significant effect on the 

kinetics of a reaction. When the concentration of CO2 was increased while keeping the 

temperature constant, a slight decrease in the final weight of the sample was observed, which 

implies that the OC was reduced further and this could be due to the higher concentration of 

CO present in the vicinity of the OC. A higher concentration of CO in the CO2 and N2 mix 

would result in reduced diffusional resistance for CO from the bulk gas to the OC. 
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Figure 6-4 Conversion of the Fe2O3 and char mixture at 800°C with 10 v/v% CO2 as the 

gasification agent 

The weight loss data from Figure 6-2 was processed to yield the conversion of the OC and 

char mixture as a function of time and this is shown in Figure 6-4. It can be observed that the 

gradient of the curve from the start of the reduction is almost constant for the majority of the 

reaction and this tapers off from a conversion of 0.8 onwards. The decline in the rate towards 

the end is due to the reduction in the amount of available char, as this would reduce the CO 

generation rate and subsequent reaction rate with the OC.  

Henceforth, the graphs that will be discussed with start from t=0 to allow for easier 

comparison between the different experimental conditions.  

6.3 Shrinking Core Model (SCM) Results 

This section will detail the use of the SCM model to predict the conversion of the OC and 

char mixture. Additionally, from the model, certain values such as the activation energy and 

pre-exponential factor will be calculated for comparison with values from literature. 
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Figure 6-5 Comparison of experimental and SCM conversions for the Fe2O3 and char mixture 

at 800°C with 10 v/v% CO2 as the gasification agent 

Figure 6-5 shows the experimental and SCM conversions as well as the linearized 

experimental conversion as a function of time for the experimental condition at 800°C with a 

CO2 concentration of 10 v/v%. The inverse gradient of the linearized plot translates to 𝜏 

which yields a value of 42.55 min
-1

.  

Equation (3.17), from Chapter 3, has the following form after substituting Equation (3.19) 

into it: 

𝜏 =
𝜌𝑚𝑟𝑔

�̅�𝐶𝑔
𝑛𝑘

                           6.1 

Applying the separation of variables and taking the natural log, yields the following equation: 

ln  (
𝜌𝑚𝑟𝑔

�̅�𝜏
) = ln 𝑘 + 𝑛 ln 𝐶𝑔                                            6.2 
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Figure 6-6 Plot to obtain the reaction order 

To obtain the reaction order, ln  (
𝜌𝑚𝑟𝑔

�̅�𝜏
) was plotted against ln 𝐶𝑔. A line of best fit was then 

generated through the points and the reaction order was found from the gradient of this line. 

Figure 6-6 depicts this plot and the reaction order was found to be 0.36. Comparing this value 

to that of Abad et al. [6], the obtained value here is much lower compared to their values of 1 

and 0.8 for the pre-oxidized and activated ilmenite respectively with CO as the fuel. A point 

to note here is that CO is not introduced directly into the TGA, rather is has to be first 

generated from the gasification of the char, which is a slow process; this could be a reason for 

the difference in the obtained order of reaction. The obtained order of reaction is similar to 

that reported in literature for char gasification [7]. Another point to note here is that this SCM 

equation uses the concentration of CO2 and not CO as the generation of CO was found to be a 

function of time and the use of either an average value or a function did not yield accurate 

predictions. 

To obtain the activation energy, Ea, a plot of ln (ko) against T
-1

 was constructed and this can 

be found in Figure 6-7. The activation energy was found to be 209.1 kJ/mol, which is roughly 

double the value reported by Abad et al. [6] using CO as the fuel. On another note, this value 

is similar to the activation energies for the gasification of char as found by Fermoso et al. [7]. 

This serves to confirm that gasification of char is the rate limiting step in CLC, else a value 

similar to that reported Abad et al. [6] would have been obtained.  
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Figure 6-7 Plot to obtain the activation energy 

With both the reaction order and activation energy found, the pre-exponential factor was 

estimated by setting both n and Ea in Equation (3.17) and using the Generalized Reduced 

Gradient (GRG) nonlinear method [8, 9] for the optimization of nonlinear systems. The 

optimization resulted in a value of 9.73x10
-10

 for c and upon substitution of 𝜌𝑚, 𝑟𝑔and 𝑏, ko 

was found to be 3.53x10
5
 mol

0.64
m

-0.92
s

-1
. The order of magnitude of this value falls within 

the range reported in literature for char gasification [7].  
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Figure 6-8 Comparison of experimental and model predictions for τ as a function of T with a 

constant Cg of 10 v/v% CO2 
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Figure 6-9 Comparison of experimental and model predictions for τ as a function of Cg with a 

constant T of 850°C 

Based on the obtained values for c, Ea and n, a model was generated to predict 𝜏 as a function 

of temperature at a constant Cg of 10 v/v% CO2 and this is shown in Figure 6-8; similarly, 

Figure 6-9 shows the model predictions for 𝜏 as a function of Cg at a temperature of 850°C. 

The former figure shows that the predictions do not do very well at low temperatures as the 

kinetics of both the gasification of the char and reduction of the OC are very slow, but it is 

capable of predicting 𝜏 for temperatures beyond 800°C within an acceptable margin of error. 

Figure 6-9 shows a similar trend for when Cg was varied and it can be seen that the model fits 

the experimental data well with the exception for when Cg had a value of 0.3, which could 

have been an outlier as the model fitted the rest of the data well. 
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Figure 6-10 Comparison of experimental and SCM results for four different conditions 

 

Figure 6-10 shows the data for experiments that were performed to validate the model. For 

the first two conditions at 850°C, it can be seen that the model and experimental data fit very 

well and almost perfectly when Cg was 40 v/v%. As the temperature was dropped to 825°C 

with a CO2 concentration of 25 v/v%, the model was found to over predict the conversion and 

complete at an earlier time relative to the experimental data. When the temperature was 

further dropped to 800°C and with a CO2 concentration of 20 v/v%, the disparity was found 

to increase even further.  

In conclusion, the SCM was found to be able to sufficiently predict the reduction of the OC in 

the presence of char with CO2 as the gasification agent. The predictions improved 

significantly at higher temperatures and CO2 concentrations.  The extent of reaction between 

the CO from char and the OC varies as a function of Cg and T. This could not be accurately 

captured and as such, a global kinetic equation was generated. As mentioned earlier, the 

model does not work very well at low temperatures due to a retardation in the char 

gasification and OC reduction kinetics. Hence, it is more applicable at higher temperatures, 

which is more relevant in the context of CLC.  
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6.4 Modified Volume Reaction Model (MVRM) Results 

Unlike the SCM, the MVRM is an empirical model and as such does not require the 

properties of the OC to be included into the model and only relies on the conversion of the 

OC as a function of time.  
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Figure 6-11 Plot of ln (a) and ln (b) against T
-1

 (A-B); plot of (a) and (b) against Cg (C-D) 
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From the Methodology chapter, Chapter 3, it is understood that the values of both the fitting 

parameters (a) and (b) are needed for the MVRM to be functional. Qualitatively, based on the 

observed fit with the experimental results, it was found that (a) describes the reaction rate 

while (b) affected the prediction of the reaction rate, resulting in it describing the shape of the 

conversion curve. Based on the values obtained from the model data experiments, Figure 

6-11 was constructed to study the potential relationship between (a) and (b) and how they 

varied as a function of Cg and T. The best fit was found for the plot of ln (a) against T
-1

 with 

an R
2
 value of 0.92. Based on this, it was predicted that the behaviour of (a) as a function of 

T followed an Arrhenius style relationship. The rationale behind this statement is that the 

reaction rate is dependent on the amount of energy available in the atoms and the Arrhenius 

equation predicts how many of these atoms have energies in excess of the activation energy 

to enable the reaction to proceed.  
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Figure 6-12 Plot of ln (a) against T
-1

 for b=1.3 (A); plot of (a) as a function of Cg for b=1.3 
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Since the variations in (b) were minimal, less than 15%, it was averaged out and a value of 

1.3 was obtained for it. This new value of (b) was then put into the governing equation to 

solve for (a) and this was then plotted as a function of Cg and T
-1

, which can be found in 



Chapter 6 Kinetic Modelling and Characterization of Fe2O3 

 

140 | P a g e  

 

Figure 6-12. A much better fit was obtained with an R
2
 value of 0.97 for both the curves. This 

confirms that (a) follows an Arrhenius style relationship with respect to temperature and a 

linear relationship with Cg. Based on the aforementioned statement, the following 

relationship for (a) was proposed: 

𝑎(𝑇) = 𝑎0 exp (
−𝐸𝑎

𝑅𝑇
)    6.3 

This form assumes that (ao) is the pre-exponential factor, while the rest of the symbols have 

been defined in the previous section. The activation energy was found to be 198.7 kJ/mol 

while the pre-exponential factor had a value of 1.45x10
10

 s
-1.3

. While the activation energy is 

a feasible value and is similar to that obtained using Figure 6-7 above for the SCM, the pre-

exponential factor is much larger than any of the values that have been reported in literature 

by at least three orders of magnitude [7]. One possibility for this is that while ao represents 

the pre-exponential factor from a mathematical standpoint, it could be representing another 

constant in reality and as such requires further investigation. While it is acknowledged that 

there are alternate ways to interpret (a) and (b) for the MVRM, it was found that this 

interpretation provided a good fit for the data as well as allowed for a trend to be found for 

the relationship between (a) and both Cg and T.  
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Figure 6-13 Comparison of experimental and MVRM conversions for the Fe2O3 and char 

mixture at 800°C with 10 v/v% CO2 as the gasification agent 



Chapter 6 Kinetic Modelling and Characterization of Fe2O3 

 

141 | P a g e  

 

A similar plot to that of Figure 6-5 which was constructed for the SCM predictions was made 

for the MVRM predictions under the same conditions and this can be found in Figure 6-13. It 

can be seen that this model provides a better fit compared to SCM for this set of conditions.   
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Figure 6-14 Comparison of experimental and model predictions for (a) as a function of Cg 

with a constant T of 850°C 
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Figure 6-15 Comparison of experimental and model predictions for (a) as a function of T 

with a constant Cg of 10 v/v% 
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As the model fitted the experimental data well, Figure 6-14 and Figure 6-15 were constructed, 

which display the model prediction of (a) as a function of Cg and T. It can be seen that the 

relationship is exponential with T and linear with Cg. Using these model predictions, the 

value of (a) was calculated for the conditions used in the data validation experiments and 

plotted in Figure 6-16 below. Comparing this to Figure 6-9, it can be seen that this model 

appears to better predict the conversion of the OC relative to that found using the SCM. The 

reason for this could be due to the differences in the assumptions between the two models. 

The MVRM assumes negligible resistance to gas diffusion, while SCM assumes the opposite. 

Hence, it is possible that the diffusional resistance in this experiment was insignificant.   
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Figure 6-16 Comparison of experimental and MVRM results for four different conditions 

Using FactSage 6.4, it was found that the equilibrium concentration of CO relative to the 

generated CO2 was 0.002% at 750°C and this value increased to 0.004% at 900°C. These 

predicted values are much smaller than the experimental value of 5 v/v% CO in CO2 found in 

this study. The rationale for such a high experimental value is due to the lack of intimate 

contact between the OC and char gasification products in the TGA. The reason the model 

results are so low is because the software looks at the system from a thermodynamic 
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equilibrium point of view and discounts aspects such as kinetics and assumes perfect contact 

in a closed system over an infinite time period.  

6.5 Particle Characterization 

Here, some of the used OC particles were characterized to study the effect of temperature and 

CO2 concentration on the morphology and structure of the OC particles. A few samples were 

selected for this study, namely the OCs that were used in the experiments that were subjected 

to the following conditions: 850°C and 5 v/v% CO2, 850°C and 50 v/v% CO2; 725°C and 10 

v/v% CO2. These are denoted as S1, S2 and S3 respectively. The first two samples will show 

if the concentration of Cg has any effect on the OC while the last sample will show if 

operating at a low temperature has any impact on the OC.   
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6.5.1 Scanning Electron Microscope (SEM) 

Figure 6-17 Micrographs of the fresh calcined particle (A, B); S1 (C, D); S2 (E, F); S3 (G, H) 
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Figure 6-17 shows the SEM images obtained for S1, S2, S3 and the fresh calcined sample. 

Images A, C, E and G were taken at a lower magnification of 500X while images B, D, F and 

G were taken at a higher magnification of 30,000X. It can be seen that the fresh and used 

particles appear very similar at a lower magnification. At a higher magnification, the grains 

of the used samples appear to be larger and having more irregularities. Typically, larger 

grains translate to a reduction in the surface area, but the presence of higher levels of 

irregularities would increase this value; this will be discussed in the following sub-sections 

by analysing the results from the Accelerated Surface Area and Porosimetry (ASAP) 

measurement. Due to the different experimental conditions that each of the OC samples were 

subjected to, each particle would have differing degrees of reduction as it was a 

heterogeneous system. Additionally, the reduction of each particle would differ depending on 

the local concentration of the reducing gas.  

6.5.2 Energy Dispersive X-ray Spectroscope (EDS) 
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Figure 6-18 Energy dispersive X-ray spectra of S1, S2, S3 and the fresh calcined sample 

The results from the EDS analyses can be found in Figure 6-18. This shows the representative 

results obtained over an area scan covering more than 50% of the surface of the OC. Ash was 

not detected due to the small amount of char used in this investigation. It is observable that all 

the samples contained carbon and this is not due to presence of carbon on the sample, as the 

fresh sample was of laboratory grade and it was calcined before use. This is due to the carbon 
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tape used to secure the OC to the sample stub. Besides this, the spectra of the four samples 

appear to be very similar to each other. Since EDS is a semi-quantitative technique, the X-ray 

counts can be compared in a relative sense. Compared to the fresh sample and after 

normalizing to exclude carbon, it was found that the used samples contained higher levels of 

Fe and lower amounts of O, confirming that it had been reduced.  

6.5.3 Accelerated Surface Area and Porosimetry (ASAP) 

Table 6-1 Pore structure analysis results for S1, S2, S3 and the fresh calcined sample 

Sample BET surface area 

(m
2
/g) 

Cumulative pore 

volume (cm
3
/g) 

Average pore width (Å) 

Fresh calcined Fe2O3 2.7664 0.004689 54.824 

S1 2.9981 0.002996 73.688 

S2 3.1881 0.005116 54.046 

S3 3.8484 0.006815 41.863 

 

Table 6-1 shows the results obtained from the ASAP analysis. It can be seen that all the 

reduced samples have a higher BET surface area relative to the fresh particle and this is also 

evident from the SEM images, which was ascribed to the increase in the surface irregularities. 

The cumulative pore volume for all the used samples except S1 was found to be higher when 

compared to the fresh sample. The primary difference between S1 and S2 is the concentration 

of the reducing gas in the vicinity of the OC. Focussing on the average pore size, both S1 and 

S2 had values similar to or higher than that of the fresh sample while S3 experienced a 

reduction in said value. Compared to S1 and S2, S3 was subjected to a lower reaction 

temperature which could be the reason for this observation. Alternatively, CO2 has a kinetic 

diameter of 3.9Å [10], which is larger than that of CO but much smaller than the average 

pore width of S3. This means that both CO and CO2 would not have experienced difficulties 

entering and exiting the matrix of the OC.  
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6.5.4 X-ray Diffraction (XRD) 
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Figure 6-19 Diffractograms of S1, S2, S3 and the fresh calcined sample 

Figure 6-19 shows the diffractograms of the four samples that have been discussed thus far. 

As expected, the fresh calcined OC only shows peaks for Fe2O3 due to the high purity of the 

sample. Samples S1 to S3 contain both Fe2O3 and Fe3O4, signifying that the OC was not fully 

reduced to Fe3O4. These results validate the statement initially made regarding the OC not 

being reduced beyond Fe3O4. 

6.6 Final Comments 

The SCM can predict the time it will take for the OC to be reduced by a certain amount of 

char at a given temperature and CO2 concentration. Using the SCM, it was found that S1, S2 

and S3 would require 17.9 minutes, 8.1 minutes and 220.8 minutes respectively to completely 

react with the char; S3 needs a long time to oxidize the fuel due to the slow char gasification 

kinetics at such a low temperature. These values were also similar, within ±5%, when 

predicted using the MVRM. It can be seen that the conditions that S2 were subjected to 

resulted in the fastest reduction time of the three; the reason behind this observation is due to 

both reactivity and kinetics, which are related. Since the ratio of the OC to the fuel was much 

higher than the stoichiometric amount, the reduction of the OC can be a measure of its 
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reactivity. For S2, both the temperature and concentration of CO2 were high, which led to the 

char being gasified quickly while the generated CO was also quickly consumed by the OC. 

With respect to S3, while the reaction rate was slow, the reactivity was still adequate to allow 

for the conversion of CO to CO2 by the OC. Focussing on S1, the low concentration of CO2 

led to a decrease in the rate of CO production, which in turn increased the time taken for the 

char to be fully consumed.  

Based on the obtained results, it can be seen that the reduction of the OC is a function of the 

gasification rate of char. It was found that both models provided a good fit to the 

experimental results, enabling the prediction of the time required to fully oxidize a certain 

amount of fuel at a given temperatures and CO2 concentration. This is relevant from a 

practical point of view as this is the first ever model to describe the reduction kinetics of 

Fe2O3 in the presence of a solid fuel. 

6.7 Conclusions 

This chapter modelled the reduction of Fe2O3 in the presence of char prepared from VBC. 

Two models, the SCM and the MVRM, were used. The activation energy, reaction order and 

pre-exponential factor were found for the SCM before it could be used to model the reduction 

of the OC. The fitting parameters for the MVRM, (a) and (b), were derived from the 

experimental data. The key conclusions from this study are as follows: 

1. Two different models, SCM and MVRM, were used to model the reduction of the OC 

in the presence of a solid fuel, Yallourn char. The former incorporated the different physical 

properties of the OC while the latter was an empirical model and did not take into account the 

properties of the OC.  

 

2. For the SCM, an activation energy of 209 kJ/mol, a reaction order of 0.36 and a pre-

exponential factor of 3.53x10
5
 mol

0.64
 m

-0.92
 s

-1
 were obtained. With the MVRM, the 

governing variables (a) and (b) were found. The variable (a) was found to be a function of 

temperature and concentration of CO2 while (b) was a constant with a value of 1.3. With 

these values, the activation energy was found to be 198.7 kJ/mol. The difference between the 

two activation energies was around 5%, which is an independent confirmation of the validity 

of the models.  
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3. The obtained activation energies are higher than the values reported in literature for 

the reduction of Fe2O3 in the presence of gaseous fuels. This means that the activation energy 

that is required to initiate the reaction between Fe2O3 and syngas is smaller than when char is 

used as the fuel instead. The reason for this is that both the models that were used could not 

distinguish between the activation energies of char gasification and reduction of the OC, but 

were capable of extracting the higher value which corresponded to that of char gasification.  

 

4. Using the two models, the conversion of the OC in the presence of char was predicted 

and a good fit was obtained for both models for temperatures above 800°C. The obtained 

results show that both of these models are capable of predicting the conversion of the OC in 

the presence of a char derived from VBC.  

The obtained results showed that both the SCM and MVRM could adequately model the 

reduction of Fe2O3 in the presence of a char derived from VBC. The calculated activation 

energies using the two models confirm that the rate limiting step in CLC is the gasification 

of char.  
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Chapter 7 Effect of Reactor Operating Mode 

The majority of the reported bench scale work in CLC involves the use of fluidized bed 

reactors [1-3] with a small amount of work reported using atmospheric and pressurized fixed 

bed reactors [4, 5]; the former is preferred as it provides better contact between the solids and 

the gases. To date, there have not been any investigations comparing these three 

configurations. This chapter will investigate the performance of the three setups using a 

multi-purpose reactor housed at Southeast University. Zhang et al. [6] used the same reactor 

to investigate the effect of pressure on the conversion of the fuel to CO2. Hence, a 

comparison will be made between the results obtained in this study using Yallourn coal with 

those found by Zhang et al. [6] using a bituminous coal from Xuzhou.  

This chapter compares the performance of three different reactor configurations (fluidized 

bed, atmospheric fixed bed and pressurized fixed bed) in CLC of VBC using an iron ore as 

the OC. This is the first study of its kind and will provide valuable information regarding 

the performance of the three different reactor configurations.  

7.1 Experimental Conditions 

Since the obtained results will be compared to that reported by Zhang et al. [6], the 

conditions employed in this study mimicked those which were used in their investigation. 

Additionally, no TGA tests were performed for this OC as it has been proven to possess 

sufficient reactivity based on their studies. All experiments were conducted at 970°C with a 

total gas flow rate of 1040 mL/min. During reduction, 74 v/v% steam was used as the 

gasification agent with the balance being composed of N2. Oxidation was performed using a 

gas stream containing 5 v/v% O2 and balance N2, having a total flow rate of 1000 mL/min.  

40 g of quartz sand with a size range of 600-1000 µm was placed atop the distributor after 

which 40 g of Companhia Vale do Rio Doce (CVRD) ore with a size range of 90-180 µm 

was introduced into the reactor. This was then heated to the operating temperature under 

oxidizing conditions to calcine the OC. Once the temperature set point was reached, 0.4 g of 

Yallourn coal having a size range of 125-180 µm was added into the reactor; this 

corresponded to an OC to coal ratio of 100:1.  

It should be noted that for the three investigated configurations (fluidized bed, atmospheric 

fixed bed and pressurized fixed bed), the same mass of the OC and fuel were used alongside 
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the same fluidization gases and flow rates. This was done to ensure that the results were 

comparable amongst the three as well as with the results obtained by Zhang et al. [6].  

The difference between the fluidized and two fixed bed reactors lie in the direction of gas 

flow. In the fluidized bed reactor the gases enter through the bottom and exit through the top. 

In the fixed bed reactors, the gases flow in the opposite direction. The pressurized fixed bed 

reactor was operated at 5 bar pressure and this was manually controlled using a pressure 

regulator which was installed downstream.  

The gases exiting the reactor are diluted by 1000 mL/min of N2 to satisfy the minimum gas 

flow rate required for the gas analyser. At the end of the tenth reduction reaction, which took 

approximately 10 hours, the reactor was cooled down and the samples were characterized.  

A Scanning Electron Microscope (SEM), an Energy Dispersive X-ray Spectroscope (EDS), 

X-ray Diffraction (XRD) and Accelerated Surface Area and Porosimetry (ASAP) unit were 

employed to investigate if the different operating conditions affected the structure and 

morphology of the OC particles.  

7.2 Fluidized Bed Reactor Results 

The outlet gas concentration profiles, carbon conversion and gasification rate obtained using 

the fluidized bed reactor will be discussed in this section. 
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Figure 7-1 Outlet gas concentration profiles of the first reduction reaction using the fluidized 

bed reactor 
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Figure 7-2 Outlet gas concentration profiles of the tenth reduction reaction using the fluidized 

bed reactor 

The outlet gas concentration profiles for the first and tenth reduction experiments performed 

in the fluidized bed reactor can be found in Figure 7-1 and Figure 7-2 respectively. From 

Figure 7-1, it can be seen that the chronological order in which the peaks were formed are as 

follows: CH4, CO, CO2 and lastly H2. Methane was the first gas to be detected as it is evolved 

during the pyrolysis of the coal, which is a very quick reaction; this occurs as soon as the coal 

is introduced into the isothermally operated reactor. Soon after, CO, CO2 and H2 were 

detected and these were the prevalent gases formed from both the steam gasification of coal 

and the combustion of these gasification intermediates by the OC. The last gas to reach the 

baseline value was CO2. Both CO and H2 are by-products of char gasification using steam 

and are converted into CO2 and H2O upon reaction with the OC. It can be seen that the 

amount of H2 at any point is much higher than CO. Theoretically, the gasification of char by 

steam leads to the generation of an equimolar amount of CO and H2. Additionally, it is a 

well-known fact that OCs are typically more reactivity with H2 than CO [7], therefore this 

should have led to a lower amount of H2 being detected by the gas analyser. This observed 

behaviour can be explained by the water-gas shift reaction (WGSR) in which CO reacts with 

the steam to form CO2 and H2; this explains the reason behind the low concentration of CO. 
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The high concentration of steam in the reactor would cause the WGSR to proceed in the 

direction that forms more H2 and CO2. 

It can be observed that in the first reduction reaction, the peak outlet gas concentration was of 

H2 and this changed to CO2 in the tenth cycle. Numerically, the peak concentration of H2 

decreased from a value of 6% to around 4.5% while CO2 increased from 5% to 6%. Based on 

the experimental data from the intermediate reduction reactions, this trend was found to hold 

true with a general increase in the concentration of CO2 with an accompanied reduction in H2 

and CO. This variation was found to stabilize around the fifth/sixth reduction reaction and is 

characteristic of conditioning of the OC particles whereby the reactivity appears to increase 

during the initial redox cycles and then tapers off or decrease depending on the sample. The 

concentration of CH4 was found to be almost constant in all the cycles and this is due to the 

way the fuel was introduced into the reactor. Since dried Yallourn coal is highly reactive with 

approximately half of its mass comprising volatile matter, a large proportion of this did not 

come into contact with the OC as it was dropped into the reactor. This is evident from the 

CH4 peak formation in the first 30 seconds of the reaction. The other observable difference is 

that there is a decrease in the time taken for the reaction to complete. This reduced from 

around 725 seconds in the first reduction reaction to around 525 seconds in the tenth 

reduction reaction, which represents a 27.6% decrease in the time taken for the combustion of 

the fuel. This can be ascribed to the increase in the OC’s reactivity, enabling it to convert the 

coal gasification products at a faster rate. The consumption of the gasification intermediates, 

which are known gasification inhibitors, results in an increase in the rate of gasification of the 

fuel. This in turn causes the reaction to complete at an earlier time. Additionally, this could 

also be due to increased attrition of the fuel particles, leading to a greater extent of particle 

elutriation out of the reactor and this will be discussed with the aid of the following figure.  
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Figure 7-3 Carbon conversion rate as a function of carbon conversion for the first and tenth 

reduction reactions using the fluidized bed reactor 

Figure 7-3 shows the plot of the carbon conversion rate against carbon conversion for the first 

and the tenth reduction reactions. The peak carbon conversion rate is similar for both the 

plots but there is a slightly higher average rate, 0.30 s
-1

 vs. 0.26 s
-1

, during the initial stages 

(X=0 to X=0.4) of the tenth reduction reaction. This means that the OC is more reactive 

towards the reducing gases with increasing cycles. On the other hand, it can be seen that the 

carbon conversion experiences a decrease going from the first to the tenth reduction. The 

lower carbon conversion in the tenth reduction is partially due to a larger proportion of the 

fuel having elutriated out of the reactor. With the increasing reaction cycles, it was evident 

that more char was being caught in the particulate trap. Figure 7-3 shows the carbon 

conversion to decrease from 0.87 to 0.74 between the first and the tenth reduction reactions, 

confirming the observation regarding the increase in the amount of elutriated char. 

Alternatively, this could be due to changes in the fluidization profile in the reactor due to the 

degradation of the stainless steel mesh that was used over the distributor plate. At the end of 

the reaction, after the reactor has cooled down, it was observed that the integrity of the mesh 

had been compromised with gaps being formed in certain regions; this could have affected 
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the fluidization profile in the reactor by forming dead zones in certain regions leading to 

channelling of the fluidization gases.  
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Figure 7-4 Gasification rate as a function of time for the first and tenth reduction reactions 

using the fluidized bed reactor 

The gasification rate of the fuel as a function of time is shown in  

Figure 7-4, which is an extension of the previous figure. An integration of the areas under 

these curves over the course of the reaction would yield the amount of carbon that has been 

consumed and this will be discussed in the sections to follow. It can be seen that similar to 

Figure 7-3, the region beneath the plot is larger in the first cycle compared to that in the tenth 

cycle. The main difference between the two curves is that the peak gasification rate in the 

tenth reduction reaction is higher by around 10% compared to that in the first cycle and the 

reason for this is similar to that mentioned above regarding the increased reactivity of the OC. 

During the oxidation reaction, the gas concentration profiles were similar for all the cases, 

with the exception for minor amounts of CO2 being found in the later cycles. This is most 

likely due to residual char in the dead regions of the bed. Initially, all of the available oxygen 

was consumed by the OC, followed by a rapid increase in the O2 concentration at the outlet. 

Subsequently, this was found to stabilize to the inlet concentration of O2.  
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7.3 Atmospheric Fixed Bed Results 

The outlet gas concentration profiles, carbon conversion and gasification rate obtained using 

the atmospheric fixed bed reactor will be discussed in this section. 
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Figure 7-5 Outlet gas concentration profiles of the first reduction reaction using the 

atmospheric fixed bed reactor 
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Figure 7-6 Outlet gas concentration profiles of the tenth reduction reaction using the 

atmospheric fixed bed reactor 
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The gas concentration profiles of the first and tenth reduction reactions that were undertaken 

using the atmospheric fixed bed reactor can be found in Figure 7-5 and Figure 7-6 

respectively. The experimental conditions were similar to those used in the fluidized bed 

reactor except the steam and N2 mixture was fed from the top of the reactor in this 

configuration. Once the reactor temperature and the gas concentrations were found to have 

stabilized, coal was dropped into the reactor. This configuration had the advantage of 

ensuring that the volatile matter passed through the OC bed. This was one of issues observed 

during the operation of the fluidized bed reactor whereby a large proportion of the volatile 

matter and coal gasification products did not contact the OC, as evidenced by the greater 

amounts of the unconverted gases CO, H2 and CH4 in Figure 7-2 relative to that in Figure 7-6. 

It can be seen that both figures display a similar trend, but is significantly different from the 

results obtained using the fluidized bed reactor. Firstly, no H2 was detected in the outlet gases 

using this setup unlike those obtained when the fluidized bed reactor was used. The reason 

for this is that all the generated gases had to pass through the OC. In a fluidized bed reactor, 

as the coal particle was fluidized and simultaneously gasified, some of the gaseous products 

were formed above the bed and hence did not contact the OC. Such behaviour does not occur 

in a fixed bed reactor and coupled with the fact that Fe2O3 has a higher selectivity and 

reactivity towards H2 relative to CO, no H2 was detected in the outlet gases.  

The second difference is that the outlet concentrations of both CO and CH4 are significantly 

lower in this setup. A 93.8% reduction in the peak CO concentration was obtained, while the 

peak value of CH4 was reduced by 34.7%. An investigation by Adánez et al. [8] showed that 

ilmenite, an Fe-based OC, was most reactive with H2, followed by CO and had the lowest 

reactivity when reacted with CH4. This supports the current findings in which the 

concentration of CO was significantly reduced compared to that of CH4 between the two 

configurations as the OC has a higher reactivity towards CO relative to CH4.  

Thirdly, the peak CO2 concentration obtained using this reactor configuration increased by 

151.1% relative that obtained using the fluidized bed reactor. Numerically, this increased 

from 4.87% to 12.23%. The reason behind this increase is due to the increased conversion of 

CO and CH4 into CO2.  

The next difference lies in the CO2 concentration profile. In the fluidized bed experiment, the 

distribution of the gases appears to be positively skewed, which means that the distribution is 

heavier to the left of the mean. While the gas concentration profile here is similar to that 
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obtained using the fluidized bed experiment, it is more positively skewed. There is also an 

obvious distinction with respect to the combustion of the volatiles relative to the combustion 

of the char gasification products. It can be seen here that the combustion of the volatiles 

occurs primarily in the first minute, as the level of CH4 and CO2 can be seen to drop after this 

period, due to the slower rate of char gasification. 

The last difference lies in the time taken to completely combust the coal. Here, complete 

combustion was achieved at around the 600 second mark which is 14.3% slower compared to 

the time taken by the 10
th

 reduction using the fluidized bed reactor. This observation is to be 

expected as the reaction time in a fluidized bed reactor would be much shorter due to better 

mixing and contact between the fuel and the gasification agent.  
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Figure 7-7 Carbon conversion rate as a function of carbon conversion for the first and tenth 

reduction reactions using the atmospheric fixed bed reactor  

Figure 7-7 shows the carbon conversion rate as a function of carbon conversion for the first 

and tenth reduction reactions and it can be seen that these two profiles are similar with a few 

minor differences. The peak value appears to have dropped slightly going from the first to the 

tenth reduction reaction. At the tenth reduction reaction, it can be seen that the carbon 

conversion rate during the initial reaction stage rose faster compared to that in the first 
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reduction reaction. Additionally, the extent of carbon conversion appears to be higher in the 

tenth cycle when compared to that of the first cycle. When comparing this to  

Figure 7-4, the main difference lies in the peak value of rc, which is approximately 50% 

higher here compared to that obtained using the fluidized bed reactor. The reason behind this 

is due to the improved contact between the combustible gases and the OC. The proof for this 

statement is the significantly reduced levels of incompletely combusted gases such as CO, 

CH4 and H2 in the atmospheric fixed bed reactor relative to that obtained using the fluidized 

bed reactor. 
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Figure 7-8 Gasification rate as a function of time for the first and tenth reduction reactions 

using the atmospheric fixed bed reactor  

The plot of the gasification rate as a function of time for the first and tenth reduction 

reactions in the atmospheric fixed bed reactor can be found in Figure 7-8. Once again, it can 

be observed that the time required for complete fuel conversion is higher using this 

configuration relative to using the fluidized bed reactor. This profile is similar to the CO2 

concentration profile with the presence of a sharp initial peak corresponding to the 

conversion of the volatiles. Going from the first to the tenth reduction reaction, there is a 

slight reduction in the peak gasification rate accompanied by a broadening of the curve, 

which signifies a greater extent of gasification of the fuel. On the other hand, the reduction 

times are similar for both the first and tenth reactions.  
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7.4 Pressurized Fixed Bed Results 

The outlet gas concentration profiles, carbon conversion and gasification rate obtained using 

the pressurized fixed bed reactor operated at 5 bar will be discussed in this section. 

0 200 400 600 800 1000 1200 1400 1600

0

2

4

6

8

10

12

C
o

n
c
e

n
tr

a
ti
o

n
 (

%
)

Time (s)

 CO

 CO
2

 CH
4

0 100 200 300

0

2

4

6

8

10

12

C
o
n
c
e
n
tr

a
ti
o
n
 (

%
)

Time (s)

 

Figure 7-9 Outlet gas concentration profiles of the first reduction reaction using the 

pressurized fixed bed reactor  
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Figure 7-10 Outlet gas concentration profiles of the tenth reduction reaction using the 

pressurized fixed bed reactor  
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The outlet gas concentration profiles for the first and tenth reduction reactions in the 

pressurized fixed bed setup can be found in Figure 7-9 and Figure 7-10 respectively. Again, 

no H2 was detected in this setup, similar to that found using the atmospheric fixed bed 

reactor. The first noticeable difference compared to the previous two setups is that the first 

concentration reading occurs around the 50 to 70 second mark for the first and tenth 

reduction reactions respectively. This is significantly higher compared to the 10 to 20 seconds 

time frame observed using the other two reactor configurations and this phenomenon can be 

attributed to the longer residence time of the gases in the reactor. Moreover, Chen et al. [9] 

found that at a higher pressure, the evolution of gases were delayed due to the suppression of 

the coal devolatilization rate. 

Secondly, the CO2 concentration profile shown in Figure 7-9 appears unstable compared to 

that shown in Figure 7-10. This was due to pressure variation in the reactor, which was 

caused by the generation of gases from the gasification and combustion of the fuel. As 

mentioned in the experimental summary section of this chapter, as the pressure increased 

during the reaction, the downstream pressure regulator was opened to release the pressure 

build-up. The pressure variation in this setup was between 4.5-6 bar. Each peak represents the 

point at which the regulator was opened to relieve the pressure.  

With regards to the other carbonaceous gases, CO and CH4, there was an observable amount 

in the first reduction reaction but this almost completely disappeared in the tenth reduction 

reaction. Comparatively, the amounts measured using this configuration were much lesser 

relative to that obtained using the earlier two configurations. This reason behind this 

observation is a function of the increased residence time and higher concentration of the 

combustible gases around the OC; these conditions are more favourable for the conversion of 

the OC as the latter reduces the gas phase diffusional resistance. 

The other major difference lies is the time taken for the fuel to be completely consumed. This 

value ranged from around 1500 seconds in the first reduction reaction to around 825 seconds 

in the tenth reduction reaction. This is slower than that obtained when using the atmospheric 

fixed bed reactor and even more so when compared to when the fluidized bed reactor was 

used; this is due to the higher pressure in the reactor, which led to an increased in the 

residence time of the gases. 
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Figure 7-11 Carbon conversion rate as a function of carbon conversion for the first and tenth 

reduction reactions using the pressurized fixed bed reactor  

The plot of the carbon conversion rate against the carbon conversion for the first and tenth 

reduction reactions undertaken using this reactor configuration can be found in Figure 7-11. 

The peak carbon conversion rate is higher than that obtained when using the fluidized bed 

reactor setup but still lower than that obtained through the use of the atmospheric fixed bed 

reactor. The other difference lies is the higher extent of carbon conversion observed here 

relative to when the other two reactor configurations were. A study by Xiao et al. [4] using a 

bituminous coal concluded that higher residence times and steam pressures led to an increase 

in char gasification reactivity. Furthermore, Roberts and Harris [10] investigated the effect of 

pressure on char gasification and found that there was a positive correlation between pressure 

and the gasification rate. The authors ascribed this to the increasing level of surface 

complexes formed on the char particle with increasing pressures. 
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Figure 7-12 Gasification rate as a function of time for the first and tenth reduction reactions 

using the pressurized fixed bed reactor  

Figure 7-12 shows a plot of the gasification rate as a function of time for the first and tenth 

reduction reaction and it can be seen that there are many peaks here similar to the obtained 

CO2 profiles; this has been explained to be due to the use of the pressure regulator to 

maintain a pressure of 5 bar. The peak gasification rate at the tenth reduction reaction is 

comparable to that obtained when using the atmospheric fixed bed reactor. Additionally, the 

average gasification rate from the operation of the atmospheric fixed bed reactor is lower 

compared to the value obtained here using the pressurized fixed bed reactor.  

The next section will aim to objectively compare the three reactor configurations to highlight 

the advantages and disadvantages of each of the setups.  

7.5 Comparison Study 

Two of the main criteria used to judge the performance of a CLC system is the carbon 

conversion and the CO2 yield. Since the OC and the experimental conditions used in this 

study are the same between the three reactors, is it therefore valid to use the aforementioned 

parameters to gauge the relative performance of the different setups. Additionally, the outlet 

gas fractions from the three reactor configurations will also be discussed.   
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Figure 7-13 CO2 yield over ten reduction reactions for the three investigated reactor 

configurations 

Figure 7-13 depicts the variation in the CO2 yield over the course of the ten reduction 

reactions using the three reactor configurations. The general trend that can be observed from 

this figure is that the CO2 yield is the lowest with the fluidized bed configuration and highest 

when the pressurized fixed bed reactor was used. Secondly, there is also a general increasing 

trend in these values with increasing redox cycles and this is attributed to the changes in the 

OC’s structure over the multiple redox reactions. Cuadrat et al. [11] found that the OC in 

their study, ilmenite, underwent activation; this resulted in an increased in its reactivity, 

which they attributed to the changes in its morphology. This translates to more CO and CH4 

being converted into CO2 on account of the increase in the OC’s reactivity. Focussing on the 

last five cycles, where the CO2 yield had stabilized, the average values are 74.74%, 92.83% 

and 97.03% for the fluidized, atmospheric and pressurized reactor configurations. This 

represents approximately an increase of 18 and 22 percentage points going from the fluidized 

bed reactor to the atmospheric and pressurized fixed bed reactors respectively. The reason for 

this increased CO2 yield is because all of the combustible gases that were generated in the 

fixed bed reactor configurations were able to pass through the OC bed, ensuring that more 

gases had the opportunity to be oxidized by the OC. This was not the case when the fluidized 
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bed reactor was used as some of the char particles would have been gasified above the OC 

bed and these gasification intermediates would not have come into contact with the OC, 

reducing the CO2 yield.  
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Figure 7-14 Outlet gas fractions over ten reduction reactions for the three investigated reactor 

configurations 

To complement Figure 7-13, Figure 7-14 was constructed and this shows the fraction of the 

outlet gases for the different reactor configurations over ten reduction reactions. Since this 

figure is in terms of fractions, the evolved H2 was also included when calculating the 

fractions of the outlet gases from the fluidized bed reactor. Stable operation was observed 

from the sixth cycle onwards for all three cases. Analysing the results obtained using the 

fluidized bed reactor, there appears to be a decrease of around 50% in the concentration of 

CO between the first few cycles and the last few cycles. As expected, this was accompanied 

by an increase in the CO2 concentration. The concentrations of CH4 and H2 were relatively 

unchanged from the start to the end. With respect to CH4, this was possibly due to an almost 

constant amount of volatile matter escaping the reactor as soon as the coal was dropped into 

the reactor, which prevented it from coming in contact with the OC. The high and almost 

constant concentration of H2 was due to the high levels of steam present, which generated H2 

through the WGSR.  
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With respect to the operation of the atmospheric fixed bed reactor, a slight decrease in the 

CO2 fraction is observed with progressive cycles but this was found to stabilize at around the 

sixth cycle as previously mentioned. On the other hand, using the pressurized fixed bed 

reactor resulted in a slight increase in the CO2 fraction accompanied by reductions in both 

CO and CH4. The absence of H2 using both of these configurations proves that the reactivity 

of Fe2O3 is indeed higher with H2 relative to CO. The CO2 fraction in the atmospheric fixed 

bed configuration ranged between 0.93-0.95 and this increased to 0.95-0.99 in the pressurized 

fixed bed reactor. A similar finding was reported by Zhang et al. [6] whereby they found that 

the concentrations of CO and CH4 decreased with increasing pressures, highlighting the 

beneficial effect of pressure in the CLC process. The explanation for this has been mentioned 

above whereby a higher pressure leads to longer residence times and higher concentrations of 

combustible gases around the OC particle, which in turn causes an increase in the conversion 

of the gasification intermediates. Additionally, another possible explanation for this 

observation is due to the differences in the structure and morphology of the OCs that were 

used in the three reactor configurations and this will be discussed in the following subsections.   

Based on calculations which were performed, the residence times of the gases through the 

OC bed material are 0.2 s, 0.3 s and 1.1 s for the atmospheric fixed bed, fluidized bed and 

pressurized fluidized bed reactors respectively. Although the residence time of the gases 

through the OC bed in the fluidized bed reactor is larger than that in the fixed bed reactor, the 

reason the CO2 fraction from the operation of the fluidized bed reactor is the lowest relative 

to the other two fixed bed reactor setups is due to the lack of contact between the combustible 

gases and the OC.  
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Figure 7-15 Carbon conversion over ten reduction reactions for the three investigated reactor 

configurations  

A plot of the carbon conversion over the ten reduction reactions can be found in Figure 7-15. 

While there is a variation in these values over the ten redox cycles, the general trend follows 

the CO2 yield results shown in Figure 7-13 whereby the lowest carbon conversion is obtained 

using the fluidized bed reactor, with a subsequent increase when using the atmospheric fixed 

bed reactor and is highest when the pressurized fluidized bed reactor was used. Focussing on 

the average values of the last five cycles, the carbon conversions are 73.88%, 82.72% and 

88.84% for the fluidized bed, atmospheric fixed bed and pressurized fluidized bed reactors 

respectively. The lowest value, as obtained when using the fluidized bed reactor, is due to the 

elutriation of the fines generated through the attrition and shrinkage of the coal particles over 

the course of the reaction. 
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Figure 7-16 Carbon conversion as a function of time during the tenth reduction reaction for 

the three investigated reactor configurations  

To further explain the differences in the carbon conversion of the fuel in the different setups, 

a plot of the carbon conversion as a function of time at the tenth reduction reaction was 

generated and can be found in Figure 7-16. Here, the time taken for complete reaction can be 

clearly seen, with the fastest time obtained when the fluidized bed reactor was used followed 

by the atmospheric and pressurized fixed bed reactors. Analysing the pressurized fixed bed 

reactor results, there is approximately a 100 second lag between when the fuel was fed and 

the generated gases were detected. This proves that the combustion of the volatiles and char 

gasification products is improved at higher pressures due to an increase in the residence time. 

Discounting the lag, the time taken to complete the reaction using both the atmospheric and 

pressurized fixed bed reactors is similar with the exception of a seven percentage point 

increase in the carbon conversion when using the latter. Another observable feature is that the 

carbon conversion rate for the first 100 s is similar for three reactor configurations; this is due 

to the volatiles that were evolved during the initial stages of the reaction.  

Practically, this means that the contact between the volatile matter and the OC is very 

important to ensure improved CO2 yields for coals with high volatile matter, such as VBC. 
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As can be clearly seen, the time for complete conversion of the fuel is much lower in a 

fluidized bed reactor and this is an important engineering design consideration as a shorter 

gasification time would mean that more coal can be fed into a given reactor volume, 

translating to an increase in the power output.  

7.6 Characterization 

The fresh and used OC samples from the termination of the tenth reduction reaction were 

analysed using SEM, EDS, XRD and ASAP to characterize the particles. This was done to 

understand the structural, chemical and morphological changes that the OC had underwent 

and how these affected the obtained results using the three different setups.  
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7.6.1 Scanning Electron Microscope (SEM) 

 

Figure 7-17 Micrographs of the fresh and used OC samples at lower (LHS) and higher 

magnifications (RHS) 
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Figure 7-17 shows the SEM images taken of the fresh and used samples at two different 

magnification levels. The images on the left hand side were taken at a lower magnification of 

500X while the ones on the right were obtained at a higher magnification of 5000X. The 

fresh sample can be seen to have a rough appearance with a high degree of irregularities. In 

contrast, the used samples appear to have a smoother surface. All of the used samples appear 

to have undergone grain coalescence due to thermal and chemical stresses over the ten redox 

cycles. This process inevitably results in the lowering of the surface area of the OC and will 

be discussed in the subsections to follow. The term coalescence is used here as agglomeration 

and excessive sintering is not expected of Fe2O3 at the experimental temperatures used in this 

study, even when localized heating during the oxidation reaction is taken into account. 

Additionally, an investigation by Thaler et al. [12] showed that the presence of SiO2 in Fe2O3 

could aid in increasing the latter’s thermal stability and mechanical strength while increasing 

its porosity. The presence of SiO2 in the CVRD ore would have improved the aforementioned 

properties in this OC. From a practical application point of view, the use of Fe2O3 in a CLC 

system is beneficial as its exceptional thermal stability would allow for higher temperatures 

to be used in the reactor, resulting in an increased inlet temperature to the turbine yielding 

higher efficiencies. Although all of the used samples experienced grain coalescence, the 

degree of coalescence of the samples varied depending on which reactor configuration was 

used. The OC that was used in the fluidized bed reactor appears to have smaller grains on its 

surface compared to the OCs from both the fixed bed reactor configurations. This could be 

due to the fact that since the carbon conversion and CO2 yield were the lowest when the 

fluidized bed reactor was used, the extent of reduction and oxidation of the OC would have 

been lower. The OCs that were used in the fluidized bed reactor appear to have experienced a 

small degree of attrition and this was evident from the presence of fragmented particles as 

observed in some of the other micrographs. Comparing the samples that were used in the 

atmospheric and pressurized fixed bed reactors, one major difference is observable whereby 

the samples from the latter appear to have developed cracks. This is most likely due to the 

effect of pressure on the samples coupled with increased thermal and chemical stresses over 

the ten redox cycles. While fragmentation may not be a big issue in a fixed bed reactor, 

excessive fragmentation could lead to channelling of these fragments through the distributor; 

these would then need to be replaced, incurring OC make-up costs. 
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7.6.2 Energy Dispersive X-ray Spectroscope (EDS) 
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Figure 7-18 Energy dispersive X-ray spectra of the fresh and used samples 

Figure 7-18 shows the energy dispersive X-ray spectra obtained for the OCs used in the three 

different reactor configurations. This figure shows the representative elemental composition 

on the surface of the OC particles. Firstly, the major elements that were identified were C, Fe, 

Al, Si and Ca. The presence of carbon is due to both the carbon tape that was used as well as 

char and this will be discussed towards the end of this section. The next three elements are 

predominantly from the OC, while the last, Ca, is from the ash of the coal. The amount of 

carbon in the fresh sample was approximated to be the baseline amount as it would have only 

contained carbon from the carbon tape. Based on the amount of carbon on the OC sample that 

was used in the fluidized bed reactor, it can be seen that it is slightly lower than the baseline 

value but within instrumental errors. The OC samples that were used in the atmospheric and 

pressurized fixed bed reactors appear to have a higher level of carbon compared to the 

baseline value; this disparity is due to the amount of residual carbon at the end of the reaction. 

Since the OC samples were analysed after the tenth reduction reaction, without having been 

oxidized, residual carbon due to incomplete gasification of the fuel remained in the reactor. 

This was not the case with the fluidized bed reactor as most, if not all, of the remaining 
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carbon would have elutriated out of the reactor. Since coal is highly heterogeneous, a fraction 

of it may have been highly resistant to gasification; as such, it would have had a very long 

residence time in both the fixed bed reactors. Depending on the oxidation state of Fe in the 

OC, this could lead to the formation of iron carbide (Fe3C), which is very brittle [13]; this 

would then lead to the formation of cracks over multiple redox cycles. Therefore, the cracks 

that were observed on the surface of the OCs that were used in the pressurized fixed bed 

reactor could be due to the aforementioned reason. 

The next observable difference comes from the presence of Ca on the OC samples that were 

used in both the fixed bed reactors. Typically, in a fluidized bed reactor, the generated ash 

compounds would be elutriated out of the reactor on account of its small particle size. 

Therefore, the separation of the ash compounds from the OCs that are used in fixed bed 

reactors would be a significant issue. If left unseparated, these would lead to the build-up of 

ash in the OC bed as well as propagate the formation of inert and unreactive compounds with 

the OC, which should be avoided at all costs. Since Yallourn coal has a low ash content, with 

a large proportion being iron, other compounds were not observed in the energy dispersive X-

ray spectra. Even with such a low amount of Ca, totalling 7.5 mg over the ten redox cycles, it 

was detected by the EDS. As Ca has a low melting point, this would pose operational issues, 

particularly in the fixed bed reactor configurations as it may melt over the OC particles and 

form agglomerates; this would affect the reactivity of the OC, while also increasing the 

operating costs. The presence of SiO2 and Al2O3 in the OC is not expected to be an issue as 

thermodynamic simulations performed by Siriwardane et al. [14] has shown that there are 

negligible interactions between these two compounds and Fe2O3.  
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7.6.3 X-ray Diffraction (XRD) 
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Figure 7-19 Diffractograms of the fresh and used samples 

The diffractograms of the fresh and used samples can be found in Figure 7-19. The only 

crystalline compounds that were identified were Fe2O3, Fe3O4 and SiO2. Since the amount of 

Al in the OC sample was very low, it was not identified by the XRD unit but it was detected 

through the use of the EDS. It can be seen here that the fresh sample consisted only of Fe2O3 

and SiO2 while the all of the used samples contained a mixture of the three phases. The main 

observable feature from this figure is that the OC sample that was used in the fluidized bed 

reactor had much higher intensities for the reflections of Fe2O3, while the OC samples that 

were used in both the fixed bed reactors had lower amounts of Fe2O3 with higher intensities 

for Fe3O4. These findings support the low CO2 yield obtained when the fluidized bed reactor 

was used.  
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7.6.4 Accelerated Surface Area and Porosimetry (ASAP) 

Table 7-1 Pore structure analysis results for the fresh and used OC samples 

OC sample 

BET surface area 

(m
2
/g) 

Cumulative pore volume 

(cm
3
/g) 

Fresh  6.2073 0.00469 

Fluidized bed reactor  0.8408 0.00134 

Atmospheric fixed bed reactor 0.5902 0.00006 

Pressurized fixed bed reactor 0.6815 0.00095 

 

The pore structure analysis which includes the BET surface area and cumulative pore volume 

can be found in Table 7-1. From the BET surface area, it can be seen that the fresh CVRD 

particles have a much higher surface area compared to the used particles. This is in line with 

the findings obtained using the SEM, whereby grain coalescence was observed to have 

occurred in all of the used particles irrespective of the reactor configuration that was used. 

Comparing the results obtained for the used OC particles, the sample from the fluidized bed 

reactor appears to have the highest BET surface area and cumulative pore volume, followed 

by the OCs that were used in the pressurized and atmospheric fixed bed reactors. As 

previously mentioned, the OC samples that were used in the fluidized bed reactor did not 

appear to have undergone significant grain coalescence on account of the lower extent of 

reduction and oxidation that the OC experienced. The higher surface area of the OC sample 

that was used in the pressurized fixed bed reactor is likely due to the formation of cracks, 

which would invariably lead to an increase in the surface area. Comparing the OC samples 

that were used in the atmospheric and pressurized fixed bed reactors, the OCs that were used 

in the latter had a higher surface area and pore volume. This could also be part of the reason 

as to why the CO2 yield was higher when the pressurized fixed bed reactor was used relative 

to when the atmospheric fixed bed reactor was used. These results are in accordance with the 

findings of Xiao et al. [15]; the authors proposed that the elevated pressure may have 

positively impacted the OC’s morphology, leading to increased reactivity and improved 

results.  
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7.7 Final Comments 

Based on the aforementioned information and discussion, it can be seen that the fluidized bed 

reactor is the favourable configuration, relative to both the fixed bed reactors, with respect to 

reaction kinetics as the gasification rate of the fuel was enhanced due to increased contact 

with the gasification agent. This is a very important aspect, as it is been shown that the rate 

limiting step in the CLC process is that of coal gasification and not the reaction with the OC. 

While it is noted that the carbon conversion and CO2 yield were not exceptionally good when 

the fluidized bed reactor was used, it is expected that the use of the same fuel and OC in a 

circulating fluidized bed (CFB) reactor would improve said values. Additionally, Ca was 

found on the surface of the OCs that were used in both of the fixed bed reactors, which poses 

a significant issue from an operational perspective. Hence, such a configuration should be 

avoided, particularly with fuels containing high amounts of low melting point ash compounds.  

Comparing the results obtained here with those obtained by Zhang et al. [6] and Xiao et al. [4, 

5] using a bituminous Chinese coal in both atmospheric and pressurized fixed bed reactors, a 

few differences come to light even after taking into account the slightly higher steam 

concentration that was used in their studies. Firstly, the time taken to completely convert the 

same amount of Xuzhou coal in the presence of the same OC at the tenth reduction reaction is 

between 65-70 minutes with the shorter time obtained using the pressurized unit. When 

Yallourn coal was used, this value ranged from 11-14 minutes, keeping in mind the lower 

steam concentration used here. Secondly, the reported carbon conversions using the Xuzhou 

coal are lower and ranged between 73-87%, with the higher values obtained using the 

pressurized unit operated at 5 bar; in this study, these values were between 81-91%.  

This highlights that low rank coals such as VBC are better suited for use in CLC on account 

of its higher reactivity. 

7.8 Conclusions 

The effect of reactor configuration on the performance of CLC was investigated. Three 

different configurations were examined including a fluidized bed reactor, atmospheric fixed 

bed reactor and a pressurized fixed bed reactor operated at 5 bar. Steam was used as the 

gasification agent with N2 as a diluent. Coal totalling 0.4 g was used together with 40 g of the 

Fe-based OC. The particle size range of the coal and OC were 600-1000 µm and 90-180 µm 

respectively. The amount of fuel and OC used was kept constant in all of the investigations. 

A total of ten redox reactions were completed using each of the reactor configurations. The 



Chapter 7 Effect of Reactor Operating Mode 

 

178 | P a g e  

 

product gas compositions, CO2 yields and carbon conversions were then obtained and 

compared. The OC particles were characterized using SEM, EDS, XRD and ASAP. The 

following are the main conclusions from this study: 

1. The best performance in terms of the CO2 yield and carbon conversion was obtained 

using the pressurized fixed bed reactor followed by the atmospheric fixed bed unit and lastly 

the fluidized bed reactor. The average CO2 yields from the last five cycles were found to be 

74.74%, 92.83% and 97.03% for the fluidized bed reactor, atmospheric fixed bed reactor and 

pressurized fixed bed reactors respectively. The carbon conversions were found to be 73.88% 

followed by 82.72% and 88.84% for the same reactor order as above.  

 

2. A larger amount of fuel was found to elutriate out of the fluidized bed reactor, as 

evidenced by the accumulation of char in the particulate trap, which led to a reduction in the 

carbon conversion. The CO2 yield was also low as a large amount of the volatiles and a 

sizeable amount of the coal gasification products did not come into contact with the OC. This 

was not the case with both of the fixed bed reactors as all the generated gases passed through 

the OC bed, resulting in excellent CO2 yields and carbon conversion efficiencies. The issue 

that was faced when using this fluidized bed reactor can be solved by having a longer 

expanded freeboard together with cyclones and a carbon stripper.  

 

3. The SEM images showed differences in the morphologies of the OCs that were used 

in each of the three setups. The samples that were used in the both of the fixed bed reactors 

experienced a greater degree of grain coalescence. Also, the OC samples there were used in 

the pressurized fixed bed reactor were found to develop cracks. Additionally, EDS analyses 

showed that the OCs that were used in both of the fixed bed reactors had Ca on their surface 

due to ash deposition but this was not detected on the OCs that were used in the fluidized bed 

reactor; this was due to the elutriation of the ash particles out of the reactor as well as lower 

residence time of the ash particles around the OC. Based on the diffractogram intensities, the 

OC samples that were used in the pressurized fixed bed reactor experienced the greatest 

extent of reduction followed by the samples that were used in the atmospheric fixed bed 

reactor and fluidized bed reactor. ASAP analysis showed that the fresh sample had the 

highest BET surface area followed by the used samples and this was due to grain 

coalescence.  
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4. Comparing the results from this study with a study that was done using a bituminous 

coal under similar conditions, it is evident that VBC is the stronger candidate due to its high 

reactivity and low ash content. The former results in quicker gasification of the fuel while the 

latter reduces the amount of interaction between the ash and the OC. 

 

5. Fluidized bed reactors are favourable for use in CLC as they provide improved 

contact between the solids and the gases, resulting in shorter reaction times. Practically, this 

means that for a given desired electrical output, a smaller reactor can be designed using the 

fluidized bed reactor configuration. Also, the use of a CFB reactor is expected to generate 

significantly improved results over those obtained using a fluidized bed reactor. 

 

This chapter showed that although the CO2 yield and carbon conversion efficiency 

obtained using the fluidized bed reactor was lower relative to those obtained using the 

atmospheric and pressurized fixed bed reactors, it had the shortest reaction time due to 

better contact between the fuel and the gasification agent. It is expected that the use of a 

CFB reactor alongside a longer expanded freeboard, cyclones and a carbon stripper, 

would yield significantly improved results. 
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Chapter 8 Performance of Synthetic Oxygen Carriers 

One of the main research focuses in recent times is the fabrication of highly reactive OCs for 

use in CLC. This is being actively pursued as most of the reported results in literature show 

that the experimental outlet CO2 concentration has not reached its thermodynamic 

equilibrium concentration, with differences of up to 40 percentage points [1]. Hence, many 

researchers [2-5] are focussing their efforts to synthetically generated highly reactive OCs. 

To date, there have been numerous publications on supporting metal oxides such as Fe2O3, 

CuO, Mn2O3 and NiO on inert materials such as SiO2 [6, 7], TiO2 [8, 9], Al2O3 [10, 11] and 

ZrO2 [12, 13]. The purpose of such investigations is to generate OCs with improved reactivity 

and mechanical strength. While synthetic OCs have shown promise, the issue lies in the fact 

that a larger quantity of these synthetic OCs will be required as the active metal oxide content 

is lower in such OCs when compared to unsupported OCs. Up until now, there has been very 

limited research into the use of bimetallic OCs with solid fuels. Johansson et al. [14] found 

that the use of a small amount of NiO, 3 wt%, in Fe2O3 resulted in significant reductions in 

the outlet concentration of CH4. Therefore, this chapter will build on this concept of synergy 

between two metal oxides by supporting NiO, CuO and Mn2O3 on Fe2O3. Here, Fe2O3 will 

function as an active support by providing better dispersion for the secondary metal oxides on 

itself while also contributing as an OC. 

This chapter will investigate the potential synergistic effect of bimetallic OCs on improving 

the reactivity of Fe2O3. The impact of the bimetallic OC preparation method will also be 

investigated.  

8.1 Experimental Conditions 

Synthetic OCs were fabricated using both mechanical mixing and wet impregnation. The 

mass fractions of the secondary metal oxides (NiO, CuO and Mn2O3) were 5, 10 and 20 wt% 

with the balance comprising Fe2O3. The samples are denoted by the preparation method, 

followed by the loading of the secondary metal oxide and terminated with the primary metal 

oxide. The sample I-20Mn-Fe represents an OC having 20 wt% of Mn2O3 impregnated onto 

Fe2O3.  

Firstly, the samples were investigated using a TGA. OC to fuel ratios of 60, 40 and 20 were 

investigated with a total gas flow rate of 60 mL/min comprising 10 mL/min of CO2 and 

balance N2. The mass of the OC was maintained at 900 mg, while the mass of the coal sample 
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was varied depending on the desired OC to coal ratio. The experiments were performed at 

temperatures of 800°C, 850°C and 900°C. The purpose of these experiments was to perform a 

sensitivity analysis on the OC’s reactivity as a function of the amount of fuel, temperature 

and loading content of the secondary metal oxide. 

Next, the OCs were used in a bench scale fluidized bed reactor as shown in Section 3.2.2 of 

Chapter 3. 50 g of sand was introduced into the reactor followed by 60 g of the synthetic OC. 

The experiments were conducted at 900°C and the reactor was fluidized with 6 L/min of 20 

v/v% CO2 with balance N2. Once the temperature set point was reached, 0.6 g of Yallourn 

coal was added into the reactor. The outlet gases were measured using the online gas analyser 

described in Section 3.3.1 of Chapter 3. Once the gas concentrations returned to their baseline 

values, the CO2 gas stream was changed to air to oxidize the OC. Upon completion of the 

oxidation reaction, the next reduction reaction was initiated in the presence of CO2; a total of 

ten redox cycles were performed and the run was terminated at the end of the tenth reduction.  

The samples were characterized using a Scanning Electron Microscope (SEM), an Energy 

Dispersive X-ray Spectroscope (EDS), X-ray Diffraction (XRD) and Accelerated Surface 

Area and Porosimetry (ASAP) unit to study the changes in the structure and morphology of 

the used OC relative to the fresh OC.  

8.2 TGA Experiments 

Preliminary tests were first conducted using the TGA to study the effect of the OC to fuel 

ratio as well as the effect of the type and loading content of the secondary metal oxide.  
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Figure 8-1 Effect of OC to coal ratio on the weight loss 
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Using Fe2O3 as the OC, it can be seen that the final weight loss increased with increasing 

mass of the coal. It should be noted here that the Fe2O3 used in this study was also subjected 

to the same processes experienced by the synthetic OCs to ensure that all of the OCs had 

undergone the same chemical and physical treatment. The increasing weight loss trend can be 

ascribed to two characteristics. Firstly, the increasing weight loss is due to the increasing 

amount of coal used in the experiments, which upon gasification would result in an increase 

in the weight loss. Secondly, with a higher amount of fuel present, the OC was reduced to a 

greater extent as it oxidized the combustible gases, resulting in a greater weight loss as 

observed. In essence, this means that a smaller OC to coal ratio would result in a greater 

reduction of the OC. When the mass of the coal sample was either 15 or 22.5 mg, both weight 

loss curves were similar wherein the weight loss reached a maximum and remained stable 

thereafter. However, this was not the case for the test which used 45 mg of coal as this 

sample was found to experience a weight gain after the weight loss curve had reached a 

maximum; the reason for this has been detailed in Chapter 5 and is due to oxidation of FeO to 

Fe3O4 by CO2.   

As mentioned in Chapter 5, the reduction of Fe2O3 beyond Fe3O4 is unfavourable. This is due 

to thermodynamic limitations which reduce the equilibrium concentration of CO2 when 

Fe2O3 is reduced beyond Fe3O4. Additionally, reducing Fe2O3 beyond Fe3O4 could lead to the 

deposition of carbon in environments with high CO2 residence times. Therefore, the equation 

below shows the reaction between Yallourn coal and Fe2O3 using CO2 as gasification agent 

and only considering the reduction of Fe2O3 to Fe3O4. 

𝐶𝐻0.782𝑂0.257 + 6.402 𝐹𝑒2𝑂3 + 𝑥𝐶𝑂2  → 4.268 𝐹𝑒3𝑂4 + (1 + 𝑥) 𝐶𝑂2 + 0.391 𝐻2𝑂  8.1 

Using Fe2O3, 15 mg of Yallourn coal would reduce about 910 mg of Fe2O3 to Fe3O4. 

Therefore, a coal mass that is higher than 15 mg would further reduce Fe3O4 to a lower 

oxidation state such as FeO or even metallic Fe, depending on the exact amount of fuel. Here, 

even when 22.5 mg of coal was used, the OC was not reduced beyond Fe3O4. The only time 

the OC was reduced beyond Fe3O4 was when 45 mg of coal was used. The reason behind this 

is that the above equation assumes that all of the introduced fuel reacts with the OC. Two 

occurrences disprove this assumption. Firstly, a large proportion of the fuel, in the form of 

volatile matter, does not react with the OC as the temperature is not sufficient for the reaction 

to proceed at an appreciable rate. Secondly, a small amount of the combustible gases do not 

come into contact with the OC and exits the TGA unreacted. Based on these two facts, the 

disproportionate weight loss of the OC can be explained. However, to avoid the reduction of 
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Fe2O3 beyond Fe3O4 in subsequent TGA based experiments in this study, an OC to coal ratio 

of 60 was adopted.  

Figure 8-1 also shows the results obtained using the I-20Ni-Fe OC to allow for a comparison 

between the reactivity of this sample and the Fe2O3 OC. 45 mg of coal was used and the mass 

of the I-20Ni-Fe OC was the same as that of Fe2O3, i.e., 900 mg. Two main differences can 

be observed immediately. Firstly, the weight increase phenomenon was not observed when 

the I-20Ni-Fe sample was used, unlike when Fe2O3 was used. Also, a higher weight loss was 

obtained when the I-20Ni-Fe sample was used. These two observations indicate that the I-

20Ni-Fe sample converted more fuel relative to when Fe2O3 was used, implying a higher 

outlet CO2 concentration. One interesting feature here is that although the I-20Ni-Fe sample 

underwent a greater degree of reduction, more so then when the Fe2O3 sample was used, it 

did not experience any weight gain unlike that of the Fe2O3 sample. The reason for this is that 

the weight gain only occurs when Fe2O3 is reduced beyond Fe3O4 and the amount of available 

oxygen between these two oxidation states is 3.3%. Beyond this, it is reduced to FeO, which 

causes it to be oxidized by CO2. With the I-20Ni-Fe sample, 20 wt% of the OC consisted of 

NiO; there is 21% O2 available when reducing NiO to Ni. Therefore, although the oxygen 

carrying capacity of Fe2O3 is higher than NiO, the latter had more oxygen to give off 

compared to the 3.3% from the reduction of Fe2O3 to Fe3O4. It is for of this reason that the I-

20Ni-Fe sample did not experience any weight gain. The lower weight loss of Fe2O3 relative 

to that observed using the I-20Ni-Fe OC is due to the low reactivity of the Fe2O3 sample 

towards the combustible gases. This preliminary study shows that the inclusion of a more 

reactive secondary metal oxide has the capability of increasing the conversion of the fuel on 

account of the increased reactivity of the bimetallic OC.  
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Figure 8-2 Effect of NiO content on the weight loss using the impregnated OCs 

The effect of the NiO content on the reactivity of the bimetallic OC was investigated here. 

The impregnated Ni-Fe samples loaded with different amounts of NiO were investigated 

using 15 mg of Yallourn coal and the results are shown in Figure 8-2; as mentioned above, an 

OC to coal ratio of 60:1 was used. It can be seen that a higher weight loss was obtained when 

a higher amount of NiO was used in the I-Ni-Fe OCs. The weight readings of the TGA 

thermobalance changed from 96.4% when 5 wt% of NiO was used to a value of 96.0% with 

the use of the I-20Ni-Fe sample. Also, a greater extent of reduction was observed going from 

the I-10Ni-Fe sample to the I-20Ni-Fe sample. This is due to the higher reactivity of NiO 

relative to that of Fe2O3; as such, a greater amount of NiO would lead to a greater reduction 

of the OC as it is more reactive than Fe2O3 towards the combustible gases. Bhavsar and Veser 

[15] found that alloying a less reactive metal such as Fe with one that is more reactive such as 

Ni, can significantly improve the reactivity of the bimetallic OC.  
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Figure 8-3 Effect of the impregnated secondary metal oxide species on the weight loss  

The plot on the left hand side of Figure 8-3 shows the weight loss curves for iron oxide and 

the synthesized bimetallic impregnated OCs with 20 wt% of the three different secondary 

metal oxides. It is immediately noticeable that the final weight loss was significantly higher 

when the I-20Ni-Fe sample was used. As for the I-20-Cu-Fe and I-20Mn-Fe samples, these 

also displayed a greater final weight loss relative to the monometallic Fe2O3 OC; however, 

the improvement these two OCs exhibited was much lesser when compared to that displayed 

by the I-20Ni-Fe sample. The final weight loss of the OC and coal mixture in descending 

order is: I-20Ni-Fe, I-20Cu-Fe, I-20Mn-Fe and lastly Fe2O3. The reactivity of these four 

samples are consistent with the reactivity of the secondary metal oxide i.e., comparing the 

four, NiO has been shown to be the more reactive OC, followed by CuO, Mn2O3 and lastly 

Fe2O3. These results are in line with the findings of Zafar et al.[16] in which they found this 

same trend using these metal oxides supported on SiO2 with CH4 as the fuel. 

In the magnified plot of Figure 8-3, an interesting phenomenon can be observed; the highest 

weight loss during the initial stages of the reaction was obtained using the I-20Cu-Fe sample. 

CuO is known to dissociate to Cu2O accompanied by the release of oxygen in an environment 

with a low oxygen partial pressure, as it is here in an environment consisting of CO2 and N2 
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[17]. Although CuO exhibited the property of releasing gaseous oxygen, having been 

extensively applied in the Chemical Looping Oxygen Uncoupling (CLOU) process, it was 

expected that the relatively small amount of CuO would have reacted with Fe2O3 to form the 

CuFe2O4 solid solution, which has been identified and confirmed by other researchers [18]. 

Additionally, CuFe2O4 does not possess the ability to release gaseous oxygen unlike CuO. 

Therefore, it is deduced that there was an appreciable amount of free CuO in the OC matrix 

which allowed it to release its oxygen. This will be confirmed in the subsections to follow 

through the use of XRD, which enables the detection of crystalline phases on the OC.  
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Figure 8-4 Effect of temperature on the weight loss using the I-5Ni-Fe OC 

Figure 8-4 shows the results from a TGA study in which the effect of temperature was 

investigated using the I-5Ni-Fe OC. It can be seen that the operating temperature showed a 

positive effect on the reactivity of the OC towards the combustible gases derived from coal. 

A higher temperature was found to accelerate the reaction rate and resulted in a higher weight 

loss. The reason behind this observation is that at a higher temperature, the reaction kinetics 

between the combustible gases and the OC increases. This allows for more reactions to occur 

resulting in a smaller amount of unconverted combustible gases at the outlet of the TGA. This 

means that a higher temperature is beneficial not only from an experimental point of view, 

but also from a practical perspective as a higher reaction temperature would increase the 

energetic efficiency of the system. This is only true given that the mechanical, chemical and 
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structural integrity of the OC is not adversely affected by the increase in temperature, leading 

to the formation of agglomerates when the operating temperature is close to the melting point 

of the OC. 

8.3 Bench Scale Fluidized Bed Reactor Results 

Experiments were performed in a fluidized bed reactor to simulate the operation of a CLC 

system under practical operating conditions. In terms of reactor scale, this is the next step 

after small scale TGA work. Here, the factors influencing the reactivity and cyclic 

performance of the synthetic bimetallic OCs will be investigated.  

0

3

6

9

12

15

18

0 1 2 3 4 5 6
0

3

6

9

12

15

18

0 1 2 3 4 5 6

 CH
4

 CO

 CO
2

 

 

Fe
2
O

3  CH
4

 CO

 CO
2

I-5Ni-Fe

I-10Ni-Fe

O
u
tl
e
t 

g
a
s
 c

o
m

p
o
s
it
io

n
 (

%
)

Time (Minutes)

 CH
4

 CO

 CO
2

I-20Ni-Fe

Time (Minutes)

 CH
4

 CO

 CO
2

 

Figure 8-5 Outlet gas concentrations as a function of time obtained using the Fe2O3 and I-Ni-

Fe OC samples 

Figure 8-5 shows the outlet gas concentrations as a function of time for when the Fe2O3 and 

three I-Ni-Fe OC samples were used. The CO2 concentration shown in this figure represents 

the CO2 that was generated from the oxidation of the fuel pyrolysis and gasification products 

by the OC. It can be observed that all the gases exhibited the same trend, whereby there was a 

sharp initial increase in these concentrations followed by a slower decrease until the 

concentrations became zero. The initial CO2 peak is due to the reaction between the OC and 

both the volatile matter and coal gasification products, albeit to a lesser extent with the latter. 
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The initial peaks of the combustible gases, CO and CH4, are a result of the fast pyrolysis of 

VBC. As soon as the fuel was introduced into the reactor, the volatiles were quickly evolved 

due to the high temperature in the reactor; this resulted in a lack of contact between the 

combustible gases and the OC, as a portion of the volatile matter exited the reactor without 

contacting the OC. Practically, the incomplete combustion of the volatiles by the OC could be 

solved by changing the coal feeding position from the top of the reactor to a location in the 

OC bed, allowing for increased contact between the volatiles and the OC.  

Comparing these four OCs in terms of the initial CO2 peak shows that the presence of NiO in 

the bimetallic OC significantly enhances the peak CO2 concentration. Additionally, the peak 

CO2 concentration increased with increasing NiO loading contents, from a value of 8.89% 

obtained using the pure Fe2O3 to 16.99% when the I-20Ni-Fe sample was utilized. Also, a 

detectable amount of CO was observed at the outlet of the reactor after six minutes of 

reaction using Fe2O3, whereas negligible amounts of CO were detected when the I-Ni-Fe OC 

samples were used. These results confirm the synergistic effect of NiO on the reactivity of 

Fe2O3 and are consistent with the TGA results in Section 8.2.    
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Figure 8-6 Average accumulated CO2 concentration over five redox cycles obtained using the 

Fe2O3 and I-Ni-Fe OC samples 

Figure 8-6 shows the accumulated CO2 concentration produced from the reaction between the 

Yallourn coal and the four OCs; this is the averaged value over five consecutive redox 

reactions, which took a total of 75 minutes. It is clear that the higher the NiO content in the I-
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Ni-Fe OC samples, the higher the accumulated concentration of CO2; this concentration was 

found to increase from 83.5% when using the I-5Ni-Fe sample to 91.5% for when the I-20Ni-

Fe sample was used. For comparison purposes, using the monometallic Fe2O3 OC yielded 

only 71.5% accumulated CO2, which is much lower compared to the values obtained using 

the samples loaded with NiO. This represents an improvement of 12 and 20 percentage points 

in the accumulated CO2 concentrations using the I-5Ni-Fe and I-20Ni-Fe samples 

respectively over Fe2O3. These results imply that significant enhancements in the reactivity of 

the synthetic OCs were achieved by impregnating NiO on Fe2O3. 
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Figure 8-7 Instantaneous gasification rate as a function of carbon conversion obtained using 

the Fe2O3 and I-Ni-Fe OC samples 

Figure 8-7 shows the instantaneous gasification rate as a function of carbon conversion when 

the Fe2O3 and the I-Ni-Fe OC samples were used. The instantaneous gasification rate can be 

seen to quickly reach its maximum between a carbon conversion of 0.2 and 0.3. This then 

slowly decreased with increasing carbon conversion, irrespective of which OC was used. The 

initial peak instantaneous gasification rate can be seen to occur during the coal pyrolysis 

stage; the subsequent rate can be ascribed to the char gasification reaction. It was found that 

the higher the NiO loading content in the bimetallic OCs, the higher the instantaneous 

gasification rate and this holds true at every value of carbon conversion here.  
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Figure 8-8 Outlet gas concentrations as a function of time obtained using the I-20Cu-Fe and 

I-20Mn-Fe OC samples 

Figure 8-8 shows the outlet gas concentrations as a function of time obtained using the I-

20Cu-Fe and I-20Mn-Fe OC samples. This was done to complement the results shown in 

Figure 8-5, allowing for the performance of the three synthetically impregnated OCs having 

20 wt% of the secondary metal oxide to be compared to one another. It can be seen that 

similar to the I-20Ni-Fe OC sample, both the I-20Cu-Fe and I-20Mn-Fe OC samples were 

found to be more reactive relative to the monometallic Fe2O3 OC; the bimetallic OCs were 

able to convert a greater amount of fuel, yielding higher CO2 concentrations during the 

reduction reaction. Although the results obtained using these two OCs are good, the reactivity 

enhancement by these two metal oxides are inferior compared to that of Ni in the I-20Ni-Fe 

OC sample on the basis of the peak CO2 concentration. Comparing the I-20Cu-Fe and I-

20Mn-Fe OC samples, it can be seen that the former sample outperforms the latter, with peak 

CO2 concentrations of 13.56% and 12.13% respectively. Hence, the reactivity of the three 

bimetallic OC samples in descending order is I-20Ni-Fe, I-20Cu-Fe and I-20Mn-Fe. This 

conclusion is also confirmed by the results shown in Figure 8-9. This figure shows the 

average accumulated CO2 concentrations obtained using the three bimetallic OC samples 

over five redox reactions in the fluidized bed reactor with Yallourn coal as the fuel. The use 

of the I-20Ni-Fe sample yielded the highest amount of CO2, followed by that obtained using 
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the I-20Cu-Fe sample; the lowest amount of CO2 was obtained using the I-20Mn-Fe OC 

sample. It should be noted that the CO2 concentration obtained from using the I-20Cu-Fe 

sample was taken from the first reduction reaction due to defluidization beyond the first 

reduction reaction; this will be discussed in the subsequent subsections.  
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Figure 8-9 Average accumulated CO2 concentration over five redox cycles obtained using the 

impregnated OCs containing 20 wt% of the secondary metal oxide 
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Figure 8-10 Instantaneous gasification rate as a function of carbon conversion obtained using 

the impregnated OCs containing 20 wt% of the secondary metal oxide 
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Figure 8-10 was constructed to investigate the effect of the secondary metal oxide on the 

instantaneous gasification rate; this plot was constructed for the three impregnated OCs 

containing 20 wt% of the secondary metal oxide. It is apparent that the sample containing 20 

wt% of NiO showed the best performance, achieving a significantly higher instantaneous 

gasification rate relative to that obtained using the other two OC samples. This suggests that 

the incorporation of NiO in the bimetallic OC has a more pronounced effect on the 

physicochemical properties of the synthetic OC than incorporating either CuO or Mn2O3.  
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Figure 8-11 Average accumulated CO2 concentration over five redox cycles obtained using 

the physically mixed and impregnated OCs.  

The reactivity enhancement of Fe2O3 by a secondary metal oxide has been shown in literature 

to be largely associated with the physical structure of OC [18]. Generally, the physical and 

chemical properties of an OC such as the surface morphology, elemental distribution and 

pore structure are affected by the method used to prepare the OC. Therefore, investigations to 

better understand the implications that the synthesis method has on the reactivity of the OC is 

necessary. Figure 8-11 was constructed to show the effect of the preparation method on the 

accumulated CO2 concentration. It can be seen that all the samples prepared via impregnation 

exhibited better performance over their physically mixed counterparts. This is evident based 
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on the higher accumulated CO2 concentrations obtained through the use of the impregnated 

OC samples, irrespective of the amount and type of the secondary metal oxide. The 

accumulated CO2 concentrations obtained using the impregnated samples were always higher 

than those obtained using the physically mixed samples, up to a maximum of two percentage 

points; this confirms that the OC preparation method is indeed an important criteria to 

consider when fabricating synthetic OCs as it has an impact on the OC’s reactivity.  
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Figure 8-12 Instantaneous gasification rate as a function of carbon conversion obtained using 

the impregnated and physically mixed OCs containing 20 wt% of the secondary metal oxide  

Figure 8-12 shows the effect of the preparation method on the instantaneous gasification rate 

using both the physically mixed and impregnated OC samples containing 20 wt% of the 

secondary metal oxide. It can be seen that the samples prepared using the impregnation 

method performed better, in terms of enhancing the instantaneous gasification rates of the 

fuel, than the physically mixed samples; the findings here are consistent with those shown in 

Figure 8-11. As the OC’s reactivity was affected by the synthesis method, it is a fair 

conclusion that the physicochemical properties of an OC are altered by the preparation 

method.  
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Figure 8-13 Accumulated CO2 concentrations over ten reduction reactions obtained using the 

physically mixed and impregnated OCs.  
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Figure 8-13 shows the cyclic performance of the 18 bimetallic OC samples in terms of the 

CO2 concentration accumulated from the combustion of the coal-derived gases. Ten redox 

cycles were performed at a temperature of 900°C using each of these OC samples. 

Comparing the two Ni-Fe samples, it is apparent that the I-Ni-Fe samples performed better 

than the P-Ni-Fe samples in terms of the outlet CO2 concentrations, but their cyclic 

performance was not as impressive. It can be seen that all three I-Ni-Fe samples showed 

different degrees of reactivity deterioration, whereas the P-Ni-Fe samples showed relatively 

better cyclic performance; similar results were also observed for the Mn-Fe impregnated and 

physically mixed OC pairs. With respect to the Cu-Fe composite OCs, all of the synthesized 

samples experienced a decrease in their accumulated CO2 concentrations with progressive 

reduction reactions. It can be seen that the P-5Cu-Fe and P-10Cu-Fe samples were capable of 

completing the 10 reduction reactions but this was accompanied by a reduction in the CO2 

outlet concentrations by around two percentage points after 10 cycles. On the other hand, the 

P-20Cu-Fe OC showed a significant deterioration in its recyclability and failed to complete 

the 10 redox reactions. The I-20Cu-Fe OC sample performed well during the first cycle but 

then defluidization was found to occur in the reactor. Therefore, the experiment had to be 

stopped and as such the result from the first reduction reaction is presented in Figure 8-13. 

Although the P-20Cu-Fe OC performed better than I-20Cu-Fe sample, the accumulated CO2 

concentration was found to quickly decrease going from the first cycle to the 8
th

 cycle. 

Beyond this, a significant decrease was observed due to defluidization; this indicates that 

synthetic OCs containing Fe2O3 and large amounts of CuO are undesirable as these would 

have poor thermal and mechanical stabilities leading to a deterioration in their reactivity or 

even defluidization of the bed.  

8.4 Characterization 

As previously mentioned, the fresh and used OC particles obtained at the end of the reaction 

in the fluidized bed reactor were characterized using SEM, EDS, XRD and ASAP to help 

shed some light on the experimental results. 
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8.4.1 Scanning Electron Microscope (SEM) 
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Figure 8-14 Micrographs of the fresh (LHS) and used (RHS) OC samples 

Figure 8-14 shows the SEM images of some of the fresh and used Fe2O3, Ni-Fe, Cu-Fe and 

Mn-Fe OC samples. It can be observed that the grains of the fresh Fe2O3 particle are larger 

compared to those in the bimetallic OCs. This is one of the advantages of fabricating 

synthetic OCs as the synthesis process allows for the physicochemical characteristics of the 

OC to be engineered to obtain certain desired characteristics. While the surface areas of these 

OCs can be qualitative compared using these micrographs, the surface area analysis in the 

subsections to follow will allow for quantitative comparisons to be done. On the other hand, 

the grains of the used Fe2O3 particle appear to have undergone coalescence; this phenomenon 

can also be observed in each of the used OCs. All the fresh Ni-Fe samples were found to have 

a porous structure with small grains on the surface of the particle. The I-20Ni-Fe sample 

appears to have the best surface structure when compared to all of the other Ni-Fe OCs, 

including even the P-20Ni-Fe sample. This indicates that the impregnation method was better 

than physical mixing in terms of the development of the OC’s pore structure. After 10 redox 

cycles, however, differing degrees of grain coalescence was observed for the used Ni-Fe 

samples, as evidenced by the formation of larger grains and a reduction in the amount of 

pores. Such an observation is typical of OCs that have been subjected to repeated physical 

and chemical stresses, as present in multicycle redox reactions. This explains the slight 

decrease in the reactivity of the synthetic OCs with progressing redox cycles, as shown in 

Figure 8-13. An interesting observation here is that although the P-20Ni-Fe sample also 

underwent grain coalescence, its performance was not as adversely affected as its 

impregnated counterpart. This reason behind this observation could be due to the chemical 

treatment that the impregnated OC was subjected to, resulting in it having poorer stability. 

I-20Mn-Fe 
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Comparing the impregnated samples containing 20 wt% of the secondary metal oxides, the 

fresh I-20Ni-Fe sample was still found to have the best morphology, while the other two 

bimetallic OC samples had rougher surface structures with larger grains and fewer pores. The 

used I-20Cu-Fe OC sample appears to have undergone severe grain coalescence, due to the 

presence of very large grains, as well as agglomeration; this explains the defluidization which 

occurred when this sample was used and could be due to the low melting point of Cu. While 

the reaction temperatures would not have caused it to melt, the temperatures were sufficiently 

high for it to soften and agglomerate. Although severe grain coalescence was observed for the 

used Cu-Fe samples, these still performed better than the Mn-Fe samples. This indicates that 

the reactivity of the bimetallic OC is not only dependent on the physical structure of the 

secondary metal oxide, but also its reactivity.  

8.4.2 Energy Dispersive X-ray Spectroscope (EDS) 

 

 

 

 

 

 

 

 

 

 

 

 

 

Figure 8-15 Distribution of the element Ni on the surface of the Ni-Fe OC particles  
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Figure 8-15 shows the distribution of Ni on the surface of the Ni-Fe OC particles. It can be 

seen that the higher the loading content of NiO, the higher the concentration of green deposits. 

This translates to the availability of a larger area and amount of NiO to combust the coal-

derived combustible gases when a higher amount of NiO was added. Thus, a higher amount 

of CO2 could be obtained using Ni-Fe OCs containing higher amounts of NiO, as confirmed 

by the results obtained from the TGA and fluidized bed reactor experiments. From this figure, 

it is also clear that there is a better distribution of Ni on the surface of the I-Ni-Fe OC 

particles. Since the physical mixing method involved the combination of two solid metal 

oxides, the dispersion of Ni on the surface of the P-Ni-Fe samples were found to be quite 

poor relative to that found on the surface of the I-Ni-Fe samples. This is most likely the 

reason for the poorer performance of the physically mixed OCs relative to their impregnated 

counterparts. Similarly, a superior dispersion of the secondary metal oxides was found on the 

impregnated Mn-Fe and Cu-Fe samples relative to their physically mixed counterparts. This 

proves that the dispersion of the secondary metal oxide plays an important role in the 

reactivity of the synthesized OCs.   

8.4.3 X-ray Diffraction (XRD) 

 

Figure 8-16 Diffractograms of the fresh bimetallic OC samples 
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Figure 8-16 shows the diffractograms of the fresh Ni-Fe, Cu-Fe and Mn-Fe bimetallic OCs.  

As expected, the diffractogram of the fresh Fe2O3 sample was found to only contain Fe2O3, 

due to it being of reagent grade and as such it was not included in this figure. The 

diffractograms of the Ni-Fe samples show that two crystalline phases consisting of Fe2O3 and 

NiFe2O4 were detected in all three Ni-Fe samples. This means that the added NiO completely 

combined with Fe2O3 to form a solid solution. It can also be seen that with the increase in the 

NiO loading content in the I-Ni-Fe OC samples, the intensity of the NiFe2O4 reflections was 

intensified. This is especially noticeable with the I-20Ni-Fe sample as there is a significant 

increase in the intensity of the NiFe2O4 reflection relative to the other two I-Ni-Fe OC 

samples. A similar pattern was observed for the other two OC samples impregnated with 

CuO and Mn2O3, whereby a solid solution was found to form between Fe2O3 and the 

secondary metal oxides. However, one significant difference was found to be present when 

comparing the diffractograms of the Cu-Fe sample with the other bimetallic OC samples; the 

reflection corresponding to CuO was detected in the I-20Cu-Fe sample. The low degree of 

interaction between CuO and Fe2O3 could be ascribed to the low melting point of CuO. This 

may have resulted in the coating of the Fe2O3 particles by the softened CuO, making the 

reaction between CuO and Fe2O3 much harder. The presence of CuO in the Cu-Fe sample 

confirms the findings shown in Figure 8-3, wherein a noticeable weight loss was observed 

during the initial stages of the reaction due to the release of oxygen from the dissociation of 

CuO to Cu2O.  
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8.4.4 Accelerated Surface Area and Porosimetry (ASAP) 

Table 8-1 Pore structure analysis results for the fresh and used OC samples  

Sample BET surface area (m
2
/g) 

Fresh Used 

Fe2O3 0.75 0.55 

I-5Ni-Fe 1.01 0.44 

I-10Ni-Fe 1.44 0.17 

I-20Ni-Fe 1.86 0.55 

P-20Ni-Fe 1.01 0.79 

I-20Cu-Fe 0.37 0.08 

P-20Cu-Fe 0.31 0.09 

I-20Mn-Fe 0.56 0.51 

P-20Mn-Fe 0.42 0.35 

 

Table 8-1 lists the BET surface areas of the fresh and used Fe2O3, Ni-Fe, Cu-Fe and Mn-Fe 

samples. It can be seen that there is an appreciable decrease in the surface area of the Fe2O3 

OC after 10 redox cycles, confirming the qualitative analysis of the SEM images in Figure 

8-14. This is also supported by similar results in literature regarding the decrease of an OC’s 

surface area after being utilized in multiple redox reactions [19]. The surface areas of the 

fresh Ni-Fe samples were found to increase as the loading content of NiO was increased. 

Additionally, the I-20Ni-Fe sample was found to possess a greater surface area compared to 

the P-20Ni-Fe sample and this is in agreement with the qualitative analysis performed on the 

SEM images in Figure 8-14. A similar trend was also observed with the fresh impregnated 

Cu-Fe and Mn-Fe samples, whereby the impregnated samples always had higher surface 

areas relative to their physically mixed counterparts. After 10 consecutive redox reactions, 

the impregnated and physically mixed Ni-Fe, Cu-Fe and Mn-Fe samples showed different 

degrees of reduction in their BET surface areas. It was found that the Cu-Fe samples 

experienced the most significant decrease in their BET surface areas which is due to severe 

sintering and agglomeration of the OCs. The ASAP analysis of the fresh and used samples 

confirms the experimental findings pertaining to the deterioration in the reactivity of the 
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bimetallic OCs, which has been explained to be due to coalescence of the grains in the OC. 

An interesting observation is that while most of the OC samples experienced a significant 

reduction in their BET surface areas after ten redox reactions, the physically mixed and 

impregnated bimetallic OCs containing Mn showed only a very slight reduction in this value. 

This is an important observation, as the use of Mn2O3 was found to allow the bimetallic OCs 

to better maintain their physical structure and reactivity after multiple redox reactions. 

Additionally, while the use of an inert support is likely to reduce the extent of grain 

coalescence in the metal oxide, a larger OC mass would be required to compensate for the 

weight of the support material; this is because the inert support material would not be able to 

contribute to the oxidation of the fuel.  

8.5 Conclusions 

Synthetic bimetallic OCs were fabricated by supporting secondary metal oxides such as NiO, 

CuO and Mn2O3 on Fe2O3; these OCs were synthesized via wet impregnation and physical 

mixing. The secondary metal oxide loading contents were varied and included 5, 10 and 20 

wt%. Experiments were performed using both a TGA and a fluidized bed reactor. The 

following conclusions were drawn based on this study: 

1. The incorporation of secondary metal oxides can significantly increase the reactivity 

of Fe2O3 in the bimetallic OCs. Both the synthesis techniques, impregnation and physical 

mixing, were found to yield significantly more reactive OCs compared to Fe2O3.  

 

2. It was found that the higher the loading content of the secondary metal oxide, the 

greater the reactivity of the resultant bimetallic OC in most cases. The obtained results imply 

that the addition of a secondary metal oxide can lead to synergies between the two metal 

oxides, improving the reactivity of the bimetallic OC. Additionally, the Mn-Fe OC samples 

experienced the smallest reduction in their BET surface areas compared to the Ni-Fe and Cu-

Fe OC samples; this means that the physical and chemical stabilities of these OCs were 

superior relative to the Ni-Fe and Cu-Fe OC samples.  

 

3. The impregnated samples performed better than their physically mixed counterparts. 

The accumulated CO2 concentrations obtained using the impregnated samples were always 

higher than those obtained using their physically mixed counterparts, up to a maximum of 

two percentage points. The reason behind this was found using the EDS; there was better 

dispersion of the secondary metal oxides on Fe2O3 when the bimetallic OC was synthesized 
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via impregnation instead of being physically mixed. The synthesis technique also affected the 

BET surface areas of the bimetallic OCs, with the impregnated samples having higher surface 

areas relative to their physically mixed counterparts. 

 

4. Multicycle redox reactions using a fluidized bed reactor showed that both the Ni-Fe 

and Mn-Fe samples experienced a slight decrease in their reactivity; this was made worse 

when the Cu-Fe samples containing 20 wt% of CuO were used as these underwent sintering 

and agglomeration, resulting in the defluidization of the bed. This was ascribed to the low 

melting point of CuO, which was found to be present on the Cu-Fe OC particles based on the 

characterization of these particles using XRD.  

 

This chapter showed that the use of a secondary metal oxide, even in small amounts, can 

lead to an increase in the reactivity of Fe2O3 in the bimetallic OC. However, high levels of 

CuO in these OCs should be avoided as this could lead to operational issues such as 

agglomeration of the OCs and defluidization of the bed. On the other hand, the use of NiO 

may not be suitable due to its toxicity. The use of Mn2O3 as the secondary metal oxide is 

recommended as it results not only in a synergy with Fe2O3, but the resultant bimetallic OC 

has more stable physical characteristics. 
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Chapter 9 Operational Experience with a 10kWth 

Alternating Fluidized Bed Reactor  

The previous result chapters have investigated the performance of Yallourn coal using a 

TGA, a bench scale fluidized bed reactor and a multipurpose reactor. The results obtained 

thus far suggest that VBC is a suitable candidate for use in the CLC process because of its 

high reactivity and low ash content. Additionally, there is no information in literature 

regarding the operation of a VBC-fuelled CLC system over an extended period of time. Here, 

a 10kWth fluidized bed reactor capable of continuous fuel feeding was used to investigate the 

effect of scaling-up the CLC system.   

This chapter aims to identify any potential issues of using VBC in a large scale CLC setup 

over an extended period of time.  

9.1 Summary of Experimental Conditions 

The iron ore from Western Australia was used as the OC in this study. Initially, an 

experiment was conducted in the bench scale fluidized bed reactor, as described in Section 

3.2.2 in Chapter 3. This was done to enable the performance of this OC to be compared to the 

OCs which have been used in the earlier studies. 50 g of sand was introduced into the reactor 

after which 100 g of the OC was added. The reactor was operated at 900°C, while a 

fluidization gas comprising 20 v/v% CO2 with balance N2 was introduced into the reactor at a 

flow rate of 6 L/min. Oxidation of the reduced OC sample was achieved by switching CO2 to 

air, while maintaining the same flow rates. An OC to coal ratio of 100:1 was used; hence, 1 g 

of coal was used in each reduction reaction. A total of 10 redox reactions were performed and 

the product gases were analysed using an online gas analyser.  

Next, the 10kWth fluidized bed reactor was used and a few different investigations were 

performed using this setup. Detailed description of the experimental setup can be found in 

Section 3.2.4 of Chapter 3. Initially, 1 kg of sand was introduced into the reactor to function 

as an inert bed over the distributor. Then, 5 kg of the OC was added atop the sand bed. The 

fluidization gas, totalling 25 L/min, consisted of 20 v/v% CO2 with balance N2. During 

oxidation, 80 v/v% air with balance N2 was used. The same OC to fuel ratio as above was 

used; hence, 50 g of coal was added into the reactor at the start of each reduction reaction. 

The gases that were analysed were CO2, CO, CH4, H2, O2, NO, N2O and NO2. Most of the 
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tests were terminated at the 6
th

 reduction reaction, as operational experience has shown the 

results to stabilize around the 5
th

 reduction reaction.  

The influence of temperature on the performance of the CLC system was investigated by 

conducting tests at 100°C intervals between 700-1000°C. Tests were also conducted using 

both Yallourn coal and char derived from Yallourn coal to study the effect of the fuel type. In 

another test, the particle size range of the OC was varied from 106-150 µm to 150-350 µm to 

study the effect of the OC particle size. The final investigation involved performing a 35 

cycle test to study the performance of the OC over an extended period of time.  

The OCs were characterized using a Scanning Electron Microscope (SEM), an Energy 

Dispersive X-ray Spectroscope (EDS), X-ray Diffraction (XRD) and Accelerated Surface 

Area and Porosimetry (ASAP) unit to study changes in the structure, composition and 

morphology of the OC particles. The particle size distribution of the OC particles used in the 

35 cycle test was also determined.  

9.2 Bench Scale Fluidized Bed Reactor Results 

This experiment was done to determine the reactivity of the iron ore from Western Australia 

while allowing it to be compared to the synthetic OCs that were used in this reactor at the 

same operating conditions. This will allow the CO2 yield and carbon conversion obtained 

using this OC to be compared to those obtained using the bimetallic OCs.   
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Figure 9-1 CO2 yield and carbon conversion over ten reduction reactions 
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Figure 9-1 shows the results obtained using Yallourn coal and the iron ore from Western 

Australia over ten redox cycles. Based on the CO2 yield, it can be seen that this iron ore 

performed poorly relative to the synthetic OCs that were used in Chapter 8. Using the 

synthetic OCs resulted in CO2 yields between 75-90%, while the use of this iron ore yielded a 

value of around 40%. This represents approximately a 50% decrease in the outlet CO2 

concentration when this iron ore was used relative to the synthetic OCs. On the other hand, 

the carbon conversion obtained here is comparable to that achieved using the synthetic OCs. 

This shows that the behaviour of the fluidized bed reactor was similar in both the studies. The 

conclusion from these preliminary results is that the iron ore from Western Australia is not 

very reactive but is capable of maintaining its reactivity over 10 redox reactions unlike most 

of the synthetic OCs, which experienced reductions in their reactivity with progressing redox 

reactions. This shows that the current iron ore has both the chemical and physical stability to 

withstand the stresses from being used in a fluidized bed reactor over 10 redox cycles. Hence, 

this OC was used in the subsequent experiments that were performed in the 10 kWth reactor.   

9.3 10 kWth Fluidized Bed Reactor Results 

Since the iron ore from Western Australia was selected as the OC for use in all of the studies 

performed in the 10 kWth fluidized bed reactor, this section will detail the results obtained for 

the various investigations that were performed.  

9.3.1 Baseline Experiment at 900°C 
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Figure 9-2 Outlet gas concentration profiles of the 1
st
 and 6

th
 reduction reactions 
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Figure 9-2 shows the outlet gas concentration profiles of the first and sixth reduction 

reactions for the experiment conducted at 900°C and this will be denoted as the baseline 

experiment henceforth. The first noticeable feature is that the concentration of CH4 is very 

low in both reduction reactions even though Yallourn coal contains approximately 50% 

volatile matter on a dry basis. The concentration of CH4 obtained in the preliminary 

investigation using the bench scale fluidized bed reactor was much higher than that which 

was obtained using the current reactor; this was due to insufficient contact between the 

volatiles and the OC. In the bench scale fluidized bed reactor, the fuel was dropped from the 

top of the reactor and as it fell through the length of the reactor to enter the OC bed, it 

underwent pyrolysis releasing significant amounts of volatile matter. A large proportion of 

these gases did not get the opportunity to come into contact with the OC; these were 

subsequently driven out of the reactor by the fluidizing gas, resulting in a large amount of 

CH4 to be detected at the outlet hence reducing the CO2 yield. There is a reduction in the CH4 

concentration by a factor of five when the current setup was used instead of the bench scale 

fluidized bed reactor. The reason for this significant improvement is due to the way the fuel 

was introduced into the 10kWth fluidized bed reactor. The outlet of the fuel feeding tube was 

constructed to terminate at the bottom of the OC bed, which ensured that most of the evolved 

volatiles would come into contact with the OC as soon as it entered the reactor.  

There are minor variations in the CO and CO2 concentration profiles of the first and sixth 

reduction reactions. The peak CO2 values were slightly higher while the peak CO values were 

lower in the first reduction reaction compared to those in the sixth reduction; this observation 

is in agreement with the results obtained using the bench scale reactor. Typically upon 

calcination, the OC particles experience a reduction in their surface areas [1]; this is a 

consequence of the structural and morphological changes that the OC particles undergo. The 

initial surface areas of the OC particles are typically reduced due to coalescence of the grains, 

which normally stabilizes after a few redox cycles. This reduction in the OC’s surface area 

will be confirmed through surface area measurements in Section 9.3.1.4 below.  
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9.3.1.1 CO2/CO Ratio and Oxygen Demand 
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Figure 9-3 CO2/CO ratio and oxygen demand as a function of time for the 1
st
 and 6

th
 

reduction reactions 

Figure 9-3 depicts the ratio of CO2 to CO on the primary y-axis while the oxygen demand 

(ΩOD) is shown on the secondary y-axis with both plotted as a function of time. The equation 

used to calculate the oxygen demand can be found in Section 3.6.2 of Chapter 3. The oxygen 

demand denotes the fraction of oxygen that is required to completely oxidize the remaining 

combustible gases, namely CO and CH4. The plots were terminated at 1000 s as noise was 

found to dominate towards the end of the reaction due to the low concentrations of the gases. 

The CO2/CO ratio shows the volume ratio of the predominant gas to the second most 

abundant gas. The peak CO2/CO ratio in the first reduction reaction was found to be around 

10.7 as opposed to 5.7 in the sixth reduction; this represents a significant reduction albeit an 

unobservable difference between the peak CO2 concentrations of the first and last reduction 

reactions as shown in Figure 9-2. The significant reduction of this ratio is due to the increase 

in the concentration of CO in the sixth reduction reaction, which plays a major role in the 

CO2/CO ratio; this is a result of the reduced reactivity of the OC over the course of the 

multicycle reactions, leading to an increase in the concentration of CO. The second part of 

this figure shows the oxygen demand for the two reduction reactions. The initially high 

oxygen demand was due to the volatiles that did not react with the OC. As expected, the 

oxygen demand of the sixth reduction reaction was higher for the reasons that were 
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mentioned above. The average oxygen demand values during the stable period between the 

400 and 500 second mark was found to be 0.055 and 0.090 for the first and sixth reduction 

reaction respectively; this translates to an increase of roughly 64% in the oxygen demand due 

to the reduction in the OC’s reactivity.  

9.3.1.2 Carbon Conversion Rate and Carbon Conversion  
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Figure 9-4 Carbon conversion rate as a function of carbon conversion for the 1
st
 and 6

th
 

reduction reactions 

Figure 9-4 shows the carbon conversion rate plotted as a function of carbon conversion and 

these equations used to obtain these two parameters can be found in Section 3.6.2 of Chapter 

3. The carbon conversion obtained during the first reduction reaction is higher compared to 

that of the sixth reduction reaction. Numerically, this is 0.96 and 0.91 for the first and sixth 

reduction reactions respectively. While it has been explained that the differences in the results 

of the first and sixth reduction reactions in the previous figures were due to the reduction in 

the OC’s reactivity, the difference here is due to other reasons. These reasons include 

variations in the bulk coal composition between one cycle and the next due to the 

heterogeneity of coal as well as the possibility that the entire 50 g of coal may not have 

entered the reactor as some of these may have adhered to the walls of the hopper or the screw 
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feeder tube. Additionally, since Yallourn coal is highly friable, it is possible that some coal 

particles may have undergone attrition in the screw feeder as it was fed into the reactor. This 

would have led to increased elutriation of these particles out of the reactor. Therefore, it is 

important to look at the performance of a reactor system over an extended period of time to 

minimize the effect of operational variations; such a study was performed and will be 

discussed in the sections to follow.  

9.3.1.3 Gasification Rate 
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Figure 9-5 Gasification rate as a function of time for the 1
st
 and 6

th
 reduction reactions  

Next, the gasification rate was plotted as a function of time and this can be found in Figure 

9-5. This result differs from those shown in the previous figures as the peak rate here was 

slightly higher in the sixth reduction reaction compared to that in the first reduction reaction. 

The peak values were 0.33s
-1

 and 0.36s
-1 

in the first and sixth reduction reactions respectively. 

Additionally, the formation of a second peak can be observed in the first reduction reaction 

and this could be due to issues associated with the fuel feeding system whereby an amount of 

fuel larger than the average amount was fed into the reactor towards the end resulting in a 

greater instantaneous gasification rate at that point in time. This also explains why the peak 

gasification rate in the sixth reduction reaction was marginally higher than that in the first. 
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Additionally, this explanation supports the slight shifting of the peaks to the right as observed 

in Figure 9-2. Besides this observation, the rest of the profile appears to be similar between 

the two reduction reactions. Therefore, in conclusion, the findings from this baseline study 

show that the OC had the highest reactivity in the first reduction reaction which subsequently 

decreased over the course of the multicycle reaction.  

9.3.1.4 NOx Emission 
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Figure 9-6 NOx emissions from the baseline experiment 

Figure 9-6 was constructed to investigate the NOx emissions from the baseline experiment 

which was conducted at 900°C. The results reported in this figure were obtained from the 4
th

 

and 5
th

 reduction reactions; these values were averaged over the course of the 4
th

 and 5
th

 

reduction reactions. The concentrations were found to be 22.5 ppm, 2.48 ppm and 0.59 ppm 

for NO, NO2 and N2O respectively, corresponding to 8.79%, 1.49% and 0.34% of the inlet 

fuel nitrogen; the ratio of the concentrations of NO: NO2: N2O was found to be 38:4.2:1 using 

VBC as the fuel. The remaining fuel nitrogen would be released in the form of gaseous N2, as 

found by Linderholm et al. [2].  
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9.3.1.5 Carbon Balance 

Table 9-1 Carbon balance of the baseline experiment 

Source Mass of C in Source (g) Fraction of Inbound C (%) 

In Coal 166.87 100.00 

Out 

Solid Carbon 

Filters/Catch pots 0.96 0.57 

Gaseous Carbon 

Flue Gas 153.83 92.18 

Air Reactor 0.68 0.41 

Total 155.52 93.19 

Balance = In - Out 11.36 6.81 

 

A carbon balance was done for the baseline experiment over six redox cycles and this can be 

found in Table 9-1. It can be seen that a large proportion of the carbon that was fed into the 

reactor was converted to CO, CO2 and CH4 in the flue gas; this is in agreement with the high 

carbon conversion obtained in the baseline experiment. In terms of percentages, around 92% 

of the introduced carbon was detected in the flue gas during the reduction period. As 

previously mentioned, since the reduction reaction was terminated after 30 minutes, there 

would have been some residual fuel in the bed when air was introduced into the reactor to 

initiate the oxidation reaction. Approximately 0.4% of the introduced carbon was detected in 

the flue gas as CO2 during the oxidation reaction. Furthermore, around 0.6% of the 

introduced carbon was found in the catch pots, which also contained a small amount of 

fragmented OC particles. This mass of carbon was measured by combusting the samples in 

the catch pots and measuring the weight loss. Therefore, of the introduced carbon, 93.19% 

has been accounted for, leaving behind an unaccounted amount of 6.81%; this could be due 

to the low cyclone separation efficiency which caused a large proportion of the elutriated 

carbon to exit through the stack uncaptured. Additionally, this could have also been due to 

the low reactor height. Linderholm et al. [2] pointed out that the use of utility-scale boilers 

and higher efficiency cyclones would lead to an increase in the particle residence time. Hence, 

the appreciable loss of carbon that was observed in this investigation is not expected to occur 

during the operation of an industrial scale system. 
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9.3.1.6 Scanning Electron Microscope (SEM) 

 

Figure 9-7 Micrographs for the fresh (A), reduced (B) and oxidized (C) OC samples at three 

different magnification levels (1:500X; 2:5000X; 3:30,000X) 

Figure 9-7 shows the micrographs which were obtained for the fresh, reduced and oxidized 

OC particles at three different magnification levels. No significant differences between the 

fresh and used samples were observed at the lowest magnification; all of the OC particles 

appear highly irregular without any defining characteristics. The micrographs of the OC 

particles that were taken at higher magnifications, denoted by the numbers 2 and 3, show 

some differences. The fresh sample had many loose particles and small grains on its surface. 

Comparing both the reduced and oxidized OC particles, the grains initially present on the 

surface of the fresh OC particles appear to have undergone coalescence to form larger grains. 

Qualitatively, this would lead to a reduction in the available surface area for reaction with the 

combustible gases; this explains the reduction in the reactivity of the OC beyond the first 

reduction reaction, as observed in the above figures. Practically, since a reduction in the OC’s 

surface area would lead to a reduction in its reactivity, make-up OC would need to be added 

A-1 A-2 A-3 

B-1 B-2 B-3 

C-1 C-2 C-3 
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into the reactor to compensate for this loss in reactivity to enable the same amount of fuel to 

be combusted. 

9.3.1.7 Energy Dispersive X-ray Spectroscope (EDS) 
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Figure 9-8 Energy dispersive X-ray spectra of the fresh, reduced and oxidized samples 

These OC samples were subjected to EDS analyses and Figure 9-8 shows these results. 

Besides the elements present in the OC, no other elements were detected. The predominant 

elements in Yallourn ash is iron, silicon and magnesium. The OC contained Fe and Si; as 

such, these would not have resulted in the generation of additional peaks. The Mg in the coal 

ash was not detected even after the OC was reacted with 300 g of the coal. The presence of 

carbon was detected in all of the samples due to the use of cyanoacrylate as an adhesive to 

secure the OC particles on the sample stub. Additionally, a higher level of carbon was 

detected in the reduced sample, which was due to the residual carbon present at the end of the 

reduction reaction. The unlabelled peaks belong to the Iridium that was used to coat the OC 

particles.  
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9.3.1.8 X-ray Diffraction (XRD) 
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Figure 9-9 Diffractograms the fresh, reduced and oxidized samples 

XRD was used to detect the presence of crystalline compounds on the surface of the fresh, 

reduced and oxidized OC particles. As mentioned in the methodology section, the fresh 

particle is primarily composed of SiO2, FeO(OH) and Fe2O3, all of which can be seen to be 

present in the diffractogram; this OC also contains a small amount of Al2O3, but this was not 

detected by the XRD unit. The reduced and oxidized samples were found to not contain any 

FeO(OH) because it was irreversibly oxidized to Fe2O3 during the initial oxidation stage. The 

reduced sample contained Fe2O3, SiO2 and Fe3O4 but the amount of Fe2O3 was very small as 

evidenced by the height of its reflections. The oxidized sample contained only Fe2O3 and had 

more pronounced reflections, which shows that the sample was fully reoxidized. Also, the 

peak widths of the used samples appear to be narrower, which indicates that its surface area 

has reduced. Based on the diffractograms, ash deposition on the OC particles was not 

observed and the reason for this has been mentioned in the preceding subsections.  
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9.3.1.9 Accelerated Surface Area and Porosimetry (ASAP) 

Table 9-2 Pore structure analysis results for the fresh, reduced and oxidized samples  

Sample BET surface area (m
2
/g) Cumulative pore volume (cm

3
/g) 

Fresh 40.69 0.0173 

Reduced 2.20 0.0042 

Oxidized 1.87 0.0035 

 

Table 9-2 shows the BET surface areas and cumulative pore volumes of the fresh, reduced 

and oxidized OC particles. The BET surface area of the fresh OC sample was significantly 

higher, about 20 times, compared to the used samples. This confirms the qualitative results 

obtained using the micrographs, which showed that the grains of the used OC particles had 

coalesced. Additionally, the surface area of the oxidized sample appears to be lower than that 

of the reduced sample. Since this difference is around 0.3 m
2
/g, it could be due to 

instrumental errors. The cumulative pore volume was found to follow the trends exhibited by 

the surface area; the cumulative pore volumes of the used samples were lower than that of the 

fresh sample. 

9.3.2 Effect of Reaction Temperature 

This section will discuss the effect of temperature on the performance of the CLC system. As 

mentioned in the methodology section, the four temperatures that were investigated were 

700°C, 800°C, 900°C and 1000°C. These temperatures were maintained using an electrically 

heated furnace. With the exception of temperature, the rest of the operation conditions were 

kept constant; this was done to ensure that the effect of temperature was accurately captured.  
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Figure 9-10 Outlet gas concentration profiles of the 5
th

/6
th

 reduction reactions at different 

reaction temperatures 

Figure 9-10 shows the outlet gas concentration profiles of either the fifth or sixth reduction 

reactions at four different reaction temperatures. Operational issues were encountered when 

carrying out some of the sixth reduction reactions and therefore the results from the fifth 

reduction reactions were used instead. It should be noted that the results of the fifth and sixth 

reduction reactions were similar for all of the investigated conditions and hence it is 

justifiable to use one in place of the other. It can be seen that there is a steady increase in the 

concentrations of CO2 with increasing temperatures. This increased from around 13% at 

700°C to around 25% at 1000°C. This represents approximately a doubling of the outlet CO2 

concentration when the temperature was increased by 300°C. The reason behind this is that a 

higher temperature causes an increase in both the gasification rate of the solid fuel and the 

rate of oxidation of the combustible gases by the OC. With respect to CO, the generated 

amount was also found to increase with temperature but at a greater rate relative to that of 

CO2. The concentration of CO was found to be around 3% at 700°C and this increased to 

around 9% at 1000°C; this represents a 200% increase which is significantly higher than the 

92% increase in the CO2 concentration between the lowest and highest investigated reaction 
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temperatures. The concentrations of CH4 appeared to be relatively constant for the four 

investigated temperatures, but the generated volumes would have been larger at higher 

reaction temperatures due to a greater volume of gases being evolved. Calculating the flow 

rate of CH4, there is approximately a 40% increase in the peak rate at the highest temperature 

relative to that at 700°C. This was because the OC was unable to convert such a large volume 

of CH4 over the short duration that this gas spent in the vicinity of the OC. Unlike the 

gasification of char, pyrolysis occurs at a much quicker rate. At higher reaction temperatures, 

the devolatilization rates were much higher and when coupled with the shorter residence 

times due to the higher temperatures, the OC was unable to convert some of these volatiles; 

this was most likely due to the low reaction kinetics of the OCs, meaning that its reaction rate 

was not quick enough to oxidize all of the evolved CH4. As a comparison, the peak outlet 

flow rate of the generated gases was around 6 L/min at 700°C and this increased to 18.6 

L/min at 1000°C. This confirms that the increase in the gasification rate of the fuel caused a 

decrease in the time needed to complete the reduction reaction from 29 minutes at 700°C to 

12.5 minutes at 1000°C. In addition to faster reaction times, a higher temperature is beneficial 

from an operational point of view as a higher inlet temperature to the turbine would increase 

the overall efficiency of the power station. 

 

Figure 9-11 CO2/CO ratio and oxygen demand as a function of time for the 5
th

/6
th

 reduction 

reactions at different reaction temperatures 
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Figure 9-11 shows the ratio of CO2 to CO as well as the oxygen demand for either the fifth or 

sixth reduction reactions at the four investigated reaction temperatures. In all of the 

investigated conditions, the CO2/CO ratios started at a low initial value, followed by a rapid 

increase to the peak value after which there was a slower reduction in this value, except for 

the investigation at 1000°C. The highest CO2/CO ratio was obtained at 700°C, which was due 

to the very small amount of CO that was generated. For the remaining three experimental 

conditions, the peak ratios appear to be around six; this value increased to 9 for the 

experiment that was performed at 700°C. At 800°C, once the peak CO2/CO ratio was reached, 

it experienced a steep drop with time while an almost stable trend throughout the experiment 

was observed for the investigation at 900°C. At 1000°C, the obtained trend mimicked that of 

the 800°C investigation except with a quick drop around the 200 second mark. This shows 

that stable operation with consistent results can be obtained at 900°C. It should be noted that 

the CO2/CO ratio is not the best performance indicator when comparing experiments 

conducted at different reaction conditions as it is very sensitive to variations in the CO 

concentration; a small change in the concentration of CO can significantly alter the CO2/CO 

ratio. The oxygen demand is a better indicator of the extent of combustion in a system as it 

translates to the amount of oxygen that is needed to oxidize the remaining combustible gases. 

Most of oxygen demands started at an initial value of 0.2 due to the large amount of 

unreacted CH4
 
in the outlet gas; this value was then found to reduce with time and stabilized 

around the 200 second mark. Subsequently, for all of the investigated conditions except for 

the one at 900°C, the oxygen demand averaged at around 0.12 and then slowly increased with 

time to around 0.2 towards the end of the reduction reaction. This was not so with the 900°C 

experiment whereby the oxygen demand was consistently below 0.1 most of the time, except 

for fluctuations towards the end due to noise. The reason behind this revolves around the 

balance between the OC’s reactivity and the gasification rate of the fuel as a function of 

temperature. It can be seen that using the current experimental setup, the optimum reaction 

temperature is 900°C as a good balance between these two rates was found.  
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Figure 9-12 Carbon conversion rate as a function of carbon conversion for the 5
th

/6
th

 

reduction reactions at different reaction temperatures 

The carbon conversion rate was plotted as a function of carbon conversion for the four 

investigated temperatures and this can be found in Figure 9-12. A trend in the extent of 

carbon conversion, as shown on the abscissa, can be observed here. These values were found 

to be 0.42, 0.51, 0.91 and 0.89 going from 700°C to 1000°C. The carbon conversion was 

found to increase by more than a factor of two from the lowest obtained value at 700°C to the 

highest at 900°C; this shows that the greatest extent of carbon conversion was obtained when 

the reaction temperature was 900°C. The peak carbon conversion rates were found to shift to 

the left at lower reaction temperatures and this was more pronounced for the experiments that 

were conducted at 700°C and 800°C. What this means is that the peak carbon conversion 

rates were found at higher carbon conversions as the reaction temperatures were increased; 

the reason for this will be explained in the next paragraph.  

At the lower reaction temperatures of 700°C and 800°C, there was residual carbon in the 

reactor at the end of the reduction period. This was subsequently combusted during the 

oxidation stage, resulting in the lowering of the carbon conversion; this occurrence was 

minimal for the other two investigated reaction temperatures. The reason carbon was still 
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present at the end of the reduction reaction is that within a batch of coal, different lithotypes 

may be present; some of these lithotypes would have a greater resistance towards gasification 

but this resistance diminishes with increasing reaction temperatures. At 1000°C, the extent of 

carbon conversion was seen to reduce relative to that obtained at 900°C; this could be due to 

a greater degree of attrition and fragmentation of the fuel particles at higher temperatures, 

leading to a larger amount of fines elutriating out of the reactor. It is expected that the use of 

reaction temperatures in excess of 1000°C in this reactor setup would lead to further 

reductions in the extent of carbon conversion and this will be discussed in the paragraphs to 

follow. The ordinate shows the carbon conversion rate and the value of this rate at a given 

carbon conversion can be seen to increase as a function of temperature. The peak rate at 

700°C was around 0.12 s
-1

 and this increased to 0.33 s
-1

 at 1000°C. The areas under the curves 

can also be seen to increase as a function of temperature and these observations will be 

explained with the aid of Figure 9-13. 
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Figure 9-13 Gasification rate as a function of time for the 5
th

 / 6
th

 reduction reactions at 

different reaction temperatures  

Figure 9-13 shows the gasification rate as a function of time for the four investigated reaction 

temperatures. The peak gasification rate was approximately 0.55s
-1

 at 1000°C while the 
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lowest was 0.13s
-1

 at 700°C; these values are to be expected based on the results and 

discussion above. Between these two reaction temperatures, a quadrupling in the peak 

gasification rate can be seen to occur. As the amount of char in the reactor reduces along the 

course of the reduction reaction, the gasification rate can also be seen to reduce. Focussing on 

experiment that was conducted at 700°C, it can be seen that the fuel had not completely 

gasified by the end of the reduction reaction. The reason for this is that at low temperatures, 

gasification is slow and this explains the results obtained between 0-1000 seconds. Beyond 

this time, the rate appears to gradually diminish. Low temperatures provide favourable 

thermal annealing conditions by graphitization while low temperature devolatilization leads 

to increased tar deposition on the char and lower char porosity [3]. Additionally, Schmal et al. 

[4] described the processes leading to the formation of low reactivity chars. They found that 

the reaction initially occurs at the external surface and the front gradually moves in, leaving 

behind a layer of ash; this reaction sequence is the same as that in the Shrinking Core Model 

(SCM). Such a process causes additional diffusional resistance for the gasification agent 

through the stagnant gas film around the fuel particle as well as through the ash layer, which 

becomes thicker with time. Therefore, as the conversion of the fuel increases, the thickness of 

the ash layer also increases which in turn heightens the diffusional resistance for the 

gasification agent through the ash layer. Additionally, the ash layer may potentially prevent 

certain regions of the char particle from being gasified. Hence, this results in the formation of 

unreactive char particles. With respect to the shift in the peak carbon conversion rates, as 

observed in Figure 9-12, this is possibly due to the aforementioned reason. At lower 

temperatures, the kinetic energy of the gasification agent is lower and this makes penetrating 

the ash layer more difficult. This causes the peak rate to occur earlier, corresponding to the 

gasification of the char particle before the ash layer becomes difficult to penetrate; this effect 

is not as pronounced at higher temperatures due to the higher kinetic energies of CO2. 

Alternatively, tar deposition and re-polymerization alongside the lower porosity of the chars 

at low temperatures may contribute to this result with a greater extent of these effects being 

observed at lower temperatures due to lower reaction kinetics and gas velocities [5]. The 

deposition of tar on the surface of the char particle would lead to a reduction in the carbon 

conversion rate, resulting in the peak rate being shifted to the left at lower temperatures prior 

to the point at which tar deposition becomes significant enough to reduce the carbon 

conversion rate. Also, the decrease in the carbon conversion rate beyond the peak rate can be 

attributed to the aforementioned mechanisms. The area under the plot in Figure 9-13 
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represents the total amount of fuel that has been gasified; this area is the largest for the 

investigation that was performed at 900°C, followed by those performed at 1000°C, 800°C 

and lastly 700°C. The trend in this observation is similar to that which was exhibited by 

carbon conversion as shown in Figure 9-12.  
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Figure 9-14 Average and peak carbon conversion and gasification rates as a function of 

temperature for the 5
th

/6
th

 reduction reactions  

Figure 9-14 shows a plot of the peak and average carbon conversion rates (rc) and gasification 

rates (rg) as a function of temperature for either the 5
th

 or 6
th

 reduction reactions. This was 

done to complement the results that were shown in Figure 9-12 and Figure 9-13. The peak 

and average carbon conversion rates were calculated for Xc values between 0 and 0.4; the 

peak and average gasification rates were calculated using the first 500 seconds of the 

gasification rate data. Most of these calculated values can be seen to vary linearly with 

respect to temperature, except for the peak gasification rate values, which appear to follow an 

exponential function. It is a well-known fact that the rate of a reaction, such as the 

gasification rate, increases exponentially with temperature and this can be observed here with 

the peak gasification rate values [6]. The reason the average rate did not exhibit the same 

behaviour is due to the fact that the fuel was not continuously fed over the entire course of the 
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reduction reaction but only over three minutes at the start of the reaction. While an increase 

in the reaction temperature results in an increase in the gasification rate of the fuel, the OC 

must have sufficient reactivity and contact with the gasification products to convert these into 

CO2, increasing the CO2 yield. Therefore, the use of a CFB reactor will allow for greater CO2 

yields to be obtained by providing increased contact between the OC and the coal-derived 

combustible gases.  
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Figure 9-15 Carbon conversion over six reduction reactions for the four investigated reaction 

temperatures 
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Figure 9-16 CO2 yield over six reduction reactions for the four investigated reaction 

temperatures 
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The carbon conversions and CO2 yields over the six reduction reactions for the four 

investigated reaction temperatures are shown in Figure 9-15 and Figure 9-16 respectively. As 

previously mentioned, operational issues were encountered at different reduction reactions 

due to issues with the fuel feeding or gases running out during the course of the reduction 

reaction. This led to the acquisition of results that did not conform to a trend. Discounting 

these results, the general trend will be discussed here. Focussing on the carbon conversion 

results as shown in Figure 9-15, it can be seen that for a given temperature the variation in 

these values were minimal over the six reduction reactions. Peak values were obtained for the 

investigation that was conducted at 900°C and these values were consistently higher than 

those obtained at both 800°C and 1000°C. The lower carbon conversion obtained at 700°C 

and 800°C is understandable as the gasification rate of the fuel was slow and therefore there 

would have been residual carbon in the reactor at the end of the reduction reaction, reducing 

the carbon conversion. As mentioned previously, it is expected that at temperatures in excess 

of 1000°C, the carbon conversion would reduce. The reason behind this is that as soon as the 

coal is introduced into the reactor, it experiences a sharp and rapid heating resulting in an 

almost instantaneous and violent release of the volatiles; this results in the fragmentation of 

the friable coal particles as vast amounts of gases quickly exit the coal particle’s matrix. This 

fragmentation causes a greater amount of fines to be generated, which would then elutriate 

out of the reactor; this would invariably lead to a reduction in the carbon conversion as a 

portion of the carbon in the fuel would elutriate out the system in the form of coal/char 

fragments. What these results show is that the carbon conversion is affected by both the 

gasification rate and degree of fragmentation of the fuel, both of which are a function of the 

reaction temperature. The next figure, Figure 9-16, shows the obtained CO2 yields. With the 

exception of the runs that encountered operational issues, the average CO2 yield can be seen 

to be approximately the same for all of the reduction reactions at the four investigated 

temperatures. While minor fluctuations exist, the general observation is that the CO2 yield is 

independent of temperature. This statement is justified as the CO2 yield relates to the 

conversion of the coal-derived combustible gases, which is a function of the contact between 

the gasification agent and the OC. Therefore, for the temperature range investigated in this 

study, the contact between the combustible gases and the OC was the limiting factor. As such, 

a conversion of about 85% was obtained using this reactor setup. The other theory that this 

finding proves is that the oxidation of the combustible gases by the OC is not kinetically 



Chapter 9 Operational Experience with a 10 kWth Alternating Fluidized Bed Reactor 

 

230 | P a g e  

 

limited and this supports the findings in literature regarding the gasification of the fuel being 

the rate limiting step in CLC [7].  

Therefore, one of the most important aspects relating to the operation of a CLC system is to 

ensure that there is sufficient contact between the combustible gases and the OC. Here, the 

feeding of the fuel into the OC bed led to almost a doubling of the CO2 yield compared to 

that obtained using the bench scale fluidized bed reactor and this serves to show the 

importance of the reactor configuration on the performance of a CLC system. It is expected 

that further performance improvements would come through the use of a CFB reactor in 

place of an alternating fluidized bed reactor. The conclusion of this subsection is that 900°C 

is the optimum temperature for use with this setup when VBC is used as the fuel.  

9.3.3 Effect of Oxygen Carrier Particle Size 

This subsection will discuss the effect that the OC particle size has on the performance of the 

CLC system; a reaction temperature of 900°C was used while all other conditions were kept 

constant. The smaller particle size range had a value of 106-150 µm while the larger particle 

size range, 150-350 µm, was the same as the one that was used in the baseline study.  
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Figure 9-17 Outlet gas concentration profiles of the 6
th

 reduction reaction using the two OC 

particle size ranges 
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The outlet gas concentration profiles at the 6
th

 reduction reaction obtained using the two OC 

particle size ranges are shown in Figure 9-17. Examining the time taken for the fuel to be 

completely reduced, it can be seen that this value is almost similar for both the investigated 

cases, completing at around the 1000 s mark. The peak CO2
 
and CO concentrations were 

found to be higher when the larger OC particle size range was used while the peak CH4 

concentrations appear to be the same for both cases. The peak CO2 concentration obtained 

using the smaller OC particle size range was 17.1% and this value increased to 20.5% when 

the larger OC particles were used; this signifies a 20% increase in the peak CO2 concentration 

between the two investigated conditions. This was most likely due to differences in the 

hydrodynamics in the reactor, particularly the way in which the particles in the two size 

ranges were fluidized, as all other parameters were kept constant; this will be discussed in the 

subsequent paragraphs. 
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Figure 9-18 Carbon conversion rate as a function of carbon conversion for the 6
th

 reduction 

reaction using the two OC particle size ranges 
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Figure 9-19 Gasification rate as a function of time for the 6
th

 reduction reaction using the two 

OC particle size ranges 

The plot of the carbon conversion rate as a function of carbon conversion and the gasification 

rate as a function of time for the 6
th

 reduction reaction using the two OC particle size ranges 

can be found in Figure 9-18 and Figure 9-19 respectively. The peak carbon conversion rates 

were found to be 0.18 s
-1

 and 0.23 s
-1

 for the smaller and larger OC particle size ranges 

respectively; this represents a 28% increase in the peak rate between the two investigated 

conditions. Additionally, the extent of carbon conversion at the sixth reduction reaction was 

approximately 0.91 and 0.83 for the smaller and larger OC particle size ranges respectively.  

The OC particles in the smaller particle size range would form a larger expanded bed upon 

fluidization relative to that obtained using the larger particle size range. Additionally, the 

smaller OC particles would have higher average instantaneous velocities on account of their 

smaller diameters as the fluidization gas flow rate was kept constant. The higher average 

instantaneous particle velocities coupled with the increased number of OC particles using the 

smaller OC particle size range could have led to increased attrition of the fuel particles; this 

would subsequently result in a greater extent of elutriation of the fuel particles out of the 

reactor. Additionally, Figure 9-19 also shows a disparity in the peak gasification rates which 

increased from 0.25 s
-1

 to 0.36 s
-1

 when the larger OC particle size range was used, signifying 
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an increase of about 44% between these two conditions. As previously mentioned, the reason 

the peak rate is discussed instead of the average rate is because the investigations performed 

using current experimental setup involved the fuel being fed in batches instead of being 

continuously fed. Discussing the average rates would not allow for the performance of the 

various investigated conditions to be adequately compared. 
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Figure 9-20 Carbon conversion over six reduction reactions using the two OC particle size 

ranges 
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Figure 9-21 CO2 yield over six reduction reactions using the two OC particle size ranges  



Chapter 9 Operational Experience with a 10 kWth Alternating Fluidized Bed Reactor 

 

234 | P a g e  

 

The carbon conversions and CO2 yields over the six reduction reactions for the two 

investigated OC particle size ranges are shown in Figure 9-20 and Figure 9-21 respectively. 

The obtained results from the former figure shows the carbon conversion of the fuel in the 

presence of the smaller OC particle size range to be consistently lower when compared to that 

obtained using the large particle size range; the differences in the carbon conversions 

between the two investigated OC particle size ranges were typically around ten percentage 

points. This figure shows that the larger OC particle size range is favourable from a carbon 

conversion point of view.  

On the other hand, Figure 9-21 shows the obtained CO2 yields to be very similar for the two 

OC particle size ranges that were investigated. Therefore, based on the abovementioned 

discussions, the larger OC particle size range appears to be a better candidate relative to the 

smaller OC particle size range on account of the higher extent of carbon conversion obtained 

using the former; additionally, the average and peak carbon conversion and gasification rates 

were found to be higher when the larger OC particle size range was used.  

9.3.4 Effect of Fuel Type 

This subsection will detail how the use of different fuel types affects the CLC process. The 

first fuel that was used in this investigation was Yallourn coal while the second was a char 

generated from Yallourn coal. In essence, this investigation studies the effect of coal rank as 

the char can be taken to be a high rank coal due to its negligible volatile content. All the 

investigations were performed at the same experimental conditions to allow the results 

obtained using the different fuels to be accurately compared.  
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Figure 9-22 Outlet gas concentration profiles of the 6
th

 reduction reaction using coal and char 

The outlet gas concentration profiles at the 6
th

 reduction reaction obtained using the two fuels 

are shown in Figure 9-22. The outlet gas concentration profile for the study employing coal 

has been delineated in an earlier subsection and will be used here to compare with results 

obtained using char. Firstly, no CH4 was detected during the course of the reaction in which 

char was used and this proves that the char was mostly devolatilized; only CO2 and CO were 

detected in the outlet gases when char was used as the fuel. Examining the abscissa in the plot 

that was constructed for when char was used as the fuel, there is a slight lag in the time taken 

for the gases to be detected by the online gas analyser; this is due to the low reactivity of the 

char, which is supported by the low peak CO2 concentration that was obtained. The peak CO2 

concentration obtained for when coal was used was approximately 200% higher relative to 

that which was obtained using char. The structural and chemical changes that the char had 

undergone during the reaction that was used to generate it resulted in a reduction in its 

reactivity compared to that of coal. This subsequently caused an increase in the time needed 

to convert the same amount of char relative to the time required by coal. It has been said that 

the reactivity of a char sample can be attributed to its inorganic constituents and porosity [8]. 

Also, it is a well-known fact that the reactivity of a char increases with a decrease in the rank 

of the parent coal. Additionally, some researchers have found that with an increase in the 
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temperature used to prepare the char, the influence of the rank of the parent coal decreases 

and this leads to the formation of low reactivity chars [9, 10]; this reduces the intrinsic 

reactivity of the char, which could explain the behaviour observed here as the char was 

prepared at 1000°C.  
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Figure 9-23 Carbon conversion rate as a function of carbon conversion for the 6
th

 reduction 

reaction using coal and char 
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Figure 9-24 Gasification rate as a function of time for the 6
th

 reduction reaction using coal 

and char 
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The plot of the carbon conversion rate as a function of carbon conversion can be found in 

Figure 9-23 while Figure 9-24 shows the plot of the gasification rate as a function of time. 

Based on the results shown in Figure 9-23, there is a very large difference in the calculated 

carbon conversion rates that were obtained for the two fuels that were used. When coal was 

used as the fuel, the peak carbon conversion rate was approximately five times higher than 

that obtained using char; this shows the significance of the rank of the fuel on its reactivity. 

When coal was used as the fuel instead of char, a 70% increase in the extent of carbon 

conversion was observed. This observation is supported by the reasons mentioned above with 

respect to the formation of low reactivity chars due to the use of high char preparation 

temperatures. It is also worth noting that the ash content of the char is approximately twice 

that of the coal. The long residence time that was used to prepare the char sample could have 

potentially led to the formation of a layer of ash which in turn increased the diffusional 

resistance for CO2 and reduced the gasification rate of the char, as mentioned in Section 9.3.2 

above. As the char was gasified, the physical front of the particle was consumed and this 

caused the reaction front to move towards the core of the char particle; as this reaction front 

progressed towards the core, the effect of the ash layer became more significant, resulting in 

a reduction in the reactivity of the char. Similarly, Figure 9-24 shows that the peak 

gasification rate achieved using coal was approximately 600% higher than that obtained using 

char; this factor is similar to that found when the peak carbon conversion rates obtained using 

the two fuels were compared. Additionally, the coal sample was found to have been 

completely consumed by 1400 s but char was still found to be present in the reactor at the 

1600 s mark; this difference is due to the fact that the coal sample is more reactive than the 

char sample.  
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Figure 9-25 Carbon conversion over six reduction reactions using coal and char 
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Figure 9-26 CO2 yield over six reduction reactions using coal and char  

The carbon conversions and CO2 yields over the six reduction reactions using the two fuels 

are shown in Figure 9-25 and Figure 9-26 respectively. It can be seen that the carbon 

conversion obtained using char was much lower than that obtained with coal; this is the same 

as that which has been previously observed in Figure 9-23. The average extent of carbon 

conversion was 57% and 91% for when the char and coal were used respectively; this result 

is relatively consistent between the different runs. The low carbon conversion obtained using 
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char was due to the fact that a large portion of this char remained in the reactor at the end of 

the reduction reaction with a sizeable quantity also found in the catch pots.  

In Figure 9-26, the CO2 yield over multiple reduction reactions can be observed to be 

relatively stable. Numerically, the average CO2 yields were found to be 77% and 81% for 

when the char and coal were used respectively. Again, the variation in the CO2 yield was not 

significant, similar to that observed in Figure 9-16 and this was ascribed to be due to the 

contact between the OC and the coal-derived combustible gases; this contact should not vary 

with the fuel type and the obtained results confirm this.  

9.3.5 Effect of Longer Duration Operation (35 Redox Cycles) 

This subsection will study and discuss the potential changes in the performance of the CLC 

system over 35 redox reactions at 900°C using VBC as the fuel and an OC particle size range 

of 150-350 µm. The attrition rate and reactivity of the OC will also be discussed here. The 35 

redox reactions were performed over 40 hours and this took a total of 6 days to complete. The 

following shows the breakdown of the runs that were performed for each of the days: 1-6, 7-

12, 13-18, 19-24, 25-30 and 31-35. The results obtained from the 1
st
, 12

th
, 24

th
 and 35

th
 

reduction reactions will be discussed here.  

 

Figure 9-27 Outlet gas concentration profiles of the 1
st
, 12

th
, 24

th
 and 35

th
 reduction reactions 

Figure 9-27 shows the outlet gas concentration profiles for the four reduction reactions that 

will be the focus of this subsection. Going from the 1
st
 reduction reaction to the 12

th
, there is 
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a slight increase in the peak CO2 concentration, but beyond this point a decrease in the peak 

CO2 concentrations was observed in the 24
th

 and 35
th

 reduction reactions. Also, in the first 

reduction reaction, the peak CO concentration had a value of less than 5% but this increased 

to between 6.5-7.5% in the other three reduction reactions; this same behaviour is observed 

for CH4 as well. It can be seen that the best performance was obtained in the first reduction 

reaction but beyond this the decrease in the concentration of CO2 coupled with the increase in 

the concentration of CO signify that the performance was relatively similar in the other three 

reduction reactions. With respect to the 24
th

 reduction reaction, the time taken for the reaction 

to complete was longer compared to the other reduction reactions as an operational issue 

relating to fluidization was experienced. The reduction in the peak CO2 values with the 

corresponding increase in concentrations of CO and CH4 as the reduction cycles progressed 

could be due to coalescence of the grains in the OC particles beyond the first reduction 

reaction as well as a reduction in the bed mass over the multiple cycles due to attrition and 

subsequent elutriation of the OC particles. It is worthwhile noting that no make-up OC was 

added into the reactor over the course of the 35 redox cycles. Taking the representative values 

of the time taken to complete these four reduction reactions, it can be seen that this is less 

than 1000 seconds, which is about 17 minutes; typically, this period is dictated by the 

duration required by the coal to be completely gasified, which is the rate limiting step.  

 

Figure 9-28 CO2/CO ratio and oxygen demand as a function of time for the 1
st
, 12

th
, 24

th
 and 

35
th

 reduction reactions 
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The plot of the CO2/CO ratio and oxygen demand as a function of time over the four 

investigated reduction reactions is shown in Figure 9-28. There is an appreciable reduction in 

the former parameter going from the first reduction reaction to the rest. Although the peak 

CO2 concentration at the 12
th

 reduction reaction was higher than that at the 1
st
 reduction 

reaction, as shown in Figure 9-27, its peak CO2/CO ratio was significantly lower and similar 

to those of the 24
th

 and 35
th

 reduction reactions; this is due to the higher concentrations of CO 

that was generated in the three reduction reactions other than the first. Additionally, it can be 

seen from the above figure that the oxygen demand is virtually a mirror image of the CO2/CO 

ratio for most parts of the four reduction reactions. This is because the oxygen demand is a 

function of the concentrations of CO2, CO and CH4, but the concentration of CH4 does not 

affect the oxygen demand beyond the first part of the reduction reaction i.e., after the coal has 

undergone pyrolysis. The small CO2/CO ratio and large oxygen demand towards the end of 

the 35
th

 reduction reaction is due to noise. The char particles become smaller over the course 

of the gasification reaction, resulting in the generation of fines. As these fines elutriate, it may 

also be gasified, producing CO that does not contact the OC, leading to the observed small 

CO2/CO ratio and large oxygen demand. Alternatively, this phenomenon could be explained 

by the attrition that the OC particles progressively experience over the course of the 35 redox 

reactions and this will be discussed in the subsequent paragraphs.   
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Figure 9-29 Carbon conversion rate as a function of carbon conversion for the 1
st
, 12

th
, 24

th
 

and 35
th

 reduction reactions 
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The plot of the carbon conversion rate as a function of carbon conversion is shown in Figure 

9-29. This figure shows that the peak carbon conversion rate is slightly lower than 0.25s
-1

 at 

the 1
st
, 24

th
 and 35

th
 reduction reactions, but it increases to 0.28s

-1
 at the 12

th
 reduction 

reaction. As previously mentioned, this could have been due to an issue with the fuel feeding 

that was experienced during the 12
th

 reduction reaction; the fuel may have been introduced 

into the reactor at a rate faster than 16.7 g/min. This would explain the higher peak rate that 

was obtained as more fuel was available to be gasified. Besides this, the extent of carbon 

conversion was lowered beyond the first reduction reaction to the other three reduction 

reactions. Initially, this value was found to be approximately 0.9 and reduced to around 0.83 

at the 35
th

 reduction reaction. As mentioned previously, the extent of carbon conversion 

should not vary significantly from one reduction reaction to another as it is a function of the 

gasification of the fuel. Therefore, one aspect could have played a role in this observed 

phenomenon; the progressive attrition of the OC particles over the course of the 35 redox 

cycles would have led to the generation of smaller OC particles which may have caused a 

greater degree of attrition in the coal particles. This would lead to a larger amount of 

fragmented fuel particles being elutriated out of the reactor, reducing the extent of carbon 

conversion, similar to that observed when using the smaller OC particles; this will be 

confirmed in the paragraphs to follow using results obtained from the particle size analysis of 

the OC particles that were collected at the end of each run.  
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Figure 9-30 Average and peak carbon conversion rates over 35 reduction reactions 
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Figure 9-30 shows the peak and average carbon conversion rates obtained over 35 reduction 

reactions. While minor fluctuations exist, due to operational issues which were encountered, 

both the peak and average rates can be seen to decrease going from the 1
st
 cycle to the 35

th
 

cycle. This is most likely a direct consequence of the attrition of the OC particles which 

affects these rates either due to a reduction in the OC bed mass or increased fragmentation of 

the fuel particles due to heightened collisions with the OC particles. Attrition of the fuel 

particles could have been accelerated by the fragmented OC particles, the extent of which 

would have increased with progressive redox cycles.  
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Figure 9-31 Carbon conversion over 35 reduction reactions 
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Figure 9-32 CO2 yield over 35 reduction reactions 

The carbon conversion and CO2 yield over the 35 reduction reactions are shown in Figure 

9-31 and Figure 9-32 respectively. The average carbon conversion was found to be 86.3% 

with a standard deviation of 3.7% when disregarding the results from the 33
rd

 reduction 

reaction and the reason for this will be discussed below. There is also a slight drop in the 

carbon conversion between the 1
st
 and 6

th
 reduction reactions, but beyond this the carbon 

conversions can be seen to be relatively similar. There was a large drop in the carbon 

conversion at the 33
rd

 reduction reaction which was due to issues with the fuel feeding. It was 

an isolated issue and the carbon conversion was found to return to the normal value at the 34
th

 

reduction reaction. The CO2 yield on the other hand can be seen to be exceptionally stable, 

with an average value of around 81%; this is similar to the values found in the preceding 

subsections for the different investigated conditions. This result confirms that the CO2 yield is 

dependent on the contact between the coal-derived combustible gases and the OC, which 

should not change with increasing redox cycles. Therefore, to ensure higher CO2 yields and 

carbon conversions, two aspects need to be considered. Firstly, the use of a CFB reactor 

would serve to increase both of these values. In CLC, the residence time of the combustible 

gases and the contact between these gases and the OC are both very important parameters, 

both of which can be increased by using a CFB reactor. Secondly, periodic introduction of 

make-up OC particles into the reactor would also help to compensate for the fragmented and 

elutriated OC particles. 
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Figure 9-33 Volume fraction as a function of particle size for the fresh OC sample and the 

used OC samples after the 6
th

, 12
th

, 18
th

, 24
th

, 30
th

 and 35
th

 reduction reactions 

Figure 9-33 shows the results obtained from the particle size analysis that was conducted for 

the fresh OC sample as well as the used OC samples from the 6
th

, 12
th

, 18
th

, 24
th

, 30
th

 and 35
th

 

reduction reactions. This figure shows that with increasing redox cycles, the average OC 

particle size decreases; this is due to particle attrition, which typically occurs in a fluidized 

bed combustor. The fresh OC sample had the highest volume fraction at a mean particle size 

of 224 µm. This value dropped to 195 µm at the 35
th

 reduction reaction, representing a 13% 

decrease in this value relative to that obtained using the fresh OC particles. Upon closer 

examination of the 224 µm mean particle size, it can be see that the volume fraction for this 

size drops from 12.3% in the fresh sample to 10.1% in the used sample from the 35
th

 

reduction reaction. Additionally, the volume weighted mean diameter, D[4, 3], was calculated. 

The fresh OC particles had a volume weighted mean diameter of 249 µm, which decreased to 

204 µm for the used OC particles that were collected at the end of the 35
th

 reduction reaction. 

This represents an 18% reduction in the volume weighted mean diameter over a course of 35 

redox cycles as attrition of the OC particles would also occur during the oxidation reaction. 

The other observable feature is that with progressing redox cycles, the volume fraction in the 

size range of 10-60 µm was found to increase. This is characteristic of attrition, with some 

amount of the fragmented particles remaining in the bed at the end of the reaction. As such, 

this means that make-up OC particles would be needed to replace the generated fines. What 
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these results show is that attrition did indeed occur and was responsible for the reduction in 

the carbon conversion of the fuel with progressive reduction reactions due to the generation 

of a larger amount of fuel fines from the collision between the fragmented OC particles and 

fuel particles. 

9.4 Conclusions 

The effects of temperature, OC particle size range and fuel type on the performance of a CLC 

system were investigated using a 10kWth alternating fluidized bed reactor. Additionally, a 

long term investigation was performed over 35 redox cycles. The degree of attrition of the 

OC particles over the 35 cycles was determined using particle size analysis. NOx emissions 

were quantified for the baseline experiment at 900°C, while a carbon balance was also 

performed. The following conclusions were drawn based on the results obtained in this study: 

1. With respect to temperature, while the peak CO2 concentration was found to be the 

highest at 1000°C, the carbon conversion at this temperature was low due to a higher amount 

of fuel being fragmented and subsequently elutriated. The highest carbon conversion and CO2 

yield was obtained at a temperature of 900°C. At lower reaction temperatures, such as at 

700°C, the gasification rate was found to be very slow with complete consumption of the fuel 

requiring 1750 s relative to 750 s at 1000°C. 

 

2. The investigation of the OC particle size showed that the larger size range, 150-350 

µm, performed better than the sample having a smaller size range of 106-150 µm. This was 

evidenced by the higher peak CO2 concentration, faster carbon conversion rate and greater 

extent of carbon conversion when the larger OC particle size range was used.  

 

3. For the 35 redox cycle investigation, the OC was found to perform sufficiently well 

over the multicycle reaction with minor loss in reactivity as evident from the reduction in the 

average carbon conversion rates. The carbon conversion was found to stabilize after the first 

few reduction reactions while the CO2 yield remained almost constant throughout the 35 

reduction reactions. With progressing redox cycles, the peak volume fractions and particle 

sizes of the OC samples were found to decrease due to attrition. 

 

4. The NOx emissions were found to be minimal with averaged values of 22.5 ppm for 

NO, 2.48 ppm for NO2 and 0.59 ppm for N2O. The carbon balance showed that the vast 

majority of the carbon in the fuel, 92.2%, was found in the outlet gas in the form of CO2, CO 

and CH4. Minor amounts (~1%) of carbon were found in the catch pots and the OC bed in the 
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reactor. This left around 7% unaccounted for, which most likely elutriated out of the reactor 

due to the low cyclone separation efficiency and short reactor length.  

 

This chapter showed that attrition and deactivation of the OC particles would invariably 

occur immaterial of the experimental conditions and therefore it is favourable to use low 

cost OCs having acceptable reactivity such as ore-based OCs. Defluidization was not 

observed to occur in any of the investigations. The average carbon conversion and CO2 

yield was found to be 86% and 81% respectively over 35 redox reactions and it is proposed 

that the use of a CFB reactor would lead to an improvement in these values. 
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Chapter 10 Conclusions and Recommendations for 

Future Work 

CLC has grown from a paper concept to being demonstrated in pilot scale reactors. This 

technology has attracted a vast amount of funding from both governmental bodies as well as 

utility companies such as ALSTOM due to the promising results that have been reported. 

CLC first started with gaseous fuels such as syngas and natural gas due to the ease of the gas-

solid reaction with the OC. This then shifted towards the use of solid fuels such as coal and 

biomass due to their widespread abundance and lower cost; this process is called in-situ 

Gasification Chemical Looping Combustion (iG-CLC) as the solid fuel is first gasified in the 

reactor and these gases then react with the OC. While about 10% of the results in literature 

encompass the utilization of solid fuels in CLC, the vast majority of research has been done 

with gaseous fuels as this was the initial focus. In regards to the solid fuels that have been 

researched with iG-CLC, most of these investigations have been focussed on high rank fuels 

such as bituminous coal and petroleum coke. Around 15-20% of the investigations that have 

been undertaken with iG-CLC involved the use of low rank coals, one of which is VBC. 

There have only been a handful of investigations involving the use of VBC in a CLC system, 

all of which were performed using small scale laboratory equipment. Since VBC is a unique 

fuel and does not share its properties with any other coal around the world, more work needs 

to be done to determine the applicability of this fuel in the CLC process.  

10.1 Conclusions 

The preliminary work [1] that set the ground for this thesis found Fe2O3 to be a suitable OC 

for use with VBC and this was determined using small scale laboratory equipment. It is for 

this reason that all of the studies reported in this thesis involved the use of Fe-based OCs. 

Since this thesis aims to determine the applicability of using VBC in the CLC process, a 

number of investigations were done in both small and large scale fluidized bed reactor 

systems while some others were done in a thermogravimetric analyzer (TGA). The fresh and 

used OC particles were characterized using instruments such as a Scanning Electron 

Microscope (SEM), an Energy Dispersive X-ray Spectroscope (EDS), X-ray Diffraction 

(XRD) unit and Accelerated Surface Area and Porosimetry (ASAP) unit to study any changes 

that the OC may have undergone over the course of its reaction with VBC.  
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10.1.1 Chapter 4: Effect of Inherent Coal Minerals on the Performance of CLC 

The first results chapter, Chapter 4, investigated the role of the minerals present in coal and 

how this affected its reaction rate. It has been reported in literature that one of the potential 

issues with iG-CLC is the interaction between the OC and the ash as this may affect the 

performance of the OC over time. As such, a comparative study was done between a low ash 

Victorian brown coal and a high ash Canadian lignite. Next, the interaction between the ash 

that was formed from the thermal processing of the fuel and the OC was studied.  

The ash formed from the thermal processing of coal minerals had an adverse effect on the 

OC’s oxygen carrying capacity by either preventing the OC from being reoxidized or forming 

unreactive compounds with the OC. This effect would be worsened in the presence of high 

ash coals having low melting point compounds as this could lead to agglomeration of the OC 

particles. VBC is advantageous from this point of view as it has a low ash content with high 

levels of Fe in it. 

The obtained results suggest that VBC is better suited for use in the CLC process relative to 

the high ash Canadian coal as the former is more reactive and contains a very low amount 

of ash which translates to less potential interactions between the ash and the OC. 

10.1.2 Chapter 5: In-situ Synchrotron Study of Fe2O3 Reduction with Victorian Brown 

Coal 

Chapter 5 investigated the phenomenon of carbon deposition, which has been reported in 

literature with the use of gaseous fuels. Also, a study on the reduction of the OC in the 

presence of VBC was done using in-situ XRD powered by synchrotron radiation.  

Since VBC contains a high level of volatiles, this aided in reducing the OC at a quicker rate 

as pyrolysis is a faster process relative to gasification. Rietveld refinement of the synchrotron 

data showed that the crystallite size of the OC decreased with an increase in the extent of the 

reduction of the OC. Carbon deposition was a possibility when using Fe-based OCs given 

that CO2 had a long residence time around the OC that had been reduced beyond Fe3O4. 

Hence, it is best to prevent the reduction of Fe2O3 beyond Fe3O4 when using CO2 as the 

gasification agent in environments with high gas residence times. 

The obtained results suggest that the reduction of Fe2O3 beyond Fe3O4 is not favourable 

using CO2 as the gasification agent in an environment with long gas residence times as this 

leads to carbon deposition, which causes a reduction in the CO2 yield. 
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10.1.3 Chapter 6: Reduction Kinetics and Characterization of Fe2O3 with Victorian 

Brown Coal 

Chapter 6 studied the reduction kinetics of Fe2O3 in the presence of a solid fuel, which was a 

first-of-its-kind investigation. A number of studies have been performed in literature with 

respect to modelling the reduction of OCs in the presence of gaseous fuels. The significance 

of this study is that the obtained kinetic parameters can be used in CFD and process 

simulations to model iG-CLC processes employing VBC as the fuel.  

The reduction of Fe2O3 was modelled using the Shrinking Core Model (SCM) and the 

Modified Volume Reaction Model (MVRM) with similar results obtained using both the 

models. The former incorporates the physical properties of the OC while the latter is purely 

an empirical model. The activation energy was found to be 209 kJ/mol, which is similar to 

that of char gasification. This served to confirm that the gasification of char is the rate 

limiting step in CLC as the activation energy for the reaction of Fe2O3 with gaseous fuels is 

much lower based on the values reported in literature. The models were found to perform 

better at higher reaction temperatures and CO2 concentrations, both of which are more 

relevant from a practical point of view.  

The obtained results show that both the SCM and MVRM can adequately model the 

reduction of the Fe2O3 OC in the presence of a char derived from VBC. The calculated 

activation energies confirm that the rate limiting step in CLC is the gasification of char. 

10.1.4 Chapter 7: Effect of Reactor Operating Mode 

Chapter 7 investigated how the use of different reactor configurations affected the 

performance of the CLC system. This involved the use of a fluidized bed reactor, which is the 

configuration that is typically used in most of the studies reported in literature, together with 

atmospheric and pressurized fixed bed reactors. The advantages and disadvantages of using 

the three reactor configurations were then discussed.  

It was found that both of the fixed bed reactors outperformed the fluidized bed reactor in 

terms of the CO2 yield and carbon conversion, with improvements of around 20 and 10 

percentage points respectively. The reason for this was two-fold, there was insufficient 

contact between the volatile matter and the OC in the fluidized bed reactor due to the way the 

fuel was introduced into the reactor as well as the fact that some of the fuel underwent 

attrition and elutriated out of the reactor. Ash deposition was found to occur on the OCs that 

were used in the fixed bed reactors but not for those that were used in the fluidized bed 
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reactor due to the low residence time of the ash in the reactor and the low degree of contact 

between the OC and the ash. In terms of the reaction rate, the fastest fuel consumption was 

observed when using the fluidized bed reactor which took around 550 seconds relative to 

over 700 seconds when using both of the fixed bed reactors due to better contact between the 

fuel and the gasification agent. It is expected that the use a circulating fluidized bed (CFB) 

reactor which incorporates a longer expanded freeboard together with cyclones and a carbon 

stripper would vastly improve the results.   

The obtained results show that the use of a fluidized bed reactor allows for faster 

gasification of the fuel relative to that obtained using both the atmospheric and pressurized 

fixed bed reactors due to better contact between the gasification agent and the fuel in the 

fluidized bed reactor.  

10.1.5 Chapter 8: Performance of Synthetic Oxygen Carriers 

Chapter 8 investigated the reactivity and performance of 18 different synthetic OCs which 

were fabricated in-house. Most of the investigations in literature involve supporting different 

metal oxides on inert materials. One downside of such a combination is that a larger amount 

of the OC would be needed to compensate for the weight of the inert support, which does not 

function as an oxygen donor. Additionally, Fe2O3 has a lower reactivity relative to metal 

oxides such as CuO, NiO and Mn2O3. Therefore, this study focussed on synthesizing 

bimetallic OCs, via two pathways, and investigated how the different metal oxides, loading 

contents and synthesis methods affected the performance of the synthetic OCs. 

Most of the synthetic OCs were found to outperform the monometallic Fe2O3 OC. It was also 

found that the OCs prepared via impregnation performed slightly better relative to their 

physically mixed counterparts. This was due to the better distribution of the secondary metal 

oxides on the impregnated OCs. Also, with increasing concentrations of CuO, NiO and 

Mn2O3, the resultant OCs were found to be more reactive with the exception of the samples 

containing 20 wt% of CuO as the use of these led to agglomeration of the OC particles 

followed by defluidization of the bed. The OCs containing Mn2O3 were found to have the 

least affected surface characteristics and the most stable performance. This was potentially 

due to synergistic effects between the two metal oxides. 

The obtained results show that the use of a secondary metal oxide, even in small amounts, 

can lead to an increase in the reactivity of the synthetic OC. However, high levels of CuO 

should be avoided as this could lead to operational issues such as defluidization while NiO 
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may not be suitable for handling due to its toxicity. The use of Mn2O3 as the secondary 

metal oxide is recommended as it results in not only a synergistic effect with Fe2O3, but 

also more stable physical characteristics. 

10.1.6 Operational Experience with a 10 kWth Alternating Fluidized Bed Reactor  

Chapter 9 investigated the use of an iron ore in a 10 kWth alternating fluidized bed reactor 

with VBC as the fuel. In this chapter, the effects of the temperature, OC particle size range 

and fuel type on the performance of the CLC system were also investigated. The NOx 

emissions were also quantified and a carbon balance on the entire process was also 

performed. A multicycle test was undertaken to determine the performance of the OC over an 

extended period of time, totalling 40 hours. Here, the attrition of the OC was also 

investigated. 

The operation of the 10 kWth fluidized bed reactor yielded favourable results compared to the 

results obtained using the bench scale fluidized bed reactor under the same operating 

conditions. Highly similar carbon conversions were obtained using both the setups but the 

CO2 yield was improved by a factor of two when using the 10 kWth reactor. The reason for 

this was that with the 10 kWth reactor, the fuel was fed through the OC bed enabling a higher 

proportion of the volatile matter to react with the OC. It was found that the use of coal 

resulted in a faster reaction time and higher carbon conversion relative to those obtained 

using char. The optimum reaction temperature was found to be 900°C as the use of a lower 

temperature led to a reduction in the reaction kinetics while the use of a higher temperature 

resulted in the generation and elutriation of more fines due to the rapid release of the volatiles 

from the coal. NOx emissions were found to be minimal at 25 ppm over the course of the 

reduction reaction. On the other hand, the carbon balance showed that around 6.8% of the 

introduced carbon was unaccounted for and this was most likely due to the low capture 

efficiencies of the cyclones. Long term experiments did not show ash deposition or 

agglomeration to be an issue but it was found that the OC particles underwent attrition.  

The obtained results show that attrition and deactivation of the OC will invariably occur in 

a fluidized bed reactor and therefore it is favourable to use low cost OCs such as ores. 

Defluidization was did not occur in any of the investigations here. The average carbon 

conversion and CO2 yield was found to be 86% and 81% respectively over 35 redox 

reactions. It is proposed that the use of a CFB reactor would lead to an improvement in 

these two parameters. 
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10.1.7 Summary 

In summary, the various investigations that have been performed in this thesis show that the 

low ash content and the high reactivity of VBC makes it a highly suitable fuel for use in 

CLC. Nevertheless, more work still needs to be done before VBC can be utilized in an 

industrial scale CLC system. The following section will provide recommendations for future 

work based on the findings in this thesis.  

10.2 Recommendations for Future Work 

This thesis has investigated the applicability of using VBC in a CLC setup. The focus of the 

follow-up work in this field should be on the use of a CFB reactor as well as the generation of 

more in-depth models before trialling it in a pilot scale power station. This will be detailed in 

the following subsections.  

10.2.1 Experimental Work 

Although this study utilized a 10 kWth alternating fluidized bed reactor, the use of such a 

configuration is not feasible on an industrial scale due to it being operated in a batch mode 

and as such it is not capable of auto thermal operation. Therefore, the use of a CFB reactor is 

required to study both the heat and mass balances of the system. Additionally, this will enable 

the continuous operation of the CLC system. 

This study investigated at the emissions of NOx but could not quantify SOx and trace element 

emissions due to the small amount of fuel used, even in the 10 kWth reactor. This information 

is important as the use of a CLC system may lead to a reduction in these emissions relative 

those emitted in a conventional power station. Such information may help to propagate and 

advance the development of CLC from an environmental impact point of view. 

The last recommendation revolves around the OC. It was found that although the synthetic 

OCs were more reactive compared to the natural ores, most of the synthetic OCs suffered a 

deterioration in their reactivity with progressing time. It is also expected that the use of 

synthetic OCs would not be highly viable as the costs of these OCs may outweigh the 

performance improvements. Therefore, it is recommended that different Fe-based ores such 

as ilmenite and limonite are trialled as low cost OCs.  
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10.2.2 Modelling Work 

To date, there has not been a techno-economic analysis of the CLC process using VBC as the 

fuel. This information is important for both governmental bodies and utility providers to 

prove the viability of a VBC-fuelled CLC system. This will then enable pilot scale 

investigations to be undertaken before the process can be scaled-up to demonstration and 

commercial scales. This model should also incorporate different OCs and how the use of 

these OCs affects the operating cost of the CLC system.  

The modelling of the reduction of the OC in the presence of VBC using a fluidized bed 

reactor should be done as a follow-up to the TGA investigations that were performed. This 

would provide more relevant information as a fluidized bed reactor is the most likely reactor 

choice for CLC. Additionally, this information could be used in scale-up studies using CFD 

models to investigate the hydrodynamics of the process in a larger reactor.   

10.3 References 
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Appendix A – Summary of Literature Review 

Note: TGA – thermogravimetric analyzer; FzB – fluidized bed; FxB – fixed bed;              

CFB – circulating fluidized bed; MB – moving bed; SFB – spout fluid bed  

No. Reactor 

system 

Oxygen 

Carrier 

(OC) 

Fuel Key findings Ref. 

1 FzB Fe2O3 

 

Mixed with: 

 

Lignite ash 

 Bituminous 

coal ash 

CO 

 

Most coal ash decreased the OC’s 

reactivity, except for ash mainly 

composed of CaSO4. Most coal 

ash caused sintering and 

agglomeration of the OC. These 

were caused by ash deposition and 

the formation of new OC-ash 

compounds (such as Fe2SiO4). 

Larger ash particles size had less 

effect on the OC’s reactivity than 

smaller particles.  

[1]
 

2 TGA CoFe2O4 Chinese 

Liuzhi coal 

(5.23 wt% S, 

air dried 

basis) 

TGA results showed CoFe2O4 had 

higher reactivity compared to 

monometallic OCs like CoO and 

Fe2O3. 

Most of the sulphur present in the 

coal was converted to solid Co3S4 

during the reaction between the 

coal and CoFe2O4. However, 

attention should be paid to the 

other side products, which 

inhibited the regeneration of 

CoFe2O4. 

[2]
 

3 FzB Mn ores 

 

Ilmenite  

 

Mn3O4/ 

MgO 

stabilized 

ZrO2 

Mexican 

petroleum 

coke 

 

Swedish 

wood char 

Higher conversion obtained using 

Mn-based ores and oxides 

compared to ilmenite. The 

increased rate of char conversion 

was mainly due to the presence of 

Na and K in the Mn ores.  

When the Mn-based OCs were 

used, the alkali impurities were 

uniformly distributed and formed 

cavities and channels on the 

surface of the fuel particles, 

resulting in alkali-catalysed steam 

gasification of char. 

Increased rate of char gasification 

and the potentially low OC costs 

imply that Mn-based OCs are 

[3]
 



Appendix A – Summary of Literature Review 

 

257 | P a g e  

 

highly suitable for use in a CLC 

system. 

4 FzB Synthetic 

Fe-based 

OC 

 

Fe2O3 

 

Ilmenite 

Lignite char 

(generated 

from a lignite 

having 

43.05% 

volatile 

matter on an 

air dried 

basis) 

Char segregation was found to 

occur in the FR. Larger particles 

yielded higher conversions than 

smaller particles. Hence, these 

particles are advantageous from a 

hydrodynamic point of view.  

Larger fluidizing gas velocity, 

over 1.6 Umf, can reduce the effect 

of char segregation. 

OCs with high reactivity could 

still convert CO amidst particle 

segregation. 

[4]
 

5 CFB Ilmenite Mexican 

petroleum 

coke 

 

Cerrejón 

bituminous 

coal 

6 experiments successfully 

conducted with stable operation 

over 6-32 minute time periods of 

continuous fuel feeding in a CLC 

unit. 

At around 950°C, 90% CO2 

capture efficiency was achieved in 

the FR. 

Unconverted CO, H2 and CH4 

present in the exhaust gases 

corresponded to an oxygen 

demand of around 20%. 

[5]
 

6 MB Fe2O3 Asbury 

Carbons 

#4072-C 

metallurgical 

coke 

 

Powder River 

Basin sub-

bituminous 

coal 

 

Illinois #6 

bituminous 

coal 

The rate determining step for the 

Coal Direct Chemical Looping 

(CDCL) process was found to be 

the char gasification step. 

Almost complete coal conversion 

achieved without any problems. 

Higher reactor temperature, OC to 

char ratio, enhancer gas flow rate 

and OC flow rate resulted in 

higher conversion of char, with 

reactor temperature having the 

most significant impact.  

The authors suggested that the 

MB configuration is favourable 

due to the successfully obtained 

operational results. 

[6]
 

7 TGA Poland 

sewage 

sludge 

3% H2 with 

97% Ar 

 

Sewage sludge ash was an 

effective and low-cost OC with a 

reasonable oxygen carrying 

[7]
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ashes 

containing 

Fe2O3 

Janina hard 

coal 

capacity of 3.5% by mass.  

At 900°C, an OC to fuel ratio of 

100:1 yielded complete fuel 

combustion. Complete 

combustion at an appreciable rate 

required an operating temperature 

of 750-800°C for the sewage 

sludge ash and coal system. This 

was lower when compared to the 

pure Fe2O3 and coal system which 

required an operating temperature 

of 950°C. 

A low attrition index of 1%, a 

high melting temperature of 

1170°C, a low tendency to 

agglomerate and prevention of 

deposition in the FR make this a 

favourable OC. 

8 FzB Iron ore and 

Na-loaded 

iron ore  

Coal 78.6% CO2 capture efficiency and 

80.54% carbon capture efficiency 

for Na-loaded OC. 

40.27% and 45.65% CO2 and 

carbon capture efficiencies 

respectively for iron ore OC. 

Na-loaded OC experienced 

sintering and agglomeration 

which was potentially due to the 

low melting point of Na. 

[8]
 

9 TGA Fe2O3 Coal and 

straw mixture 

Reaction rate at lower temperature 

improved by increasing the OC to 

fuel ratio. 

Addition of straw increased both 

the combustion and oxidation 

rates of the OC. 

[9]
 

10 CFB 

model  

Ilmenite Cerrejón 

bituminous 

coal 

First mathematical model 

validated against experimental 

results for a continuously operated 

iG-CLC unit. 

The operating conditions which 

had significant impacts on the 

oxygen demand in the FR were 

the reactor temperature, solids 

circulation flow rate and the solids 

inventory.  

The model predicted a 98.5% CO2 

capture efficiency and a total 

[10]
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oxygen demand of 9.6% for 

operating conditions of 1000°C 

and 1500kg OC/MWth in the FR. 

11 CFB Iron ore 

containing 

76% Fe2O3 

Spain pine 

sawdust 

More than 95% carbon capture 

achieved in the temperature 

interval of 880-915°C using CO2 

and steam as gasification agents. 

The main combustion products 

were CO2 and steam with CO, H2 

and CH4 detected as unburned 

compounds. 

Tars, mostly naphthalene, were 

detected but these amounts 

decreased with increasing FR 

temperatures. 

No changes in the physical and 

chemical properties of the OC, 

such as alkali deposition from 

biomass ash, after 78 hours of 

continuous operation. 

[11]
 

12 FxB CaO and 

CaCO3 with 

added 

CaSO4  

Xuzhou 

bituminous 

coal 

Favourable CLC setup to achieve 

both desulphurisation and CO2 

capture. 

At optimum conditions (950°C 

and 0.5 MPa), 83% carbon 

conversion and 94% CO2 outlet 

concentration achieved. 

Higher desulphurisation 

efficiencies obtained when using 

CaO and CaCO3 at elevated 

temperatures and pressures. CaO 

performed better than CaCO3 due 

to an optimum Ca/S ratio with 

CaO. 

[12]
 

13 FzB Ilmenite 

mixed with 

ash from: 

 

German 

lignite  

 

Chinese 

coal 

CH4 

 

German 

lignite  

 

Chinese 

bituminous 

coal 

 

Mexican 

petroleum 

coke  

 

CO conversion decreased with the 

initial loading of both ashes, but 

then increased with higher ash 

loading. Using the German lignite 

ash, the CO conversion with 

maximum ash loading (50%) 

surpassed the results obtained 

with 0% ash loading. The increase 

was most likely due to the effect 

of Ca and Fe in the ash which 

acted as catalysts or as OCs.  

The added ash did not affect 

[13]
 



Appendix A – Summary of Literature Review 

 

260 | P a g e  

 

Wood char fluidization. 

14 TGA CuFe2O4 Jinshan 

petroleum 

coke 

CuFe2O4 showed superiority 

reactivity over Fe2O3, having a 

reactivity similar to CuO, 

although the dopant fraction of 

CuO in the OC was deduced to be 

around 33 wt%. 

Formation of side products (Cu2S 

and Fe2SiO4) are detrimental to 

the reactivity of the OC, affecting 

its ability to fully regenerate.  

[14]
 

15 FzB Fe2O3 Hambach 

lignite  

The apparent gasification rate of 

the lignite was enhanced in the 

presence of Fe2O3, especially at 

temperatures above 850°C. 

The ability of Fe2O3 to rapidly 

convert CO to CO2 within the 

mass transfer boundary layer 

surrounding the particle 

significantly improved the 

observed rate of gasification, 

particularly at a conversion of 

20%. 

The gasification rates observed 

experimentally agreed with the 

rates predicted by the developed 

numerical model. 

[15]
 

16 FzB Fe2O3- 

Ca2Al2SiO7  

Chinese 

traditional 

anthracite 

The Fe2O3-Ca2Al2SiO7 OC 

demonstrated a higher carbon 

conversion rate, gasification rate 

and oxygen usage compared to 

hematite.  

The addition of Ni and K, 

particularly K, during the OC 

synthesis improved the reactivity 

of the OC. When K was added, a 

CO2 conversion in excess of 97% 

was achieved due to the formation 

of catalytic active phases of 

K2Fe22O34 and/or KFeO2 in the 

OC.  

[16]
 

17 FzB K2CO3 

loaded 

Fe2O3 

Coal Addition of potassium increased 

reaction rate and CO2 conversion. 

Maximum CO2 conversion 

obtained with OC having 6% 

K2CO3. 

[17]
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Sintering occurred with the 

addition of K2CO3. 

18 FzB K2CO3 

loaded iron 

ore 

 

Iron ore 

containing 

86.27% 

Fe2O3 

Huaibei 

anthracite  

For the iron ore loaded with 6% 

K2CO3, the carbon conversion and 

CO2 yield reached maximum 

values at 920°C having values 

higher than that of the original 

iron ore. 

At 920°C, increasing the K2CO3 

loading (within the range of 0-

20%) increased the rate of 

reaction resulting in a decrease in 

the reaction time.  

Addition of K2CO3 to the iron ore 

caused sintering on the surface of 

the OC particle and hence, it was 

proposed that the K2CO3 loading 

should not be too high.  

The future work included 

investigating the catalytic effect 

and mechanism of K2CO3 loading 

on iron ore.  

[18]
 

19 TGA Fe2O3 

 

NiO 

Loy Yang 

brown coal 

 

Santa 

Catarina 

lignite  

Fe2O3 performed well over 

multiple redox cycles but NiO 

showed decreasing reactivity with 

increasing redox cycles. 

After 5 redox cycles, 87% coal 

combustion was obtained using 

Fe2O3 but only 67% using NiO. 

No agglomeration between the 

OCs and coal ash was observed 

within the experimental 

timeframe.  

[19]
 

20 TGA Fe2O3-

Al2O3  

 

CuO-Al2O3 

Yang Quan 

anthracite 

Using CuO resulted in a higher 

mixture conversion index and 

higher maximum weight loss rate 

(2.8 wt%/min) relative to Fe2O3. 

Hence, CuO was found to be a 

more suitable OC for used with 

the Yang Quan coal.  

The formation of Al2SiO5 from 

the reaction between the Al2O3 

support and SiO2 in the ash 

resulted in the loss of the Al2O3 

support. This lowered the CuO-

Al2O3 OC’s resistance to sintering 

[20]
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and reactivity degradation. 

21 TGA Fe2O3-

Al2O3  

 

CuO-Al2O3 

Liu Pan Shui 

sub-

bituminous 

coal 

Introduction of Al2O3 made the 

OCs more porous and promoted 

the reaction between the fuel and 

OC. 

[21]
 

22 CFB Ilmenite Cerrejón 

bituminous 

coal 

The gasification and combustion 

reactions were promoted at higher 

FR temperatures. Char conversion 

and combustion efficiencies were 

15% and 70% at 870°C but 

increased to 82% and 95% at 

950°C.  

The unburnt gases detected at the 

outlet of the FR predominantly 

came from the volatile matter in 

the coal that did not react with the 

OC.  

Ilmenite reacted faster with H2 but 

slower with CH4. 

The presence of the OC promoted 

char gasification, since it reacted 

with CO and H2, which are 

gasification inhibitors. 

[22]
 

23 FzB Cement 

decorated 

iron ore 

Coal Addition of cement decreased the 

outlet CO gas fraction. 

Volume fraction of CO2 increased 

greatly over the 20 reaction 

cycles. 

[23]
 

24 CFB Ilmenite Biomass CO and NO concentrations 

decreased by as much as 80% and 

30% respectively when 40 wt% of 

the silica sand bed in the boiler 

was replaced with ilmenite. 

[24]
 

25 FzB K2CO3 and 

NiO 

decorated 

Fe2O3 

Coal Composite OCs were found to 

completely regenerate after 6 

cycles. 

The Fe4Al6K1 particles 

performed well. 

[25]
 

26 FzB Fe2O3- 

Ca2Al2SiO7  

Huabei 

anthracite  

Addition of Ca2Al2SiO7 improved 

the overall mechanical strength of 

the OC and prevented sintering 

during the multicycle operation.  

The addition of Ca2Al2SiO7 nearly 

doubled the coal gasification rate 

during the initial reduction 

[26]
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process. 

27 CFB NiO-Al2O3 Coal Increased reaction temperatures as 

well as air and steam flow rates 

resulted in increased carbon 

conversions. 

[27]
 

28 FzB 

 

CFB 

Iron ore Anthracite  Anthracite conversion accelerated 

in the presence of the OCs with 

nearly 90% conversion at 950°C. 

[28]
 

29 TGA CuO Yimin coal 

 

Candlenut 

wood 

 

Rice hull 

The synergetic effect observed 

during the combustion of coal and 

candlenut wood was not found 

when coal and rice hull were used. 

This was possibly due to the 

higher content of alkali and alkali 

earth metals in the candlenut 

wood relative to rice hull. 

Adding 80 wt% candlenut wood 

ash provided a similar theoretical 

coal conversion as adding 50 wt% 

K2CO3.  

Negligible interaction was found 

to exist between the biomass ash 

and CuO.  

Addition of biomass and biomass 

ash with high alkali/alkali earth 

content, to function as 

inexpensive catalysts, can 

improve coal conversion 

efficiencies at a given temperature 

while also reducing the 

gasification temperature.  

[29]
 

30 TGA Fe2O3- 

K2CO3 

 

CuO-K2CO3 

Shenmu 

bituminous 

char 

The addition of K2CO3 increased 

the reduction rate by enhancing 

the gasification rate of char.  

The addition of K2CO3 did not 

affect the oxygen carrying 

capacity of the OCs but promoted 

sintering of both OCs. 

[30]
 

31 FzB Fe2O3 Coal High conversion efficiency of 

coal was obtained. 

Significant sintering of the OCs in 

the later period of the experiment 

sharply decreased the OC’s 

reactivity. 

[31]
 

32 MB Fe2O3 Metallurgical A sub-pilot plant was successfully [32]
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coke  

 

Sub-

bituminous 

coal 

operated for over 230 hours.  

81% and 97% carbon conversion 

achieved using coke and coal 

respectively. 

The MB configuration for the 

reducer displayed superior 

performance in terms of CO2 

yield, producing a steady stream 

consisting of more than 99% CO2.  

33 TGA 

 

 FxB 

CuO-Fe2O3 Coal 

 

Methane 

The combination having >40% 

CuO, <45% Fe2O3 with <30% 

Al2O3 as the support showed the 

best performance, having the 

highest reaction rates, combustion 

performance and oxygen 

utilization while keeping 

agglomeration to a minimum. 

The synergistic effect of the 

bimetallic CuO-Fe2O3 OC was 

attributed to the micropore and 

crack formation during the 

reduction of Cu, which facilitate 

gas diffusion.  

The formation of CuFe2O4 

contributed to oxygen release at 

lower temperatures due to the 

lower bond energy of CuFe2O4. 

[33]
 

34 MB Fe2O3 Wyoming 

Powder River 

Basin sub-

bituminous 

coal 

 

North Dakota 

Powder River 

Basin lignite  

Successful continuous operation 

of a sub-pilot plant for 200 hours 

with steady solid circulation and 

steady OC reactivity and 

recyclability.  

Achieved over 90% coal 

conversion and 99.5% CO2 purity 

in the reducer.  

By avoiding thermal NOx 

formation, this process can reduce 

NOx emissions.  

[34]
 

35 FzB CaSO4 

 

CaSO4- 

Fe2O3 

Shenhua 

bituminous 

coal 

Adding Fe2O3 to CaSO4 (up to 

7%) increased the carbon 

conversion and CO2 capture 

efficiency of the OC relative to 

that with only CaSO4. The carbon 

conversion efficiency increased 

from 79% to 90% while the CO2 

capture efficiency increased from 

[35]
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88% to 91%.  

The addition of Fe2O3 to CaSO4 

supressed the release of sulphur 

containing compounds such as 

SO2 and H2S from CaSO4. The 

suppression mechanism was not 

due to the desulphurisation 

capacity of Fe2O3, but due to the 

suppression of the CaSO4 

decomposition side reactions 

during both the reduction and 

oxidation periods. 

36 TGA CuO Loy Yang 

brown coal 

 

Morwell 

brown coal 

Due to the relatively low melting 

point of CuO, it underwent severe 

sintering at 950°C. Hence, a 

temperature of 800°C was used.  

Strong interaction between 

Morwell coal minerals and CuO 

was observed. 

[36]
 

37 FzB Ca(NO3)2 

loaded iron 

ore 

Coal 91.2% carbon conversion and 

95% CO2 yield obtained at 920°C. 

[37]
 

38 TGA 

 

FzB 

Fe-based 

bauxite 

waste 

El Bierzo 

anthracite 

 

Columbian 

bituminous 

coal 

 

South Africa 

bituminous 

coal 

 

Spanish 

lignite 

Using the TGA, the results 

suggested that the char was being 

directly combusted by the O2 in 

the bauxite waste. However in the 

FzB, gasification was found to be 

a necessary step for char 

conversion.  

The bauxite waste was able to 

combust the gases generated from 

the gasification of char.  

Using steam over CO2 gave 

higher fuel gasification rates.  

Comparing the lignite and 

anthracite at an operating 

temperature of 980°C, the use of 

the lignite with CO2 as the 

gasification agent resulted in a 

doubling of the gasification rate 

over the use of the anthracite with 

steam. 

[38]
 

39 FzB Ilmenite 

 

Bauxite 

waste 

Spanish 

anthracite 

coal and char 

 

Bauxite waste and the Fe-based 

materials performed the best. 

For all the investigated OCs, an 

estimated OC inventory of 1600 

[39]
 



Appendix A – Summary of Literature Review 

 

266 | P a g e  

 

 

Fe-based 

OC 

 

Fe2O3 

synthetic 

OC 

South 

African 

bituminous 

coal and char 

 

Spanish 

lignite and 

char 

kg/MWth was required to achieve 

a 93% carbon capture and 99% 

combustion efficiency at 1000°C. 

40 TGA  

 

FzB 

Ilmenite 

 

Bauxite 

waste 

 

Fe-based 

OCs 

 

Copper 

ferrite 

South 

African 

bituminous 

char 

For high combustion efficiencies, 

a low concentration of CO and H2 

in the reactor was necessary as it 

reduced the char gasification 

inhibition effect. 

Fe-based OCs yielded the highest 

combustion efficiencies with the 

lowest OC bed inventories. 

[40]
 

41 FzB Fe2O3-coal 

ash 

Coal 84.9% conversion was obtained 

and it was found that high 

operating temperatures caused 

sintering of the OC particles. 

[41]
 

42 FzB  Ilmenite 

 

Oxide 

scales 

 

NiO- 

NiAl2O4 

 

Quartz sand 

Swedish 

wood char 

 

El Cerrejon 

bituminous 

coal 

The oxygen exchange model was 

found to be a good model to 

describe the behaviour of steam 

gasification and fuel conversion in 

CLC. 

Higher steam concentration 

increased the rate of char 

conversion but a higher H2 

concentration decreased this rate 

due to char gasification inhibition 

by the H2. 

[42]
 

43 TGA 

 

FxB 

 

FzB 

CaSO4 CO 

 

H2 

 

CH4 

 

Coal 

 

Biomass 

Performance of the OC was 

affected by the OC preparation 

method and was improved by 

fabricating mixed oxides. 

Supports such as Al2O3 or SiO2 

increased the reactivity of the OC 

by providing a higher surface area 

for reaction. 

CaSO4 was found to be a 

promising OC for CLC. However, 

thermodynamic limitations of the 

OC could cause sulphur release, 

incomplete fuel combustion and 

poor mechanical properties.  

[43]
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44 CFB 

 

FzB 

Ilmenite Coal Unexpected release of 

approximately 0.1 v/v% O2 from 

ilmenite at 950°C. 

Possibilities for the O2 release 

were due to the presence of Mn-

impurities in the OC or the 

interaction between the Mn-

impurities and the iron oxides.  

[44]
 

45 FzB Fe2O3 

loaded with 

Na or Ni 

Coal Reaction rate increased with 

increased loading of secondary 

metal oxide. 

6% Ni loading resulted in a 

carbon conversion of 92.7%. 

[45]
 

46 CFB Iron ore Shenhua 

bituminous 

coal 

Increasing the pressure improved 

the carbon conversion, CO2 

concentration and combustion 

efficiency. 97.2% carbon 

conversion, 84.7% CO2 

concentration and 95.5% 

combustion efficiency achieved at 

an operating pressure of 0.5 MPa. 

Elutriation of fines increased with 

pressure. 

[46]
 

47 FzB K promoted 

iron ore 

Coal Outlet CO2 concentration 

increased significantly with K 

addition. 

Significant sintering observed 

during first 11 reaction cycles. 

[47]
 

48 TGA Fe2O3-

Al2O3 

mixed with: 

 

Bulgaria 

sub-

bituminous 

fly ash 

 

China 

bituminous 

fly ash 

 

Texas 

lignite ash 

 

Powder 

River Basin 

Beneficiated 

coal char 

from 

gasification 

The OC mixed with the lignite ash 

was found to be beneficial to the 

oxidation of carbon in the char 

while the other ashes were 

detrimental to the OC’s 

performance. 

Low concentration of ash 

increased the reduction rates but 

high concentrations of around 

75% significantly decreased this 

rate.  

[48]
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sub-

bituminous 

ash 

49 TGA CuO-TiO2  

 

Fe2O3-TiO2 

Shenhua 

bituminous 

coal 

OC mixed with the TiO2 support 

had better reactivity with coal. 

When TiO2 was used as a support, 

a decrease in the onset of the 

reduction reaction temperature 

was observed. 

Smaller OC particle size 

improved coal conversion but 

would make separation of the OC 

from the ash and unburned carbon 

difficult. 

[49]
 

50 TGA CuO Loy Yang 

brown coal 

 

Morwell 

brown coal 

After 5 redox cycles, 97% coal 

conversion was achieved with 

Loy Yang coal and 91% with 

Morwell coal. 

It was found that using the 

experimental results, 1400-2100 

hours of continuous operation 

would be possible for the reaction 

between CuO and Loy Yang coal 

but only 170-260 hours using 

CuO with Morwell coal. 

No deterioration or sintering was 

observed for the CuO OC after 5 

redox cycles. 

[50]
 

51 FzB Manganese 

ore 

 

Ilmenite 

Mexican 

petroleum 

coke 

Compared to ilmenite, the use of 

manganese ore showed an 

increase in the gasification rate by 

a factor of 5. This was possibly 

due to gas phase O2 release, 

suppression of H2 inhibition and 

catalytic effects of the minerals 

present in the ore. 

[51]
 

52 TGA Fe2O3 

loaded with: 

 

K2CO3 

 

Na2CO3 

 

Li2CO3 

Shenmu 

bituminous 

char 

Higher C to Fe2O3 ratios resulted 

in faster reduction rates and better 

oxygen carrying capacities due to 

increased contact between the OC 

and fuel.  

Addition of alkali carbonates 

improved the reduction rates, with 

decreasing catalytic activities in 

the following order: K2CO3, 

Na2CO3 and Li2CO3. 

[52]
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53 CFB Fe2O3 with 

NiO 

Shenhua 

bituminous 

coal 

 

Huaibei 

anthracite 

At 970°C, CO2 capture efficiency 

was found to be 81.7% using 

Shenhua bituminous coal but only 

65% with the Huaibei anthracite. 

Hence, CO2 capture efficiency 

was found to be greatly impacted 

by the coal rank. 

Addition of NiO to Fe2O3 

improved its reactivity and CO2 

capture efficiency but negatively 

affected its microstructure.  

[53]
 

54 FzB Fe2O3 

 

CuO 

Hambach 

lignite and 

char 

 

Activated 

carbon 

 

Taldinski 

bituminous 

coal 

 

US 

bituminous 

coal 

After 20 redox cycles, both OCs 

were found to reoxidized back to 

their original state but contained 

lower concentrations of the 

metallic oxides. There was also a 

50% decrease in the BET surface 

area and a decrease in the pore 

volume even though the pore size 

was found to increase. 

Fe2O3 particles were found to 

contain trace amounts of SiO2 and 

underwent severe attrition. 

CuO particles were found to have 

trace amounts of Cu complexes 

such as copper aluminate and 

showed signs of agglomeration. 

[54]
 

55 CFB Ilmenite Columbian 

bituminous 

coal 

It was found that the reactor could 

operate with a lower flow rate of 

the gasification agent relative to 

stoichiometric requirements. 

A portion of the steam could be 

replaced by recirculating CO2 

from the outlet of the FR. 

Coal conversion improved with 

lower solid circulation rates. 

[55]
 

56 FxB Steel 

industrial 

waste 

containing 

Fe2O3 

 

Australian 

MAC iron 

ore 

 

Xuzhou 

bituminous 

coal 

Using the industrial waste 

containing Fe2O3, carbon 

conversion, gas conversion and 

reaction rate improved with 

higher pressures and higher 

number of redox cycles. 

Steel industrial waste containing 

Fe2O3 performed better compared 

to the other two iron ores. 

[56]
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Brazilian 

CVRD iron 

ore 

57 FzB Ilmenite 

with: 

 

calcined 

limestone 

 

sulphated 

limestone 

Petroleum 

coke 

Addition of calcined limestone to 

ilmenite improved the gas 

conversion by reducing the 

fraction of unconverted CO by 

half. CaO acted as a catalyst for 

the water-gas shift reaction, 

converting CO to H2, which is a 

more reactive gas.  

Addition of sulphated limestone 

resulted in the release of large 

amounts of SO2. 

[57]
 

58 TGA CuFe2O4 Liu Pan Shui 

sub-

bituminous 

coal 

 

Yang Quang 

anthracite 

Two distinct reaction stages for 

the reduction reaction was found, 

300-600°C and 600-850°C, when 

CuFe2O4 was reacted with Liu 

Pan Shui sub-bituminous coal. 

Only one reaction stage, above 

600°C, was found for when 

CuFe2O4 was used with the Yang 

Quang anthracite. 

[58]
 

59 TGA CuFe2O4 Liu Pan Shui 

sub-

bituminous 

coal 

The amount of lattice oxygen 

transferred from CuFe2O4 was the 

same as that of a mixture 

containing CuO and Fe2O3, but at 

a faster rate. 

Overall activation energy was 

estimated to be 83.16 kJ/mol. 

[59]
 

60 TGA Fe2O3 Ping Ding 

Shan 

bituminous 

coal 

 

Liu Pan Shui 

sub-

bituminous 

coal 

 

Yang Quang 

anthracite 

At just over 200°C, reaction of 

pyrolysis products with Fe2O3 was 

detected during the primary and 

secondary pyrolysis stages. 

Low rank coals with high volatile 

contents were found to be 

preferable for full coal conversion 

to CO2. 

Fe2O3 reduced to Fe3O4 with the 

formation of some inert 

compounds such as Fe2SiO4 and 

FeAl2O4. 

[60]
 

61 TGA Fe2O3-

Al2O3 

Ping Ding 

Shan 

bituminous 

coal 

It was found that having an excess 

of either coal or OC was not 

economical as a full conversion of 

coal was not achieved.  

[61]
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62 FzB CuO Graphite Novel H2 production method 

using a dual chemical looping 

setup with lithium silicate and 

copper oxide. 

CuO is more favourable than 

Fe2O3 and NiO because the 

reduction of CuO is exothermic, 

unlike the other two. 

[62]
 

63 FzB Fe2O3  

 

Ilmenite 

 

Sand 

Swedish 

wood char 

CO was found to not directly 

inhibit char gasification. 

Partial pressure of H2 had a 

significant influence on fuel 

conversion through dissociative 

H2 adsorption under the 

experimental conditions used. 

Hence, OCs with better reactivity 

towards H2 would exhibit better 

performance.  

[63]
 

64 TGA FeO 

 

Fused iron 

mixed with 

Kentucky 

coal fly ash 

10% H2, 15% 

CO and 20% 

CO2 with 

balance Ar 

 

Beneficiated 

coal char 

Ash also functioned as an OC due 

to the presence of iron. 

Higher ash concentration led to 

increased porosity in the OC and 

improved redox reaction rates. 

Carbon removal was found to 

improve with increasing ash 

concentration in the OC. 

[64]
 

65 FzB Ilmenite 

 

Fe2O3- 

MgAl2O4 

Columbian 

bituminous 

coal 

Coal particle size decreased with 

increasing residence time in the 

reactor. 

 

[65]
 

66 TGA CuO Illinois #6 

bituminous 

coal and char 

It was found that solid-solid 

reactions between the fuel and OC 

can be completed at much lower 

temperatures at acceptable rates 

provided sufficient contact existed 

between the fuel and OC. 

Carbon induced the Cu-O bond 

breaking process. 

[66]
 

67 FzB CVRD iron 

ore 

Xuzhou 

bituminous 

coal 

Carbon conversion was 

approximately constant with 

increasing reaction cycles. Carbon 

conversion was found to increase 

with increasing reaction pressures. 

No agglomeration was detected. 

[67]
 



Appendix A – Summary of Literature Review 

 

272 | P a g e  

 

68 CFB Ilmenite Mexican 

petroleum 

coke 

 

South 

African coal 

A mass-based kinetic model was 

developed to determine the 

reaction rate constant for char 

conversion to describe the 

behaviour of the CFB. 

The reaction rate constant for the 

Mexican petroleum coke was 8.2 

wt%/min at 950°C and 28.8 

wt%/min at 970°C. 

Reaction rate constant for the 

South African coal was 26.1 

wt%/min at 950°C. 

[68]
 

69 TGA Fe3O4 Shenhua 

bituminous 

coal 

 

Straw coke 

 

Natural coke 

Reduction conversion increased 

with increasing temperatures with 

37.1% at 800°C and 54.1% at 

950°C. 

Fe3O4 sintering occurred after 

950°C. 

Solid fuels with higher volatile 

matter contents and more 

developed pore structures showed 

greater reactivity with the OCs. 

[69]
 

70 TGA CuFe2O4 Bituminous 

coal 

CuFe2O4 had better reactivity than 

Fe2O3. The reactivity of CuFe2O4 

increased when Al2O3 was added. 

[70]
 

71 FzB CuO-          

θ-alumina 

Hambach 

lignite and 

char 

The impregnated OC was found to 

be durable over 20 redox cycles. 

Even though the BET surface area 

fell from 60 m
2
/g to 6 m

2
/g after 

20 cycles, it did not affect the 

overall reaction rate. The rate was 

controlled by the much slower 

gasification rate of the solid fuel.  

The gasification rate was much 

faster in the presence of the OC as 

there was less CO inhibiting the 

gasification of the fuel.  

At 900°C, CuO decomposed to 

gas phase O2 and Cu2O. Both of 

these could react with the CO 

produced from gasification.  

[71]
 

72 FzB Hematite Coal Slight sintering observed on the 

surface of the OC particle but 

agglomeration was absent. 

[72]
 

73 TGA Fe2O3- Coal char Rapid reaction was found to occur [73]
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Al2O3 at 880°C. 

Sintering was observed on the 

surface of the OC. 

74 FxB Iron ore  Xuzhou 

bituminous 

coal 

Higher operating pressures 

resulted in higher CO2 yields 

during the reduction reaction.  

Under pressurized conditions, the 

initial coal pyrolysis process was 

suppressed while the char 

gasification and reduction with 

the iron ore was enhanced, which 

improved the overall reaction rate 

of CLC.  

Under pressurized conditions, the 

OC particles became porous but 

maintained their structure and size 

after several cycles with no 

evidence of agglomeration. 

[74]
 

75 FzB Fe2O3 Hambach 

lignite char 

The accumulation of carbon in the 

bed, the product gas 

concentrations, the gasification 

kinetics of char in the presence of 

CO2 and the inhibiting effect of 

CO on char gasification was 

successfully modelled using the 

two-part Langmuir-Hinshelwood 

rate expression that was 

developed. 

[75]
 

76 SFB NiO-Al2O3 Shenhua 

bituminous 

coal 

95% CO2 capture efficiency 

obtained at 985°C. 

Higher temperatures resulted in 

more SO2 and less H2S being 

formed in the FR. 

[76]
 

77 FzB CuO Taldinskaya 

bituminous 

coal 

 

Illinois #5 

bituminous 

coal 

 

Hambach 

lignite 

Lignite char was much more 

reactive than bituminous char and 

there was no build-up of char in 

the bed over multiple cycles. 

The bituminous coal gasification 

rates were primarily controlled by 

intrinsic chemical kinetics and not 

by the rate of external mass 

transfer. 

At the reaction temperature, the 

OC alternated between Cu and 

Cu2O. 

[77]
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Agglomeration of the OC 

particles was not observed. 

78 FxB Iron ore  Xuzhou 

bituminous 

coal 

More pyrolysis gases were 

oxidized with increasing redox 

cycles.  

With increasing number of cycles, 

the reduction extent of the OC 

increased. The OC particles 

became more porous but the 

deposition of coal ash on the OC 

surface also increased. 

Outlet CO2 fraction increased 

from 80% to 90% after 10 redox 

cycles at atmospheric pressures. 

The average CO2 fraction at 

elevated pressures stabilized close 

to the equilibrium value of 

95.75%. 

[78]
 

79 FxB Fe2O3 Municipal 

solid waste 

Conversion of HCl in municipal 

solid waste to chlorine can be 

supressed through the addition of 

Fe2O3.  

[79]
 

80 TGA Fe3O4 Shenhua coal Fe3O4 fully reduced to FeO with a 

certain amount being further 

reduced to Fe. 

Reduction conversion rates of 

29.5%, 40.8%, 46.5% and 46.6% 

obtained for 5:95, 10:90, 15:85 

and 20:80 fuel to OC ratios. 

[80]
 

81 CFB Ilmenite Mexican 

petroleum 

coke 

Higher FR temperatures of around 

1000°C enhanced carbon capture 

and solid fuel conversion. 

Most of the oxygen demand was 

associated with the reactor design. 

A fuel feeding method which 

improves the contact between the 

solid fuel and the OC material 

could potentially increase the 

conversion.  

[81]
 

82 FzB Mt. Wright 

iron ore 

 

Glodskal 

oxide scale 

Mexican 

petroleum 

coke 

 

Indonesian 

coal 

Iron ore and oxide scales worked 

well as OCs for CLC. 

The gasification rate doubled in 

the presence of the OCs because 

of the removal of gasification 

inhibitors such as H2. 

[82]
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Colombian 

coal 

 

German 

lignite 

 

Swedish 

wood char 

Agglomeration, sintering or 

change in the structure of the OC 

after the reaction was not 

observed. 

83 FzB Fe2O3 Shenhua 

bituminous 

coal 

Reactivity of Fe2O3 was enhanced 

in the operating temperature range 

of 800-950°C.  

Fe2O3 was found to only reduce to 

Fe3O4.  

The sintering of the OC gradually 

increased with increasing redox 

cycles. 

[83]
 

84 TGA 

 

FzB 

 

FxB 

CuO 

 

Fe2O3 

 

Co3O4 

 

NiO 

 

Mn2O3 

Illinois #6 

bituminous 

coal 

CuO showed the best properties 

relative to the other OCs. 

The reduction reaction started at 

500°C and combustion of coal 

was found to be complete by 

700°C. Complete re-oxidation of 

the reduced Cu was found to be 

finished by 700°C. 

The separation of fly ash would 

be a necessary step for the 

successful operation of CLC. 

[84]
 

85 FzB NiO-Al2O3 Sawdust Temperatures above 820°C 

increased the combustion 

efficiencies. 

The OC showed strong 

recyclability over 100 hours of 

operation. 

[85]
 

86 CFB NiO-Al2O3 Shenhua 

bituminous 

coal 

At temperatures higher than 

960°C, there was an observed loss 

in the surface area and porosity of 

the reacted Ni-based OC, leading 

to a deterioration in its reactivity.  

The effect of coal ash and sulphur 

on the reactivity deterioration of 

the OC was less significant 

relative to the effect of sintering. 

Due to the high temperatures that 

were used in the AR, sintering of 

[86]
 



Appendix A – Summary of Literature Review 

 

276 | P a g e  

 

the OC was also found to occur.  

87 FzB Fe2O3 Coal 95% outlet CO2 concentration was 

achieved. 

[87]
 

88 TGA NiO 

 

Fe2O3 

 

CoO 

 

CuO 

Beneficiated 

coal char 

Fe2O3 based OCs were found to 

possess rapid reduction rates 

which increased with an increase 

in the concentration of the 

reducing gases. 

Combined with other properties 

such as low tendency for 

agglomeration, low cost and high 

durability over multiple cycles, 

Fe2O3-based OCs were found to 

be suitable candidates for use in 

CLC with solid fuels. 

Fe2O3 was found to be capable of 

oxidizing the carbon in the char, 

even in an inert environment, 

removing 88% of the carbon in 

the char. 

[88]
 

89 SFB NiO Shenhua 

bituminous 

coal 

A 92.8% carbon conversion and 

80% CO2 capture efficiency was 

achieved at operating 

temperatures of around 960-

970°C. 

Low carbon conversion and CO2 

capture efficiency was attributed 

to the reactor design, which 

resulted in easy elutriation of fines 

and bypassing of gases from the 

FR to the AR. 

[89]
 

90 FzB NiO-

NiAl2O4 

Coal OC was found to react rapidly at 

temperatures in excess of 850°C. 

[90]
 

91 FzB NiO Shenhua 

bituminous 

coal 

Reduction rates were very low at 

temperatures less than 800°C. 

CO2 concentration at the outlet 

increased with increasing 

temperatures. Reactivity of NiO 

decreased with increasing redox 

cycles. 

Approximately 95% CO2 purity in 

the outlet gas was obtained at 

optimum conditions.  

[91]
 

92 FzB Fe2O3 Chinese 

Baorixile 

Reduction of Fe2O3 to FeO by 

char was found to be feasible for 

[92]
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char the production of H2 through the 

steam-iron process. 

93 FzB NiO Coal CO2 concentration over 92% was 

achieved. 

[93]
 

94 10 kWth 

FzB 

Ilmenite Mexican 

petroleum 

coke 

CO2 capture ranged from 60-75% 

due to insufficient residence time 

in the FR for the reduction of the 

solid fuel by the OC.  

Low solid fuel conversions, 66-

78%, were obtained due to the 

inefficiencies of the small 

cyclones. 

Ilmenite exhibited strong 

resistance to attrition. 

[94]
 

95 TGA NiO- 

NiAl2O4 

Chinese 

Shenfu char 

Char reacted rapidly with the OC 

at temperatures above 850°C. 

NiO was found to be a feasible 

OC for CLC because it 

maintained its reactivity over 

single and multicycle redox 

reactions, showed good 

recyclability and strong resistance 

to sintering while maintaining its 

porous structure.  

[95]
 

96 TGA NiO-

NiAl2O4 

Coal char OC structure over after both 

single cycle and multicycle redox 

reactions without any evidence of 

sintering. 

[96]
 

97 FxB Fe2O3 Chinese 

Baorixile 

lignite 

Fe2O3 fully reduced to Fe3O4 by 

coal pyrolysis and gasification 

products provided that the molar 

ratio of the carbon in char to the 

OC was 1:6. 

Purity of CO2 in outlet gas was 

85% during coal pyrolysis but 

increased to 95% during char 

gasification by steam. 

Rate limiting step was attributed 

to the char gasification reaction, 

which was much slower compared 

to the reaction between the char 

gasification intermediates and the 

OC. 

Addition of 10% K and Ca 

increased the gasification rates of 

[97]
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the fuel, possibly by reducing the 

activation energy of the 

gasification reaction.  

98 FzB Fe2O3- 

MgAl2O4 

Mexican 

Cadereyta 

petroleum 

coke 

Reaction rate was found to be 

highly dependent on steam and 

SO2 concentrations as well as 

operating temperatures. 

The gasification rate of petroleum 

coke was enhanced in the 

presence of metal oxides. 

An OC inventory of less than 

2000 kg/MWth was estimated for 

a CLC process using the Fe-based 

OC. 

[98]
 

99 CFB Ni-NiO Xuzhou 

bituminous 

coal 

Thermodynamic analysis of the 

OC reduction reaction by the solid 

fuel indicated that NiO would be a 

suitable OC for CLC. 

Optimal operating temperature 

range was found to be 1050-

1150°C in the AR and 900-950°C 

in the FR.  

Sulphur in coal converted to H2S 

at lower temperatures and to SO2 

at higher temperatures. 

[99]
 

100 MB 

 

Fe2O3 Pittsburg #8 

coal 

A high H2 production rate of 

0.183kg H2/kg coal was achieved. 

High temperatures, high OC flow 

rates and low oxygen demands 

were found to be optimal for high 

H2 production rates. A high 

carbon conversion and CO2 purity 

was obtained.  

Over 99% sulphur capture 

obtained through the addition of 

CaO to the OC. Production of 

NOx was below detectable limits. 

[100]
 

101 TGA CuO Sub-

bituminous 

Powder River 

Basin coal 

 

Wood 

 

Low density 

polyethylene 

Results strongly supported the use 

of CuO-based OCs for CLC. 

CuO reduction was found to start 

at temperatures as low as 500°C. 

Highly reactive solid fuels 

containing a large amount of 

volatile matter would be the 

desired type of fuel for the 

[101]
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development of CLC using solid 

fuels.  

102 FzB Fe2O3-

Al2O3   

Lignite  Various OC preparation methods 

such as freeze granulation, spray 

drying, mechanical mixing and 

impregnation were compared. 

For large scale OC production, the 

favourable preparation methods 

were determined to be freeze 

granulation and spray drying 

when considering the 

productivity, preparation duration, 

physical and chemical 

characteristics as well as 

reactivity. 

[102]
 

103 FzB Iron ore 

 

Limonite  

Yallourn 

brown coal 

 

Limonite showed the most 

promising results for use in a CLC 

process with Victorian brown coal 

because of its high reactivity and 

porosity.  

No agglomeration was detected 

over the duration of the 

experiments.  

[103]
 

104 FzB Sol-gel 

derived 

Fe2O3-

Al2O3  

Xiao Longtan 

lignite 

A highly reactive OC was 

synthesized using the sol-gel 

process. 

High steam concentrations were 

found to enhance the char 

gasification rates. The presence of 

the OC also increased the char 

gasification rates.  

An oxygen carrier inventory of 

600 kg/MWth was estimated to 

enable 99% char combustion to be 

obtained using the sol-gel derived 

Fe2O3-Al2O3. 

[104] 

105 CFB Bauxite 

waste 

El Bierzo 

anthracite  

 

Terual lignite  

 

In the FR, the fraction of 

vaporized mercury from coal 

depended on the reactor 

temperature and coal type, which 

increased with increasing 

temperatures. Mercury was 

predominantly emitted in the gas 

phase as Hg
0
. 

In the AR, mercury was mainly 

emitted as Hg
2+

.  

[105] 
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Although there was a significant 

decrease in the Hg emissions here 

relative to that obtained in 

conventional combustion, 

measures should be taken to 

further reduce the amount of Hg
0
 

present in the CO2 stream.  

106 CFB Spanish 

iron ore 

 

El Bierzo 

anthracite 

 

El Cerrejon 

bituminous 

coal 

 

Terual lignite 

Highest combustion efficiency 

obtained using iron ore compared 

to ilmenite and bauxite waste.  

CaO in the iron ore was capable 

of removing sulphur during the 

first few hours of operation. 

[106] 

107 FzB 

 

TGA 

Commercial 

Fe2O3 

mixed with: 

 

20 wt% 

CuO 

  

20 wt% 

Mn2O3 

 

20 wt% 

NiO 

Yallourn 

brown coal  

 

Bimetallic OCs were synthesized. 

All synthetic OCs showed 

enhanced performance and 

reactivity over Fe2O3. Fe2O3 

impregnated with NiO had the 

highest CO2 conversion 

efficiency.  

The viability of generating 

synthetic OCs need to be 

considered from an economic 

point of view. 

[107] 

108 TGA NiO 

 

CuO 

Loy Yang 

brown coal  

 

At 950°C, CuO could not 

reoxidize to its original state due 

to sintering. Hence, an operating 

temperature of 800°C was chosen 

when using CuO. 

A weight loss of 4.4-7.5% was 

detected after each redox cycle 

when using NiO but no weight 

loss was detected when using 

CuO.  

The use of CuO resulted in a 

greater extent of coal combustion 

relative to NiO. 

[108] 

109 TGA 

 

FzB 

Fe2O3 

 

Loy Yang 

brown coal  

 

The OC particle size range of 

100-150 µm yielded the best 

carbon conversion and this 

increased with increasing 

temperatures and CO2 

concentrations. 

[109] 

110 TGA NiO Loy Yang A weight loss of 4.4-7.5% was [110] 
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brown coal  

 

detected after each redox cycle 

using the NiO OC. 

 67% coal combustion was 

achieved.  

Minimal agglomeration between 

coal ash and NiO observed due to 

the low ash content in the coal.  

111 TGA 

 

 

Fe2O3 Loy Yang 

brown coal  

Study on the effect of operating 

conditions on the performance of 

a CLC system was done using 

Aspen Plus modelling. The 

general trends predicted by the 

model agreed with the results 

from literature.  

[111] 

112 FzB Fe2O3 Hambach 

lignite char  

 

Two models were developed to 

describe the gasification rates of 

lignite char.  

For temperatures below 850°C, an 

excellent agreement was found 

between the predictions by the 

model and the experimental 

results.  

Gasification kinetics of the lignite 

char was significantly faster in the 

presence of the OC due to the 

rapid oxidation of CO to CO2, 

removing CO and maintaining a 

higher mole fraction of CO2 in the 

gas mixture around the char 

particle. 

[112] 

113 CFB CuO-Al2O3  Rhenish 

lignite dust 

Study of a CLC system having a 

two-stage FR was undertaken 

with a solids circulation rate of 

17-45 kg/m
2
s. 

The two-stage FR design worked 

well, with 94% CO2 concentration 

obtained in the flue gas.  

[113] 

114 CFB 

 

CuO-Al2O3   Rhenish 

lignite dust 

Using a two-stage FR, the 

simulation results showed that the 

fuel did not mix with the OC bed 

material in the lower stage of the 

FR. This led to the detection of 

large quantities of combustible 

gases in the flue gas stream of the 

first FR stage.  

[114] 
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115 CFB 

 

Australian 

ilmenite 

Rhenish 

lignite dust 

Study was done using a CFB 

configuration with a two-stage 

FR. 

The two-stage FR performed well, 

achieving over 90% CO2 

concentration in the flue gas 

stream.  

A solids circulation rate between 

56-70 kg/m
2
s was required.  

Only 1.5-6.5 wt% of the fixed 

carbon in the coal was detected in 

the AR. 

[115] 

116 TGA 

 

FzB 

Iron ore  

mixed with: 

 

5 wt% 

Mn2O3 

 

10 wt% 

Mn2O3 

 

20 wt% 

Mn2O3 

Yallourn 

brown coal  

 

Study on the performance of 

Mn2O3-Fe2O3 OCs prepared via 

physical mixing and 

impregnation.  

Mn2O3 had a positive effect on the 

performance of Fe2O3 in terms of 

the reactivity, carbon conversion 

and CO2 yield, which improved 

with increasing Mn2O3 loading 

contents.  

[116] 
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